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Abstract

Liquid synthetic fuels are an important pillar for the defossilization of the hard-to-electrify modes of
transport such as aircrafts, ships and heavy trucks. One possibility to produce these liquid fuels is from
water, carbon dioxide and electricity via reverse water-gas shift (RWGS) reaction and Fischer-Tropsch
synthesis in a Power-to-Liquid process. High carbon efficiencies are only feasible through recycling of
unwanted by-products and unconverted reactants to a reformer®. This increases the process’
complexity as changes in the RWGS reactor influence the process performance and design. Yet, an

optimum RWGS reactor operation has not been studied in literature so far.

Therefore, this work targets to fill this gap with a systematic analysis of the impact of varying RWGS
operating conditions on the process performance with respect to both, efficiencies and net production
costs, while also taking into consideration the uncertainty in the cost calculations. The resulting
confidence intervals are further examined in a global sensitivity analysis to identify the main

contributors to the uncertainty.

Low costs as well as high efficiencies result at pressure dependent optimum RWGS temperatures
(plateaus). Both, a high Power-to-Liquid efficiency and low net production cost, can be achieved at
around 5 bar and 800 °C. This optimum is robust to changes in technical parameters, for example
changes of Fischer-Tropsch operating conditions or electrolyzer efficiency, as well as to economic
uncertainties, especially hydrogen cost. No unwanted graphite formation occurred in the equilibrium
calculations in the temperature region of the described plateaus. Experiments further indicate that a
suitable catalyst may aid to push the carbon formation boundaries to broaden the possible RWGS
operating window. Electricity cost is the main contributor to the net production cost. Reducing the full
load hours of the electrolyzer may reduce the average electricity price. However, oversizing of the
electrolyzer outweighs the benefit of cheaper electricity resulting in higher net production cost at
reduced electrolyzer full load hours. The results of the uncertainty and global sensitivity analysis
indicate that seven of the 60 input variables for the economic assessment have a relevant impact on
the uncertainty (95 % confidence interval: 2.8-5.3 €2019/kgcs+). For the assessment of the sensitivity
indices in the global sensitivity analysis, a combination of the Azzini estimators is recommended over

the other investigated estimators in order to minimize the computational effort.

Overall, the conducted systematic analysis allows to identify the optimal design and operation of the
Fischer-Tropsch based Power-to-Liquid process with particular focus on the RWGS operating

conditions to yield robust low net production cost with quantified uncertainty.

! Reformer: Reforming of short chained hydrocarbons and conversion of CO, to CO via reverse water-
gas shift reaction (RWGS).
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Kurzzusammenfassung

Flissige synthetische Kraftstoffe konnen einen wichtigen Beitrag zur Defossilisierung des
Transportsektors leisten. Im sogenannten Power-to-Liquid Prozess werden aus Wasser, CO, und Strom
Uber reverse Wassergas Shift Reaktion und anschlieRende Fischer-Tropsch Synthese synthetische
Kohlenwasserstoffe hergestellt. Eine hohe Kohlenstoffausnutzung erfordert dabei die Riickfiihrung der
Nebenprodukte zu einem Reformer?. Trotz seiner zentralen Aufgabe im Prozess wurden der Reformer

und sein Einfluss auf den Prozess bislang kaum untersucht.

Um diese Licke zu schlieBen wurde eine detaillierte Untersuchung der Reformerbetriebsbedingungen
und deren Auswirkungen auf den Prozess aus technischer und o6konomischer Sicht, unter
Berlicksichtigung der Unsicherheiten in der Ermittlung der Herstellungskosten, durchgefiihrt. Zur
Identifikation der Haupteinflussfaktoren auf die resultierenden Konfidenzintervalle wurde die

Unsicherheitsanalyse durch eine globale Sensitivitdatsanalyse erganzt.

Aus der Analyse der Reformerbetriebsbedingungen ergeben sich druckabhangig optimale
Temperaturen (Plateaus). Sowohl eine hohe Energieeffizienz als auch geringe Kosten werden bei 5 bar
und 800°C erzielt. Dieses Optimum ist auRerdem robust gegeniiber Anderungen der
Prozessbedingungen anderer Prozesseinheiten sowie gegeniber Unsicherheiten in den Kosten. Im
Bereich der  Plateaus wurde keine  unerwiinschte  Kohlenstoffbildung in  den
Gleichgewichtsberechnungen nachgewiesen. Experimentelle Arbeiten zeigen aullerdem, dass die
Wahl eines geeigneten Katalysators die Kohlenstoffbildungsgrenzen weiter verschieben kénnte, um so
das mogliche Reformerbetriebsfenster zu vergrofRern. Resultierend aus der dkonomischen Analyse
wird deutlich, dass die Wasserstoffkosten, und darin insbesondere die Stromkosten, den grofiten
Beitrag zu den Herstellungskosten liefern. Dennoch flihrt eine Reduktion der
Elektrolysevolllaststunden nicht zu einer Reduktion der Herstellungskosten, da die
Uberdimensionierung des Elektrolyseurs die Kosten zu stark erhéht. Aus der Unsicherheits- und
Sensitivitatsanalyse geht hervor, dass 7 der 60 unsicheren Eingangsvariablen aus der 6konomischen
Analyse von Relevanz sind (95 % Konfidenzintervall: 2.8-5.3 €3019/kgcs+). Zur Ermittlung der
Sensitivitatsindizes in der globalen Sensitivitatsanalyse empfehlen sich die Schatzverfahren von Azzini,

um den Rechenaufwand zu minimieren.

Zusammenfassend ermdglicht die in der vorliegenden Arbeit durchgefiihrte systematische Analyse die
Ermittlung des optimalen Prozessdesigns und -betriebs zur Minimierung der Kosten unter

Berlicksichtigung der Unsicherheiten in den Herstellungskosten.

2 Reformer: Reformierung kurzkettiger Kohlenwasserstoffe als auch die Umwandlung von CO; zu CO
Uber die reverse Wassergas-Shift Reaktion (RWGS).
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Nomenclature

Abbreviations

Cj hydrocarbon with j carbon atoms

Cj+ fraction of hydrocarbons with at least j carbon atoms
COMP compressors and pumps

FT(S) Fischer-Tropsch (synthesis)

GSA global sensitivity analysis

H2tL Hydrogen-to-Liquid part of the plant

HC hydrocracker

HEX-j heat exchanger j

MEA monoethanolamine

PEM proton exchange membrane

PtL Power-to-Liquid

RWGS reverse water-gas shift

TEA techno-economic analysis

TEPET techno-economic process evaluation tool
UA uncertainty analysis

V-j valve j

WHB waste heat boiler

Variables and constants (Greek characters)

Ne carbon efficiency
N hydrogen efficiency
NetL Power-to-Liquid efficiency

Variables and constants (Latin characters)

CAPEX capital expenditures

cl confidence interval

AHR® standard reaction enthalpy

LHVcs. lower heating value of C5+ product fraction
NPC net production cost

OPEX operational expenditures

Si first-order/main effect index of input variable i
STi total order/effect index of input variable i

T threshold 95 % confidence interval
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1. Introduction

The following introduction is divided into three subchapters. The first subchapter targets to establish
the context and to provide background information that lead to the overarching research question and
with that to the motivation of this thesis. The second subchapter elaborates on the different research
objectives that were set in order to fulfill the overall goal. Moreover, this subchapter targets to shortly
review what was already available in the literature to depict the research gap. The last subchapter
deals with the methodological advances that were necessary in order to approach the defined research

objectives.
1.1. Background and Motivation

One of the main current challenges of mankind is to reduce the anthropogenic greenhouse gas
emissions to drastically decrease their impact on the world’s climate. Global actions are necessary in
order to solve this overarching challenge. One important contributor to the greenhouse gas emissions
is the transport sector, which emitted 7.7 Gt of CO; in 2021 (approx. 16 % of the global greenhouse
gas emissions) [1]. Especially in the hard-to-electrify sectors, such as aviation and shipping, alternatives
beyond hydrogen and synthetic natural gas are crucial [2]. In these cases, a high volumetric energy
density is essential. A suitable high-volumetric-energy-density-syncrude can be derived through
Fischer-Tropsch (FT) synthesis [3]. Moreover, synthetic Fischer-Tropsch fuels are already certified as

drop-in jet fuel according to ASTM D5766-20b (50 % blending limit) [4].

The FT synthesis requires a source for carbon monoxide and hydrogen (equation (iii)). Carbon
monoxide can be produced from carbon dioxide with hydrogen through the reverse water-gas shift
reaction (RWGS) (equation (ii)). Carbon dioxide may originate from point sources or directly from air.
Direct air capture is more cost- and energy-intensive regarding the provision of concentrated CO; in
comparison to point sources [5]. However, point sources are limited and some may originate from
fossil fuels [5]. It is likely that some of these fossil-fuel-based point sources will become unavailable in
the upcoming decades due to the transition towards decarbonization, e.g. electrification or
combustion of hydrogen instead of fossil fuel combustion. However, one interesting point source for
CO, capture and utilization offers the cement and concrete industry. More specific, the calcination
process (mineral decomposition of limestone) produces a significant amount of CO, that does not
originate from fossil fuels. Over 60 % of the total CO, emissions (2.7 Gt CO2/az020 total CO, emissions)
from modern cement plants originate from this calcination process [6, 7]. The cement industry has

published a roadmap towards carbon neutrality in 2050, see Figure 1 [7]. They estimate that 1.37 Gt/a



CO; will have to end up in carbon capture and utilization as they cannot be avoided through other
actions such as efficiency improvements or use of alternative carbon neutral fuels [7]. Hence, 373 Mt/a

of carbon, in the form of CO,, will be available even in the long run.

A high carbon efficiency is essential in order to fully exploit the limited amount of point sources.
Stoichiometrically, the maximum carbon efficiency of the investigated process is Ncstoichiometry = 100 %
(one CO, molecule reacting first to CO and then to -CH,-, see equation (iv)). More realistically, applying
a carbon efficiency of 83 % towards C5+ components in the FT process (see chapter 3.1) results in
310 Mt of carbon to be potentially incorporated from the cement plant into the C5+ product. In 2019
the global jet fuel demand was 288 Mt/ax019 jet fuel (= 247 Mt/a carbonyois in the form of jet fuel) [8].
Thus, on a global scale, the current jet fuel demand could be satisfied by the carbon available from the
cement plant point source. The International Air Transport Association’s vision is to produce
360 Mt/az0s0 (=~ 309 Mt/az0s0 carbon in the form of jet fuel) of sustainable aviation fuels (SAF) in 2050
(65 % of the overall demand) [9]. Prospectively, it seems that the projected SAF demand for 2050
could be satisfied from the cement plant point source assuming that all the CO, from the cement

plants that cannot be avoided in 2050 is used for this purpose.

Societies need for concrete '
(in the absence of any !
action) is forecast to result I
I

|

in 3.8Gt COz in 2050.

Contributions to
achieve net zero

35 Efficiency in design

& construction

22%

Efficiency in concrete
production

25
Savings in cement & binders

Savings in clinker production

1.5

CO:2 emissions (Gt CO2)
% Contribution to net zero

Carbon capture and
utilisation/ storage (CCUS)

0.5

De-carbonisation of electricity

COz sink: recarbonation

Total reduction 100%
2020 2030 2050

Figure 1: Global Cement and Concrete Association’s roadmap towards carbon neutrality in 2050 [7].

The second reactant required for FT synthesis is hydrogen. It may be derived from the electrochemical
reaction via water electrolysis or from biomass gasification. Two major drawbacks regarding the use

of biomass as hydrogen source are the higher water demand and land-use for biomass cultivation,

2



which both are also of social relevance (fuel vs. food) [10]. In contrast, producing hydrogen via
electrolysis requires significantly less water as well as land-use [10]. However, in order to reduce the
greenhouse gas emissions in comparison to fossil fuel combustion, this approach requires electricity
with a small carbon footprint (renewable electricity). Furthermore, the electricity must either be
readily available for steady-state baseload operation or dynamic operation plus hydrogen storage is

required.

The water electrolysis is an energy intensive step (equation (i)) and therefore it is essential to target a
high hydrogen-to-fuel conversion and thus, a high hydrogen efficiency. Hydrogen is not only required
for the FT synthesis itself but also to activate the very stable CO, molecule to form CO in the
endothermic reverse water-gas shift reaction (see equation (ii)). Three water molecules form three H,
molecules in the electrolysis step (3:(i)). Subsequently, one H, molecule is required to convert CO; to
CO while producing one molecule of water (ii). Two H, molecules are then converted to form one
molecule -CH,- and one water molecule (iii). Thus, two of the three H, molecules end up to form water

and one ends up in -CH,-. Hence, the maximum hydrogen efficiency is nNu stoichiometry = 33 %.

From the reaction enthalpies, the maximum theoretical chemical conversion efficiency, or Power-to-
Liquid efficiency, is Netwtheoretical = 70 %1uv  (combustion heat of -CH,- in relation to the energy demand
for electrolysis and RWGS, equation (ix)). However, it is worth noting that typical polymer electrolyte
membrane (PEM) electrolyzers have a system energy demand of 4.5-7.5 kWh/Nm? = 368-613 kJ/mol
(in comparison: 286 ki/mol for the ideal system) [11]. This lowers the PtL efficiency already to 33-
55 %.1v, which cannot be overcome through improved process design but only through improvement
of the electrolyzer technology itself. In this work an (optimistic) PEM efficiency of
4.4 kWh/Nm?3 =357 kl/mol is assumed, resulting in a maximum chemical energy conversion efficiency

of Npte,benchmark = 56 %1nv. This is the benchmark efficiency for the process optimization.

Power-to-Liquid Process:

H,0q = Hz + 050, AHR° = 286 k] /mol (i)
CO+2H; » (—CHy—) + Hy0 AHR® = —152 k] /mol (iif)

3H;0q) + CO; » 150, +2H,0( + (—CH,—) AHR® = 747 k] /mol (iv)=3-(i)+(ii)+(iii)

Combustion Process:
1.50, + (=CH; =) = H;0(g + CO, AHR® = —625 k] /mol (v)

3 H,0(g — 3 H,0( AHR" = —122 k] /mol (vi)



Energy Balance per mol (—CH,—):

Benefit: (625 + 152 + 122) kJ = 899 kJ (vii)=(iii)+(v)+(vi)
Effort: (3 - 286 + 41) k) = 899 k/ (viii)=3-(i)+(ii)
Power-to-Liquid Efficiency:

NptL theoretical = 625 / 899 = 70 %nv (ix) =(v)/(viii)
NPt benchmark = 625 / 1112 = 56 %ny (x)
Figure 2 shows the simplified block diagram of the investigated Fischer-Tropsch based Power-to-Liquid
process concept. CO; is recovered from cement plant off-gas through amine absorption, which
requires thermal energy for the desorption process. The heat for the desorption process can be
provided from the exothermic FT reaction. The heat that is required for the endothermic RWGS
reaction, at rather high temperatures well above 600 °C (see Chapter 3.1), is provided through oxy-
fuel combustion of a partial amount of the recycled gases. The oxygen required for the oxy-fuel
combustion is derived from the electrolysis alongside the hydrogen. The RWGS product syngas is
subsequently converted in the FT reactor. The FT product is separated and long chained hydrocarbons
are further processed in a hydrocracker to maximize the yield in the target hydrocarbon chain length

(target: C5-C23).

(0)
0, H,0 Hﬁ Burner F\ 2

T Purge «
H Q
H,O + PEM 2 o
Electricity Electrolysis Liquid
—Y I RWGS | SyngasETg Produ.ct "~ Hydrocarbons
Exhaust gas N CO, i Separation |—> H,0
cement plant Separation | CO, H,0 T l
E Q Hydro-
cracker

Figure 2: Simplified block diagram of the investigated Fischer-Tropsch based Power-to-Liquid process
with reverse water-gas shift CO, activation.

Neither the RWGS nor the FT reactor allow for full conversion in a once-through process operation.
Therefore, recycling of the reactants is essential in order to establish a high carbon efficiency.
Additionally, the FT reaction does not only produce the desired C5+ fraction but also to some extent
C1-C4 molecules, which are not assumed to be valuable products in this case. Recycling the by-
products to the RWGS is very beneficial as it enables these by-products to be reformed again to carbon
monoxide and hydrogen. Moreover, the recycling to the RWGS allows to activate unreacted CO.. This
is an excellent feature from the overall process perspective because it allows to increase the carbon
efficiency when carbon containing by-products are yet again reactivated to potentially form C5+

components in the FT reactor.
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High temperature is required in order to achieve high CO yields in the endothermic RWGS unit - see
Appendix B for the entire reaction network and reaction enthalpies. However, the higher the
temperature the higher the thermal heat demand for heating up the feed stream and the more issues
may arise from a material perspective (e.g. catalyst, steel). The RWGS reaction is an equimolar
reaction. Hence, the equilibrium is not affected by pressure. Nevertheless, unwanted side reactions
(methane and carbon formation) are depending on the applied pressure. Especially, methane
formation is favored at elevated pressure. Therefore, it seems favorable to operate the RWGS at low
pressure in order to maximize the CO yield. Still, from the overall process design it might be more
favorable to operate the RWGS and FT reactor at similar pressure levels (25 bar) to avoid excessive
compression work. To summarize, these conflicting targets require a holistic process assessment. As
the RWGS reactor is a central step in the PtL process, the detailed investigation of the RWGS
operating conditions and their impact on the overall process performance gave the main motivation

for the research objectives defined in the following subchapter.
1.2. Research Objectives

As described in the previous subchapter, the RWGS operating conditions have a strong impact on the
overall process performance. The optimal operating conditions are not straight forward as increasing
pressure and temperature have both positive and negative effects on the process efficiency and
production cost. Overall, the aim is to identify a techno-economically optimal process design and
operation mode. However, the input data for the economic analysis is a priori uncertain and is
therefore only an approximation. A comparison of different designs and operating conditions requires

a quantification of the uncertainty of the economic data in order to clearly rank the different options.

Conclusively, the aim is to analyze the Fischer-Tropsch based Power-to-Liquid process targeting

(compare Figure 3):

e to optimize the operating conditions in order to maximize the overall process efficiency
(Technical Analysis in Paper 1 & 2),

e to minimize the net production cost (Economic Analysis Paper 2 & 3) and

e to quantify and allocate the uncertainties deriving from the economic analysis (Uncertainty

and Global Sensitivity Analysis Paper 2 & 3).
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Figure 3: Key research objectives in the context of the Fischer-Tropsch based Power-to-Liquid
process examining the impact of the (RWGS) operating conditions, e.g. pressure p and temperature
T, on the process performance.

Technical Analysis:

The Fischer-Tropsch based Power-to-Liquid process has already been subject to different studies,
which investigated different process designs, for example different strategies for using the tail gas,
different hydrogen and carbon monoxide production routes and different FT reactors [12-19]. Similar
process designs as in this thesis are available in [16, 19]. Vazquez et al. elaborate on the performance
of the PtL bench-scale plant SOLETAIR and outline further improvement in a theoretical analysis [19].
Their PtL pilot plant comprises a small scale RWGS (allows to process 2 Ly/min or 233 g/h of CO,), which
is heated by an electrical oven [19]. The reaction is conducted over a monolithic precious metal catalyst
at 1-5 bar and 850 °C [19]. They expect process performance improvements with increased RWGS
pressure to FT pressure (20-30 bar) [19]. Konig et al. set up a PtL process model and evaluate the
process for a fixed set of unit assumptions [16]. Their RWGS is assumed to operate at 25 bar and 900 °C
[16]. Neither of these approaches shows the impact of varying RWGS operating conditions in a
detailed manner nor do they provide insight on how they chose their operating conditions. Therefore,
the first research objective is to analyze the effect of variable RWGS operating conditions on the

process efficiencies:

e Hydrogen and carbon efficiency: Amount of hydrogen from water and carbon from CO;
required for the fuel production at varying RWGS operating conditions.
o Power-to-Liquid efficiency: Amount of electrical energy required to produce the desired liquid

hydrocarbons at variable RWGS operating conditions.

The goal is to identify the optimum operating conditions and the main correlations that lead to these
optimum conditions. Beyond that, it is essential to investigate the robustness of this optimum to
clarify whether small changes in other variables significantly affect the optimum RWGS operating

conditions.



Economic Analysis:

Similarly to the technical analysis, economic evaluations for different syngas/hydrogen production
pathways are available in the literature: co-electrolysis [14, 20, 21], solid oxide electrolysis [22], PEM
[23-26] and alkaline electrolysis [14, 27]. The synthesis gas in this thesis is provided from PEM
electrolysis and allothermal RWGS reaction with oxy-fuel combustion. Similar setups have been
investigated by [23, 24, 26]. Konig et al. investigate the impact of full load hours, electricity costs and
electrolyzer costs on the NPC [26]. They retrieve the RWGS reactor cost from [28], who base their
RWGS reactor cost on water gas-shift reactor cost from source [29]. However, the operating conditions
and the reactor design of a WGS (exothermic) reactor is very different from a RWGS (endothermic)
reactor. Tremel et al. do not calculate the cost based on process modelling and equipment-based
calculations [23]. Hence, it is not possible to outline the differences of the process designs and unit
assumptions. Schemme et al. do not state their assumed RWGS reactor cost [24]. Furthermore, the
allothermal oxy-fuel RWGS was not available at large scale [30]. As aresult, no reliable RWGS reactor

cost were available in the literature.

In order to complement the technical analysis with an economic analysis (economic and energetic

optimum operating conditions may differ), the target is to:

e analyze the impact of the RWGS operating conditions on the net production costs,
e identify the RWGS operating conditions exhibiting the lowest net production cost and

e evaluate the robustness of the economically optimal RWGS operating conditions.

As mentioned, literature was lacking sufficient data for the reactor cost. Moreover, the reactor cost
should be sensitive to changes in RWGS operating conditions to fulfill the target objective. Thus, a
methodology needed to be developed to estimate the RWGS reactor cost at varying RWGS operating

conditions. More specific this method requires the consideration of:

e factors directly impacting the reactor setup (for example different wall thicknesses of the
reactor tubes at different RWGS pressures and temperatures) and

e factors indirectly impacting the reactor setup through changes in process streams (for example
heat demand of the RWGS reactor, different feed compositions and mass/volumetric flow

rates at different RWGS operating conditions).

A preliminary cost breakdown analysis indicated that the electricity cost for the electrochemical
hydrogen production is a major contributor to the overall net production cost of the syncrude. The
wholesale electricity price fluctuates throughout the year. Thus, the cost for electricity can be reduced
by operating the electrolyzer at times when cheap electricity is available. None of the available works

have explored the impact of the electrolyzer full load hours on the wholesale electricity price,



electrolyzer cost, hydrogen storage cost, stack replacement cost and finally the resulting net
production cost [23, 26, 31]. Overall, the question is whether this alternative mode of operation is

economically beneficial.
Uncertainty and Global Sensitivity Analysis:

The resulting net production cost from the deterministic model evaluation are intrinsically uncertain
for example due to uncertainty in equipment cost or cost factors applied. A quantification of the
uncertainty allows for a clear ranking of the operating conditions, if no overlapping confidence
intervals are observed. Uncertainty may also arise from decision variables, where the actual value is
not defined at the time of the evaluation. Then it might be helpful to investigate which input design
variable should be investigated in detail and which can be fixed to a certain value without major impact
on the result. This can be approached through global sensitivity analysis (GSA). While most researchers
apply one-factor-at-a-time methods to conduct (local) sensitivity analyses, this approach is only valid
for linear models. Global sensitivity analysis overcomes this issue and broadens the applicability to
non-linear systems. However, techno-economic process analyses are seldomly complemented by
uncertainty analysis (UA) or a proper sensitivity analysis beyond the typical one-factor-at the time
methods. Still, there are a few publications that either complement or solely focus on conducting
global uncertainty and sensitivity analysis. For example, some fields where UA and/or GSA are applied
are biomass-based processes [32-39], carbon capture and storage [40-44], energy system analysis [45],
wind farms [46] and photovoltaics [47, 48]. All of these studies include UA and a few also feature global
sensitivity analysis. No literature was available that investigates the economic uncertainty of a

Fischer-Tropsch based Power-to-Liquid process.

The calculation of the sensitivity indices in the variance-based global sensitivity analysis relies on the
use of estimators and sampling strategies. Research is still ongoing in the formulation and
identification of the most suitable estimators and sampling methods. Therefore, a few estimators are
compared in order to find the most suitable one for this application. Thus, the methodological
advances to arise from this thesis regarding GSA and UA with respect to techno-economic process

analysis are:

e the identification of the estimator to conduct GSA at the lowest computational effort,
e the identification of the sampling method for fast convergence and

e to develop an intuitive workflow to conduct combined GSA and UA.
With respect to the Fischer-Tropsch based Power-to-Liquid process the tasks for GSA and UA are:

e to identify and fix non-influential input variables to reduce the complexity (first dataset

contained more than 60 uncertain input variables),



e to prioritize the important input variables with respect to their impact on the overall
uncertainty,

e toanalyze important decision variables in order to fix them to their most beneficial value (full
load hours of the electrolyzer as decision variable) and

e to quantify the remaining uncertainty of the net production cost after fixing the decision

variable(s) and non-influential input variables.
1.3. Methodology

This subchapter targets to give an overview on the methodological advances that were necessary to
fulfill the objectives while referencing to the corresponding publication which describes the
methodological approach in every detail. Figure 4 summarizes the key methodological advances and
the tools required in order to answer the research questions of this thesis. The general process model
description including a thorough description of the different process units is provided in Paper 1. The
RWGS reactor cost model is presented in Paper 2. The ranges of uncertainty applied and the
methodology used for allocating the overall uncertainty to the different uncertain input variables are

explained in Paper 3.

A flexible and interdependent process model was set up using flowsheeting software Aspen Plus®
(Paper 1). Hydrogen and carbon dioxide provision are modelled as black box models with specified
energy and material flows. Hydrogen is provided from water and electricity via PEM electrolysis with
a system efficiency of 66 % [49], [50]. CO, is captured from a cement plant requiring
3.8 MJin/kg CO2, captured Of thermal (at 120 °C) and 0.14 MJe/kg CO3, captured Of electrical energy [51]. The
RWGS reactor is modelled as a Gibbs reactor assuming thermodynamic equilibrium and variable
operating conditions [16, 52]. Details on the RWGS reactor such as reactor types, catalytical
requirements, carbon formation, metal dusting, model development and relevant experiments are
outlined in Appendix B. The Fischer-Tropsch reactor is modelled as a stoichiometric reactor at 25 bar
and 220 °C [53-55] applying the chain growth probability a [56]. The hydrocracker model is based on
ayield reactor [57, 58] . More information on the FT reactor such as reactor types, catalysts, operating

conditions, available plant sizes and the model development are described in Appendix C.



Aspen Plus Techno-economic process evaluation tool TEPET

Cost estimation and analysis of the
Fischer-Tropsch based Power-to-
Liquid process

Flexible and interdependent ¢
process model to allow for
technical in-depth process analysis

Methodology to quantify and
allocate the uncertainty of the cost

: estimation
RWGS reactor cost model to ; 95 Sontence e
o ; allow for variable RWGS operating 8L =~ =
2 = conditions =

::::::: |

Infly
Ranking
s, || | [T

z
g
g

4s0°c —

Figure 4: Overview of the methodological advances required to tackle the research objectives.

The resulting flowsheet is depicted in in Figure 5. The model was set up to allow for the necessary
flexibility in varying RWGS operating conditions without excessive modelling and simulative effort for
constant units that are not affected by these variations (e.g. the hydrogen production). Changes in
RWGS pressure and temperature directly affect the yields as the thermodynamic equilibrium is shifted.
Hence, the product composition from the RWGS reactor changes, which would subsequently change
the feed of the FT reactor. In order to ensure that the FT reactor is operated at validated and safe
operating conditions, the process model was designed such that the H,/CO ratio and inert gas content
in the feed of the FT reactor are constant. This was established through regulation of the split ratios of
the recycling streams and by regulating the amount of CO; that enters the PtL process (details on the
split ratios, see Paper 1). Nevertheless, different FT operating conditions (temperature, conversion,
inert gas content) are additionally investigated in order to identify the impact of different FT operating

conditions on the optimum RWGS operating conditions.

The possible operating window of the RWGS reactor is additionally narrowed down by unwanted
carbon formation, which is investigated by assuming carbon as graphite in equilibrium calculations.
However, it is worth to mention that experiments were conducted prior to this thesis that indicate that
using suitable catalysts may broaden the possible operating window as no carbon formation was
observed even under operating conditions that predict graphite formation in the equilibrium

calculations (see Appendix A).
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Figure 5: Flowsheet of the Power-to-Liquid process consisting of a hydrogen supply part and a H2tL
part (reproduced from Paper 3) [59]. MEA-monoethanolamine absorption, WHB-waste-heat boiler,
S-j-Split, C-j-compressor, V-j-valve.

DLR’s Inhouse-Tool TEPET [25] accesses the process data for calculating the net production cost from
the Aspen Plus® process simulation. The methodology used for calculating the net production cost is
based on the methods available for the chemical industry [60]. It is widely accepted to be applicable
for estimating the production cost of alternative fuels [25, 26]. Cost functions for standard equipment
such as heat exchangers, columns, pumps and compressors are available from Peters et al. [60]. The
remaining equipment cost (e.g. electrolyzer, FT reactor, hydrocracker) as well as the specific cost data
for raw materials and utilities are taken from different literature sources (see Paper 2 and 3 [59, 61]).
Typically, an equipment cost function is available for a fixed set of operating conditions and only scaled
with the throughput in the form of e.g. mass flow, heat that is transferred, or similar. In order to
calculate the net production cost at varying RWGS operating conditions it is necessary to set up a
model that allows to estimate the RWGS reactor cost depending on specific RWGS operating
conditions. Therefore, a submodule is added to the existing TEPET tool that allows to calculate the
RWGS reactor cost depending on input data that is derived from the Aspen Plus® simulation such as
heat duty and feed properties (see Paper 2). The reactor cost model firstly seeks to identify the design
criterion for the tubes inside the combustion chamber. The design criterion may be based on a
limitation through heat transfer, reaction rates or pressure drop. The number of tubes, tube
diameter and tube length are then subject to an optimization in order to establish the lowest reactor

cost. For a detailed description on the established model refer to Paper 2 [61].

Quantification and allocation of the economic uncertainties aids the evaluation of the economic
results. In order to assess the confidence levels of the cost estimation and further to conduct the global

sensitivity analysis, TEPET is extended by integration of a UA/GSA module (for the workflow see Paper

11



3, Figure 1 [59]). The integration allows to transfer the base case economic data into the UA/GSA
module. As a first step in the module extension, the uncertain input variables and their probability
functions have to be defined to reflect the uncertainty of each uncertain input variable. These
probability functions are then processed in a module that calculates the combined probability
function (Monte-Carlo method) for this set of input data in order to quantify the overall uncertainty.
Therefore, the net production cost calculations need to be conducted several thousand times in order
to establish a good fit for the combined probability function. From this combined probability function,
the confidence interval, e.g. 95 % confidence interval, can readily be derived. The Monte-Carlo
approach is a well-established technique in uncertainty analysis [62, 63]. The input probability
functions are also used to conduct the global sensitivity analysis, which is a very helpful method in
identifying non-influential parameters and also to rank influential parameters for further processing.
The global sensitivity analysis is established using a variance-based approach which allows to calculate
first and total order indices that are then used to rank and fix the parameters. This approach relies on
the usage of estimators to calculate these indices. Research is still ongoing for identifying the most
suitable estimators, especially with respect to the total order indices [64-66]. Therefore, in this thesis,
different estimators are compared with respect to their computation effort in order to identify the
most suitable for this application. A detailed description of the methodology to conduct the

uncertainty and global sensitivity analysis is available in Paper 3.

Different system boundaries are set in order to fit the different objectives in the three publications.
Paper 1 focuses on the technical analysis, especially with respect to obtaining the RWGS operating
conditions for obtaining the optimum Power-to-Liquid efficiency. Moreover, the efficiency of the
electrolyzer is varied in a local sensitivity analysis in order to identify any impact of the electrolyzer on
the optimum RWGS operating conditions. Thus, the hydrogen production is included such that water
and electricity enter the model boundaries. Paper 2 focuses on obtaining the economically optimum
RWGS operating conditions. Therefore, a broad range of hydrogen cost cases is investigated in order
to provide robust optima. For this objective it is irrelevant whether the hydrogen cost is reduced
through improved efficiency, through lower electricity prices or electrolyzer equipment cost.
Consequently, the hydrogen production in Paper 2 is outside the model boundaries. The electricity
cost for hydrogen production is a major driver of the net production cost. Therefore, the objective in
Paper 3 is to make use of lower wholesale electricity prices at specific hours of the year. However, this
requires hydrogen storage and electrolyzer overcapacity in return. The flowsheet of this process is
depicted in Figure 5. The hydrogen production and storage are calculated in dependence on the
electrolyzer full load hours. The H2-to-Liquid part of the plant from Paper 3 is identical to the process
in Paper 2. In the transition from Paper 1 to Paper 2, the focus shifts to the C5+ product fraction, which
is why the efficiency definitions were adapted accordingly (see Chapter 3.1 for the final definitions in

contrast to those used in Paper 1).
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2. Publications

The following chapter contains the original articles and highlights the contributions of the authors. The

three manuscripts are:

Paper 1: Impact of the reverse water-gas shift operating conditions on the Power-to-Liquid process
efficiency

Sandra Adelung, Simon Maier, Ralph-Uwe Dietrich

Sustainable Energy Technologies and Assessments, Volume 43, February 2021, 100897,
https://doi.org/10.1016/j.seta.2020.100897, Copyright Elsevier

Paper 2: Impact of the reverse water-gas shift operating conditions on the Power-to-Liquid fuel
production cost

Sandra Adelung, Ralph-Uwe Dietrich

Fuel, Volume 317, June 2022, 123440,

https://doi.org/10.1016/j.fuel.2022.123440, Copyright Elsevier

Paper 3: Global sensitivity and uncertainty analysis of a Fischer-Tropsch based Power-to-Liquid

Process

Sandra Adelung
Journal of CO2 Utilization, Volume 65, November 2022, 102171,
https://doi.org/10.1016/].jcou.2022.102171,Copyright Elsevier

In addition to these journal publications, the research outcomes have been presented at national and

international conferences:

ProcessNet Jahrestagung der Fachgruppe Energieverfahrenstechnik (Frankfurt 2016): Reverse
Wassergas-Shift-Reaktion und Reformierungsreaktionen zur Synthesegasbereitstellung im
Power-to-Liquid Prozess (Poster)

ProcessNet Jahrestagung (Aachen 2016): Reaktionskinetik der reversen Wassergas-Shift
Reaktion bei Normaldruck zur Ubertragung auf die Synthesegasbereitstellung im PtL-Prozess
(Lecture)

10th World Congress of Chemical Engineering (Barcelona, 2017): Experimental investigation
of the reverse water-gas shift reaction at high temperature and elevated pressure (Lecture)
ProcessNet Jahrestagung der Fachgruppe Energieverfahrenstechnik (Frankfurt, 2018):
Reaktorkonzept zur Untersuchung der reversen Wassergas-Shift Reaktion (rWGS) bei
Hochtemperatur und erhéhtem Druck (Poster)

ProcessNet Jahrestagung (Aachen, 2018): Energetische Bewertung der Betriebsbedingungen
der Synthesegaserzeugung im Power-to-Liquid Verfahren (Lecture)

10th European Congress of Chemical Engineering (Florence, 2019): Syngas production in the
Power-to-Liquid process - Techno-economic assessment of the operating conditions (Lecture)
ProcessNet Jahrestagung der Fachgruppe Energieverfahrenstechnik (Online, 2021): Influence
of the reverse water-gas shift operating conditions on the Power-to-Liquid process efficiency
(Lecture)

13th European Congress of Chemical Engineering (Online, 2021): Techno-economic analysis of
alternative fuel production routes — Uncertainty and Global Sensitivity Analysis (Lecture)
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Paper 1

Impact of the reverse water-gas shift operating conditions on the Power-to-Liquid process efficiency
Sandra Adelung, Simon Maier, Ralph-Uwe Dietrich

The following research paper was published in
Sustainable Energy Technologies and Assessments
Volume 43, February 2021, 100897
https://doi.org/10.1016/j.seta.2020.100897
Copyright Elsevier

Contribution roles

Sandra Adelung:

Research work - Methodology and model development, formal analysis and data curation,
investigation and validation

Writing — Conceptualization, visualization, original draft and editing

Simon Maier:
Provision of TEPET tool for techno-economic analysis, model development

Ralph-Uwe Dietrich:
Reviewing and supervision
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ARTICLE INFO ABSTRACT

Keywords:
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Fischer-Tropsch based fuels from renewable electricity and carbon dioxide provide one possibility to defossilise
the transport sector, especially where long distances and high loads require fuels with high energy density. In this
work, a stationary Power-to-Liquid (PtL) process model is set up in Aspen Plus®. The process involves COy
absorption, water electrolysis, CO, activation by reverse water-gas shift reaction (rWGS), an oxyfuel burner,
Fischer-Tropsch synthesis, product separation and hydrocracking. The influence of the rWGS operating condi-
tions (pressure and temperature) on the overall process performance in terms of PtL-efficiency and hydrogen/
carbon efficiency is investigated. The operating conditions are varied between 550 and 950 °C and 1-25 bar. The
temperature and pressure dependent methane formation in the rWGS is found to have major influence on the
efficiencies. For the base case, a maximum Power-to-Liquid efficiency of #py, = 38.7 % is obtained at 5 bar and
825 °C, while a maximum hydrogen efficiency of ny = 28 % results at 1 bar and 725 °C. The carbon efficiency is
found to be constant (¢ = 88 %). Sensitivity studies show that the optimum operating conditions are not affected
significantly by variation of the investigated process variables.

Introduction
Motivation for Power-to-Liquid

In order to limit the temperature increase to 1.5 °C, in comparison to
1990 [1], global actions in all energy sectors have to be taken to reduce
greenhouse gas emissions (GHG). One crucial contributor is the trans-
port sector, where global direct emissions reached 7 Gt of COy equiva-
lents (COz2eq) in 2010 [2]. This correlates to 23 % of the total energy
related emissions [2]. Decarbonizing the transport sector poses a chal-
lenge regarding the difficult-to-electrify sectors (marine, heavy-duty
vehicles, aviation), where high energy densities are required. In 2010,
aviation accounted for 10.6 % of the GHG emissions of the transport
sector, which equals 743 Mt CO3 ¢q [2]. In 2016 the civil aviation sector
emitted 814 Mt CO,, which is about 2 % of the anthropogenic carbon
emissions [3]. Without further action the carbon dioxide emissions are
expected to increase due to passenger growth [4,5]. In 2009, to reduce
GHG emissions in the aviation sector, the International Air Transport
Association (IATA) set itself three main goals [5]:

e 1.5 % increase of fuel efficiency p.a. from 2010 until 2020,

* Corresponding author.

e Carbon-neutral growth starting 2020,
e 50 % reduction of net-CO5 emissions until 2050, compared to 2005.

In 2017, the IATA reported that the first goal was, until then, “sur-
passed” [6].In 2019, the IATA states they are “on track” to reach the first
goal [3]. The IATA expects that, especially for long-haul aircrafts, liquid
fuels will be required at least for the next 50 years [7]. Hence, to reach
the latter two goals, large amounts of Sustainable Alternative Fuels
(SAF) will be required [7]. Besides biomass-based fuel production
routes, synthetic hydrocarbons can be obtained from renewable elec-
tricity (e.g. from wind and solar power) in a Power-to-Liquid (PtL)
process [4]. According to the International Civil Air Transport Associ-
ation (ICAO), the PtL process via Fischer-Tropsch (FT) synthesis should
be considered as a measure to reduce GHG emissions [4]. Since 2009, FT
synthesized isoparaffinic kerosene (FT-SPK) can be added with up to
50% as drop-in jet fuel [4]. For PtL jet fuel Schmidt et al estimate a
reduction of 70 % to > 95 % of specific GHG emissions in comparison to
conventional jet fuel [8].
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Basic process description

The production of liquid fuels from renewable electricity has been
previously studied e.g. by [8-15], who investigated different process
designs for example different strategies for using the tail gas, different
hydrogen and carbon monoxide production routes and different FT re-
actors. [13,15] have studied similar PtL process configurations as
described in this work. Vazquez et al. give insight on the performance of
their PtL bench-scale plant SOLETAIR and state the operating conditions
of each unit [15]. They analyze the process for further improvement in a
theoretical study [15]. The pilot plant has a hydrogen efficiency (based
on the overall FT products) of 30.8 % and a carbon efficiency of 59.5 %
[15]. Konig et al. set up a PtL process model and evaluate the process for
a fixed set of unit assumptions [13]. They calculate a PtL-efficiency of
43.3 % and a carbon efficiency of 73.7 % [13]. In comparison, the pilot
plant lacks utilization/recycling of the tail gas, which probably explains
the higher carbon efficiency in [13].

Fig. 1 shows one possible process configuration to produce synthetic
hydrocarbons from renewable electricity. Carbon dioxide can be
recovered from different point sources like steel factories, cement plants,
power plants, or via direct air capture. As water and CO;, are very stable
molecules, the production of more reactive hydrogen and carbon mon-
oxide requires a significant amount of energy. In the depicted approach,
first the liquid water is split to form hydrogen via electrolysis (i) and
second the CO; is activated to form CO in a reverse water-gas shift re-
action (ii). The heat for the rWGS unit is provided by burning gaseous
products from the product separation. In addition to the rtWGS reaction
itself, different side reactions may occur in the rWGS unit (see 1.3).

H,0(—~H, +0.5 0, AgH’ =285 kI /mol (@]
CO, + H;=CO + H,0p) AgH’ =41 kI /mol (ii)
CO +2 Hy—>(—CH,—) + HyOp)  AgH’ = —152 kI /mol (iii)

The syngas is further converted in the exothermic FT reaction (iii)
into a broad range of hydrocarbons. Long chained hydrocarbons are
cracked in a hydrocracker to increase the output of the desired chain
length for fuel production (<Cg2). Gaseous products and unreacted
educts are recycled to increase the carbon efficiency of the process
(further information on the recycles see chapter 2).

To maximize the energetic efficiency, matching rtWGS and FTS pro-
cess parameters are required in order to maximize the production of
desired liquid fuel, by minimizing side reactions and reusing unavoid-
able by-products. Optimal process parameters cannot be found on a unit-
by-unit optimization basis, but only by adjusting all parameters of the
entire PtL process simultaneously. Additionally, the selection of
different technologies might lead to different optimum rWGS operating
conditions. The Fischer-Tropsch synthesis can, for example, be con-
ducted in a slurry reactor or a fixed bed reactor with different kinds of
catalysts and at different operating conditions, e.g. temperatures (high

H,0 + Hydro-
Renewable carbons
Electricity
" T
Electrolysis Product
co, Separation
Separation Co, T l
T Hydro-
CO, Source cracker

Fig. 1. Basic process scheme of the Power-to-Liquid process via Fischer-
Tropsch synthesis (FTS) and reverse water-gas shift reaction (rWGS),
including recycles to increase the carbon efficiency.
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and low temperature FTS) [16]. This will affect the FTS boundary con-
ditions (required feed composition in terms of Hy/CO ratio and inert gas
content) as well as the performance of the FTS (CO conversion and hy-
drocarbon product distribution). Hence, different FT reactor types may
influence the stream properties in the PtL process significantly. Conse-
quently, different FT reactor types may lead to a different set of optimum
rWGS operation conditions.

Different rWGS operating conditions have been applied in the liter-
ature. [13] and [15] have studied similar PtL process configurations as
described in this work. Konig et al. assume Tywgs = 900 °C and pywes =
25 bar (pprs = 25 bar) in their process model [13]. Vazquez et al. operate
their pilot plant at 850 °C and 1-5 bar [15]. However, they expect an
improvement of energetic efficiency, if the rWGS reactor is operated at
FT pressure level (pprs = 20-30 bar) [15]. A comparison of the energy
efficiencies in [13] and [15] does not bring clarification which operating
conditions are superior as they are additionally affected by other varying
assumptions. To compare different rtWGS operating conditions, constant
boundary conditions, process unit assumptions and process configura-
tion assumptions are required. To the author’s knowledge, no systematic
studies have been published on the influence of different rWGS oper-
ating conditions on the overall Power-to-Liquid process efficiency.

Syngas production — thermodynamics

The task of the rWGS unit is to produce carbon monoxide for the
subsequent FT synthesis. The rWGS operating conditions affect the tail
gas recycle and consequently the rWGS feed (compare Fig. 1). In addi-
tion to the rWGS reaction (ii), reactions involving methane and carbon
may occur in the syngas reactor. Methane is formed in the FT reactor and
can be formed or reformed in the rWGS unit depending on the rWGS
operating conditions and the rWGS feed composition. The methane
reforming reactions (iv)-(vi) are endothermic and thus methane
reforming is thermodynamically favored at higher temperatures [17].
From the stoichiometry of reaction (iv)-(vi) follows that decreasing the
pressure shifts the equilibrium to the right side and thus leads to lower a
methane concentration in the product. Hence, to maximize the CO for-
mation in the FWGS reactor, low pressures and high temperatures are
required.

CH; 4+ H,0=3 H, + CO  AgH’ =206 kJ /mol (iv)
CHy 42 H,0=4 H, + CO, AgH’ = 165 kI /mol W)
CH,; + CO,=2 H, +2 CO  ARH’ = 247 kI /mol (vi)

Carbon formation is an unwanted side reaction. It can lead to a shut-
down of the whole unit due to break-up of the catalyst particles,
blocking of active sites and encapsulation of the pellets [17]. Carbon
formation may occur in the rWGS reactor via equation (vii)-(ix) [17].
Carbon formation due to Boudouard reaction (viii) is thermodynami-
cally favored at low temperature and elevated pressure whereas
methane pyrolysis (vii) is favored at high temperature and low pressure.
Hence, carbon formation can occur at very different operating
conditions.

CH;=2 H, +C  ArH’ = —75 KkJ /mol (vii)
2 CO=CO, +C AgH" =172 kJ /mol (Viii)
H, + CO=H,0+C AxH’ =131 kJ /mol (ix)

It has to be pointed out that carbon formation cannot be ruled out
only by assessing the equilibrium composition, as local concentrations
and temperatures may still lead to high local carbon formation affinities
[17]. Hence, to rule out carbon formation, further assessment would be
required.

Although the rWGS feed composition changes with different rWGS
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operating conditions, the general influence of pressure and temperature
is shown in Fig. 2 and Fig. 3 for a fixed feed composition. The temper-
ature dependent equilibrium composition is calculated in Aspen Plus®
at 5 bar for a constant Ho/COx ratio of 2 and for a molar feed stream of 1
mol/s. The resulting gas composition and the carbon formation rate are
shown in Fig. 2. The CO content increases monotonously with the
temperature because all CO forming reactions are endothermic.
Methane formation is favored at low temperature (Equation (iv)-(vi)).
The carbon formation rate decreases with increasing temperature until it
becomes negligible. Consequently, the exothermic reactions (Equation
(viii) and (ix)) are critical for carbon formation.

The CO yield Y¢o and CO selectivity Sco are calculated as follows:
_ ficoam

Yco (x)

Nco2,in

Sco=7——"">—" nco'cf" (xi)
Ncoz,in — Ncoz,out

The CO yield expresses the overall CO production from CO2, whereas
the selectivity is a measure for occurring side reactions. Fig. 3 shows the
influence of pressure and temperature, for a constant Hy/COj ratio of 2,
on the CO yield and CO selectivity. Both increase with increasing tem-
perature and decreasing pressure due to decreasing methane formation.
Hence, higher temperatures are required for the same CO selectivity/
yield when the pressure is increased. In the methane forming tempera-
ture range (Sco < 1), the temperature dependency is very pronounced.
Once the CO selectivity approaches unity, the temperature dependency
on the CO yield is decreased. In this temperature range only the rWGS
reaction occurs. In conclusion, minimizing pressure and maximizing
temperature leads to higher CO yield/selectivity. As has been pointed
out in the beginning of this section, the CO yield affects the tail gas
recycle properties. Different tail gas properties lead to different split
ratios to the burner, rtWGS and FTS (compare Fig. 1), and hence, affect
the whole process operation control.

Aim of this work

Different authors have applied different rWGS operating conditions
in their PtL processes (see Chapter 1.2). However, no systematic study
can be found in the literature on the selection of the rWGS operating
conditions within a PtL concept. The aim of this work is to assess the
impact of different operating conditions (pressure and temperature) in
the rWGS reactor on the overall PtL process performance. Due to the
different recycles in the PtL process (see Fig. 1), determining the opti-
mum rWGS operating conditions is not straightforward. Changes in
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Fig. 2. Molar gas composition y; and carbon formation rate ¢ (graphite) for
300-1100 °C and 5 bar at thermodynamic equilibrium. Feed: 1 mol/s, H,/CO»
= 2.
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Fig. 3. CO yield (Yco) and CO selectivity (Sco) at thermodynamic equilibrium
for 300-1100 °C, 1-25 bar with an exemplary molar feed of H,/CO, = 2.
Increasing temperature and decreasing pressure leads to higher CO yields and
CO selectivities.

rWGS pressure and temperature lead to changes in rWGS product dis-
tribution. This affects the recycle properties and thus, the split ratios
towards FTS, burner and rWGS. For example, higher methane content in
the rWGS product leads to higher recycling rates to the rWGS, which
may affect the heat duty of the burner and consequently the fuel de-
mand. The different influences lead to a set of favorable rWGS operating
conditions. The objective of this work is to give an insight into the
different correlations and to identify the best suited rWGS operating
conditions to optimize the overall process performance. The process
performance is investigated regarding:

e H-/C- efficiency: Amount of hydrogen from water/ carbon from COy
required for the fuel production.

o PtL-efficiency: Amount of electrical energy required to produce the
desired liquid hydrocarbons.

e Pinch analysis: Assessment of heat integration possibilities.

In order to see how the optimum operating conditions are affected by
the modelling assumptions, a sensitivity analysis is conducted.

Methodology

In the following chapter the modelling assumptions are defined.
Chapter 2.1 describes the flowsheet and constraints in the general
modelling approach. Chapter 2.2 deals with the assumptions of each
process unit. In chapter 2.3 additional processing of the simulation re-
sults in Aspen Plus® using DLR’s techno-economic process evaluation
tool (TEPET) is explained. If not stated otherwise, temperature T and
pressure p represent the temperature and pressure at the outlet of the
rWGS reactor.

General modelling assumptions

The process is modelled in Aspen Plus®. The equation of state Peng-
Robinson with Boston-Mathias modifications (PR-BM) is used, which is
common for oil and gas production as well as hydrocarbon separation
[18]. Chemical species involved in the model are Hz, CO, CO3, H20, No,
Oy and alkanes (C;-Cgp, Cs3z representing Cg;-Css, Csg representing
C36+). Carbon formation in the rWGS reactor is not only affected by the
thermodynamic equilibrium composition of the gas phase. The choice of
catalyst as well as the concentration and the temperature profiles in the
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actual reactor set-up affect the carbon formation, additionally [17]. It is
beyond the scope of this work to investigate this in detail and to
conclude whether carbon formation occurs. Thus, carbon is not included
as a possible product.

The flowsheet is depicted in Fig. 4. The plant size is approximated to
process the CO, emissions of an average German cement plant (~35.6
tcoz/h calculated from [19]). In a first round of evaluation (pywgs = 1
bar, Trwgs = 725 °C), the required hydrogen amount is calculated to 6
tyo/h. It is worth mentioning, that this plant size requires a renewable
base load power of 302 MW (see chapter 2.2 Water electrolysis) or
2.6 TWh p.a., which equals 0.56% of the installed wind power capacity
(54 GW¢ [20]) and 2 % of the wind power production in Germany in
2019 (131.8 TWh p.a. [20]). Although no water electrolyzers are in
operation at this scale, chlor-alkali electrolysis is already available at
large scale (typically 30-150 MW, [21]), providing basic electro-
chemical know-how for large scale alkaline electrolysis [22]. Thys-
senkrupp Industrial Solutions AG for example states, they could provide
10-20 MW, modules (alkaline electrolysis) for a 100 MW, plant and
build 600 MW capacity each year [22]. In the following studies the
hydrogen feed is kept constant, while the CO;, feed varies with different
rWGS operating conditions. The CO; feed is controlled to provide a
constant molar ratio of Hy/CO = 2 in the feed of the FT reactor.

The aim is to produce syncrude for transportation fuels, especially
targeting the kerosene and diesel range (C6-C21) [23]. To maximize the
carbon efficiency, all gaseous components from the product separation
are recycled. This recycle stream is split (S-1) as follows:

o The recycle to the FTS (Rec-FTS) is regulated to dilute the FT feed to
have a constant inert gas content of 50 mol% (see chapter 2.2 Fischer-
Tropsch Synthesis). Inert gas components are assumed to be all mol-
ecules except Hy and CO.

The recycle to the burner (Rec-Burn) is controlled to provide suffi-
cient fuel and hence heat for the rWGS reactor.

Remaining recycle gas is sent back to the rWGS (Rec-rTWGS).

The flue gas from the burner is split (S-2) into three streams:

The flue gas recycle to the burner is controlled to have a constant
burner outlet temperature of 1200 °C [24,25].

To account for impurities of the feed gases, a constant Ny feed of
0.42 t/h is added to the hydrogen feed stream. This equals 0.36 vol-%
of impurities based on the input of Hy, O and CO,. The overall
impurity concentration is calculated with gas purities of 2.8 for Hy
and O; [26] and 2.0 for CO; [27]. The purge stream is controlled to
have no accumulation of Ny in the system.

The remaining gas is sent back to the rWGS.

HEX-1 HEX-2

CO,rich gas
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An overall pressure drop of 3 bar is assumed and implemented as a
valve (V-1) in the recycle stream. The compressors are implemented as
3-staged compressors with an isentropic efficiency of 72 % and 100 %
mechanical efficiency [28].

Unit description

CO; capture

Details on post combustion capture of CO; from cement plants can be
found in [27]. Monoethanolamine (MEA) absorption is chosen, as it is a
state-of-the-art technology (high maturity) for CO, capture [27]. MEA
scrubbing is used in small plants producing up to 16.7 t CO2/h for food,
beverages and the chemical industry [27]. The downside of the MEA
absorption process is a rather high thermal energy demand compared to
other solvents under development [27]. As the exothermic FT reaction
provides an excess of thermal energy, this energy can be used to provide
the heat for COy capture. The thermal energy demand for MEA ab-
sorption is 3.8 MJn/kg COq, captured and the electricity required is
0.14 MJey/kg CO2, captured [29]. The desorption temperature is assumed
to be constant at 120 °C for pinch analysis [29]. The CO2 recovery ratio
is 90 % [29] and the MEA outlet conditions of the stripped CO, after
condensation are 1 bar and 25 °C [27].

Water electrolysis

Water electrolysis can be conducted in alkaline, proton exchange
membrane (PEM) and solid oxide electrolysis cells, which are available
at different levels of maturity [30]. PEM electrolysis is commercially
available, but not in large scale applications [30]. However, PEM seems
best suited for intermittent operation [30], which is crucial in most
renewable electricity cases. Current PEM system efficiencies are in the
range of 4.2-6.6 kWhe/m®yy [30,31], In this work an intermediate
electrolysis efficiency of gy = 66.67 % (£ 4.47 kWhe/m®yy) is
assumed. The hydrogen feed is constant at 6.048 t/h (25 bar, 25 °C) for
all scenarios (see chapter 2.1). Hence, 302 MW are required for the
electrolysis. Current stack sizes range up to 2-3 MW [32]. Thema et al.
reviewed the status-quo on existing Power-to-Gas plants in terms of
hydrogen and methane production from electricity. In early 2019, the
globally active Power-to-Gas projects comprise an electrical power input
of 38.6 MW (electrical input for electrolysis) [33]. Hence, 8 times the
globally produced hydrogen from electricity would be required for this
plant. However, work is ongoing to bring the technology to the > 100
MW scale [33].

CO3 activation
The rWGS reactor is modelled as a Gibbs reactor (Gibbs minimiza-
tion) and thereby assuming thermodynamic equilibrium at the

CO; lean gas

H,O
Py =

Electrolysis

——> Hydrocarbons
———> H0

Product ah

Separation K— H,

Hydro-
cracker

~—

Fig. 4. Flowsheet of the PtL model in Aspen Plus® including monoethanolamine absorption (MEA), waste heat boiler (WHB), compressors (C), splits (S), heat

exchangers (HEX) and valves (V).
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respective outlet temperature and pressure of the reactor [13]. The
operating conditions are varied from 550 to 950 °C and 1-25 bar (see
chapter 3.1). It is assumed that the product stream cannot be used for
preheating the feed stream, as its properties are prone to metal dusting
(metal dusting occurs at high CO concentration and 450-800 °C [34]).
Alternatively, the product gas is used in a waste heat boiler (WHB) to
produce high pressure steam. In a WHB the heat transfer resistance is
mainly at the product gas side and the wall temperature is close to the
steam temperature [34]. With these low wall temperatures the risk of
metal dusting is rather low [34].

Oxyfuel burner

To decrease the amount of inert gas in the process, the by-product
oxygen from the electrolysis is used in an oxyfuel burner (instead of
combustion with air). The burner, operated at 1 bar, provides the heat
for the endothermic rWGS reactor. Complete combustion (stoichio-
metric reactor) is assumed with 4 = 1. The cold flue gas is recycled back
to the burner to have a constant, adiabatic, outlet temperature of Ty
=1200 °C [24,25]. A flameless oxyfuel burner, providing 40 MWy, is in
operation in Sweden [25]. This configuration is well in line with the
thermal energy demand in this work (compare Fig. 8). The outlet tem-
perature of HEX-2 (Tygx-2 in °C) is calculated from the rWGS reactor
outlet temperature (T;wgs in °C) according to:

Tuex—2 = Tewas + AT (xii)
T,
AT =340 °C — % (xiii)

Equation (xiii) is approximated from tubular steam-methane
reforming:

e Reformer exit temperature: 700-950 °C [17] (here: Tywgs) and the
according
e Flue gas exit temperature: 900-1100 °C [17] (here: Tygx-2)

The flue gas leaving the combustion chamber (HEX-2) is then further
used to heat the rWGS feed in a countercurrent heat exchanger (HEX-1),
with a Hot,y - Coldi, temperature difference of 50 K (U-value = 50 W/
m?K [35]). In some cases this specification leads to a temperature cross
in the heat exchanger. The specification is then set to 50 K for the
temperature difference of Hotiy- Coldoy: instead. As the CO concentra-
tions in the flue gas and rWGS feed are low, minor risk for metal dusting
in HEX-1 is expected.

Fischer-Tropsch synthesis

A tubular fixed bed reactor with cobalt catalyst, only alkanes as
product [16], is assumed. This kind of reactor is, for example, used in the
GtL plant in Bintulu, Malaysia [36]. This plant uses Shell Middle
Distillate Synthesis (SMDS) technology and is about 5 times of the size of
the reactor in this work [36]. However, the fixed bed reactor is
comparably easy to scale [37]. The rWGS product stream is cooled
(40 °C) to separate most of the water as steam may cause deactivation on
cobalt catalysts [38]. The Fischer-Tropsch reactor is modelled as a
stoichiometric reactor at 25 bar and 220 °C [39]. The Hy/CO ratio is
fixed to 2 [36]. Under these conditions the chain growth probability o is
calculated according to equation (xiv) to 0.839 [40]. The methane
selectivity is Scps = 0.161 [40].

1

a= 176
1+0.0567 (ﬁ) exp (3620 K (m) - (;))

The CO conversion is assumed to be 40 % [41] and the inert gas share
is fixed, conservatively, to 50 % [42] to prevent catalyst deactivation,
decreasing selectivity and thermal runaway due to strong non-
isothermal behavior [39].

(xiv)
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Hydrocracker

To increase the yield towards liquid fuels, the heavy hydrocarbons
(liquid fraction at 150 °C, 25 bar) are fed to a hydrocracker. The
required hydrogen amount is calculated to satisfy the H/C ratio of the
alkanes at the outlet of the hydrocracker. The reactor is modelled as a
yield reactor at 35 bar and 370 °C [43]. A polynomial yield curve is
approximated with a combination of yields for C;-Cy( taken from [44]
and C;(-Csp taken from [43].

Product separation

In a first flash (150 °C, 25 bar) the heavy hydrocarbons are separated
from the FT product stream and sent to the hydrocracker. The product
from the hydrocracker is then added to the product separation, which
consists of 8 flashes at 4 fixed temperatures (110 °C, 70 °C, 40 °C,
—15 °C) and 2 pressures (25 bar, 1 bar) [13]. The main products of the
separation are water, recycling gases (gaseous compounds at: 110 °C,
70 °C, 40 °C, —15 °C at 1 bar and —15 °C at 25 bar) and the desired
synthetic hydrocarbons.

Validity of the process model

To our knowledge, there is no experimental data available in the
literature for the exact same configuration as described in this work.
Hence, the validation of the proposed overall PtL process concept is still
pending. For the assessment of the entire PtL process, valid models for
the FT reactor and for the rWGS reactor including the burner unit are
essential. The FT model used in this study was proposed and fitted for a
broad range of FT operating conditions by [40]: Tprs = 470-530 K, prrs
= 12-36 bar, syngas ratio in the bulk = 0.1-3.0, Hp/CO = 1-3. The FT
operating conditions in this work are within the given boundaries for the
fitted model. Further information on the validity of the FT model results
can be found in [40]. The sensitivity of the rWGS reactor model on
changing rWGS operating conditions is of high importance in this work.
Thermodynamic equilibrium is assumed, as has been applied in previous
studies [13,38]. In [45], kinetic experiments are conducted using a
monolithic, noble metal catalyst at 1.5 bar for different Hp, CO2 and CH4
feeds at different temperatures (600-900 °C) and at a high residence
time. The equilibrium composition calculated in Aspen Plus® matches
the experimental results, if carbon formation is suppressed in the
simulation [45]. The calculation of the burner temperature is based on
empirical data for methane steam reforming. Although this seems
reasonable, as both reactor types show a lot of similarities, a more
detailed model or experimental validation would be beneficial to proof
this assumption.

TEPET

The Aspen Plus® simulations are supported by DLR’s ‘Techno-Eco-
nomic Process Evaluation Tool’ (TEPET) [46]. Apart from the possibility
to evaluate process economics, details see [46], this tool improves the
handling of technical evaluations based on Aspen Plus® simulations.
With TEPET’s ‘simulation control’ it is possible to vary parameters in
Aspen Plus®, for example operating conditions of a unit, while saving
the results of each simulation run. This increases efficiency in data
collection. As there are different recycles within this Aspen Plus®
simulation, TEPET’s ‘open loops’ is used to speed up convergence, even
under severe changes in operating conditions. Automatic pinch analysis
is carried out in TEPET’s ‘heat integration’, using T-H curves derived
from Aspen Plus®. Automatic heat integration allows estimating the
amount of required cooling media or possible steam production from
excess thermal energy without extensive heat exchanger networks.

Results and discussion

Chapter 3.1 to 3.5 deal with the base case as described in chapter 2.
Chapter 3.1 addresses the limitations of the operating window of the
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rWGS in the PtL process. In chapter 3.2 and 3.4 the influence of the
rWGS operating conditions on the product output and Power-to-Liquid
efficiency is analyzed and correlations are outlined in detail. Chapter
3.3 covers the carbon and hydrogen efficiency and chapter 3.5 gives
insight into different heat integration options for one specific case. In
chapter 3.6 sensitivity analysis is conducted to analyze the effect of the
assumptions on the optimum operating conditions.

Operating window

The investigated rWGS pressure range is 1-25 bar. The lower pres-
sure boundary of 1 bar is selected because lower pressure increases the
CO-yield (see chapter 1.3). To reduce the required energy for
compression, the upper pressure boundary is equal to the FTS operating
pressure (25 bar). The investigated rtWGS temperature range is between
550 and 950 °C. The maximum temperature is selected due to material
considerations. The lower temperature boundary is restricted by the
assumption of 50 mol% inert gas content in the FTS feed. The recycle to
the FTS (Rec-FTS) varies strongly for different rtWGS operating condi-
tions (Fig. 5). With decreasing rWGS temperature and increasing rWGS
pressure the methane content in the rWGS product stream increases.
Hence, less gas is recycled back to the FTS (Rec-FTS) to provide the
constant inert gas content in the feed of the FTS. At a certain tempera-
ture the recycle ratio to the FTS approaches zero. Below this tempera-
ture, the inert gas content exceeds the fixed molar share of 50 %. Thus,
for 1 bar, 5 bar, 10 bar and 25 bar, the respective fWGS minimum
temperature is 581 °C, 670 °C, 714 °C and 780 °C.

Product output

The product output figygrocarbons iS the lumped hydrocarbon output of
all liquid fractions (see stream “Hydrocarbons” in Fig. 4). An example for
the hydrocarbon product distribution is shown in Fig. 6.

The dependency of the product output on the rWGS operating con-
ditions is shown in Fig. 7. Starting at low temperature, the product
output increases until it reaches a maximum. The maximum output
(10.21 t/h) is obtained at 1 bar and 725 °C. Increasing the temperature
further, shows first a slight decrease in product output, until the product
output decreases again significantly. Streams leaving the system
boundaries are water, purge gas and hydrocarbon product. Higher hy-
drocarbon product yields are achieved when purge gas and water pro-
duction decrease. Conclusively, the product output correlates inversely
with the water production and purged gas. Steam from combustion,
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Fig. 5. Mass flow rate of the recycle stream from the product separation to the
FTS mirec_prs for different rtWGS pressures and temperatures. Pressure depen-
dent lower rWGS boundary temperature, where FTS recycle stream ap-
proaches zero.
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Fig. 7. Lumped hydrocarbon product output fitydrocarbons@nd water output ritao
for different rWGS pressures and temperatures. The hydrocarbon output cor-
relates with the water exiting the system boundaries.

rWGS reaction and FTS is condensed and separated from the process
(compare Fig. 4). Hence, hydrogen forming steam is no longer available
for the hydrocarbon production. Fig. 7 shows the amount of water rity20
exiting the system boundaries. It is evident, that the product output
correlates inversely with the amount of water produced. In contrast, CO2
(e.g. from CO combustion) is recycled via MEA absorption. As 90 % of
the purged CO; is recovered in the MEA unit, the amount of purge gas
has only minor influence on the product output.
The overall water production depends on:

o the heat duty Q.wgs required for preheating and for the endothermic

reaction in the rWGS reactor,
o the composition (atomic hydrogen content j) of the fuel gas recycled
to the burner (Rec-Burn) and
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o the recuperation efficiency of HEX-1.

The heat demand of the rWGS reactor is shown in Fig. 8. It is the
summation of heat required for preheating from 450 °C to rWGS reac-
tion temperature plus the heat required for the endothermic reaction.
For a given pressure there is an optimum temperature with minimum
heat demand. Above this optimum temperature the heat demand in-
creases slightly due to the increase in AT = Tiwgs, our -Trwas, in-
Decreasing the temperature leads to higher methane concentrations in
the recycle and therefore higher recycle rates to the rtWGS (Rec-rWGS).
Hence, for temperatures lower than the optimum temperature, the heat
demand increases due to a higher throughput that has to be heated up.
The heat demand varies in the range of 28-49 MWy, and the minimum
heat requirement is found at 625 °C and 1 bar.

Intuitively, higher heat demand leads to higher water production.
However, for low and high rtWGS temperatures the correlation between
rWGS heat duty and overall water production shows deviations.

The combustion reaction of a hydrocarbon mixture is shown in
equation (xv). From the stoichiometry of this reaction, it is evident, that
a change in the recycle gas composition, thus burner fuel composition,
influences the amount of water produced in the burner. For low rWGS
temperatures the methane content in the recycle increases significantly,
which leads to significant changes in burner fuel composition. This in-
crease in methane content leads to an increase in # and consequently
water production. Fig. 8 shows the atomic hydrogen content $ for
different rWGS pressures and temperatures. The higher methane content
in the burner fuel leads to a prominent increase in water production at
low rWGS temperatures, e.g. at 1 bar below 650 °C. Minimum f is found
at 1 bar and 800 °C. As the minimum rWGS heat duty is obtained at
625 °C and the minimum $ at 800 °C, the minimum overall water pro-
duction is achieved between these temperatures at 725 °C.

by s
CaHj0, + (a+ - E) 0:-a C0; +7 H;0 xv)
The heat exchanger preheating the rWGS feed with the flue gas

(HEX-1) is specified to reach a temperature difference of 50 K for the
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Fig. 8. Left: Heat demand of the rWGS unit Q.ygs for different rWGS temper-
atures and pressures. Low temperatures lead to higher methane content in the
recycle and thus higher recycle rates to the rWGS (Rec-rWGS). This increases
the rWGS feed that requires heating up. Right: p (atomic hydrogen content in
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lead to high methane content and thus higher f.
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Hotyy- Coldi, streams (see chapter 2.2). For high temperatures (>
900 °C at 1 bar, 925 °C at 5 bar, 925 °C at 10 bar, 950 °C at 25 bar) this
specification leads to a temperature cross in the heat exchanger. Under
these rTWGS operating conditions the heat exchanger is calculated to
satisfy a temperature difference of 50 K for the Hot;j,- Coldyy; streams.
Consequently, the energy in the flue gas cannot be fully utilized,
resulting in higher outlet temperatures of the hot stream and thus a
higher thermal waste stream. Additional fuel is burned, as the flue gas is
not fully recuperated, which leads to an increase in water production.

Carbon and hydrogen efficiency

Carbon enters the system boundaries as CO, flue gas from the
cement plant (fic, Cement plant), and leaves the system boundaries as hy-
drocarbon product (fic, Hydrocarbons ), Purge gas or dissolved in water. The
amount of carbonaceous molecules dissolved in water is comparably low
to the amount of carbon in the hydrocarbon product and purge gas. For
calculating the carbon efficiency, the carbon incorporated in the hy-
drocarbon product is set in relation to the amount of carbon from the
cement plant (equation (xvi)):

__ N, Hydrocarbons

e (xvi)

fc, Pplant

As both, the flue gas from the cement plant and the purge gas, are
processed by the MEA unit, the performance of the MEA absorption has a
large influence on the carbon efficiency. The MEA recovery rate is in-
dependent of the rWGS operating conditions. 10 % of the CO, from the
cement plant and purge gas cannot be recovered (as a recovery rate of 90
% is assumed in chapter 2.2). The carbon efficiency obtained equals 7¢
= 88 % (Fig. 9) and is not affected by changes in rWGS operating con-
ditions. The carbon dioxide amount required from the cement plant is
shown in Fig. 9. The CO, stream correlates directly with the product
output (compare Fig. 7). Higher product output leads to an increase
infMco2, cement plant, @s the Ha/CO ratio in the feed of the FTS is assumed to
be constant. Overall, this leads to a constant C-efficiency.

The hydrogen efficiency is calculated according to equation (xix)
from the atomic hydrogen amount in the hydrocarbon product
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Fig. 9. Left: Hydrogen and carbon efficiency for different rWGS pressures and
temperatures. 5y correlates inversely with the water production (compare
Fig. 7). The carbon efficiency is not affected by the FWGS operating conditions.
Right: CO, demand from the cement plant. The carbon dioxide demand cor-
relates with the product output (compare Fig. 7).
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(MH, Hydrocarbons) and the atomic hydrogen amount in the electrolysis feed
(le. Eleclrolym)-

Ny, Hydrocarbons

ny = (xvii)

TIH, Blectrolysis

Hydrogen enters the system boundaries as water (feed to electrol-
ysis) and leaves the boundaries as water (condensed steam) or hydro-
carbon. As the hydrogen input is constant, the hydrogen efficiency
(Fig. 9) correlates inversely with the water production (compare Fig. 7).

Power-to-Liquid efficiency

Electrolysis, MEA and compressors are the major contributors to the
overall power consumption of the process. Hence, the Power-to-Liquid
efficiency is calculated as follows:

MHydrocarbons LH VHydrocurbons

e = Priecrolysis T Pmea + Pcompression Gxviid)

The efficiency is calculated from the lumped mass flow of the overall
hydrocarbon output (fiuydrocarbons); the lower heating value of the
overall hydrocarbon output (LHVHhydrocarbons) and the electrical energy
input for electrolysis (Piectrolysis)y MEA (Pmpa) and compression
(P Compression)~

As the hydrogen input is constant in this study, the power demand for
the electrolysis is constant (302 MW¢)). The electricity demand for MEA
absorption varies with the amount of CO3, captured; between 1.0 and
1.55 MW, (see Fig. 10). Hence, CO5 capture has only a minor share of
the overall electrical energy input. Compression work varies between 4
and 51 MW, due to different gas flow rates and pressure levels. If the
rWGS is operated at low pressure this increases the compression work in
compressor C-4 (see Fig. 4). Operating the rWGS at 25 bar decreases the
compression work, as the FTS and rWGS are operated at the same
pressure level and thus no additional compression work is required.
Decreasing the rWGS temperature leads to higher methane content and
thus, higher recycling rates to the rWGS (Rec-rWGS). Therefore lower
temperatures require more electrical energy for compression.

Fig. 11 shows the resulting PtL-efficiency at different rWGS tem-
peratures and pressures. The PtL-efficiency varies between 25.4 % and
38.7 %. For a given pressure, there is a plateau, where the PtL-efficiency
is only affected marginally by the rWGS temperature. The according
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Fig. 10. Electricity demand required for compression Pcompression and mono-
ethanolamine absorption Pyga for different rWGS temperatures and pressures.
Pyea is comparably 10w to Peompression. Peompression increases with decreasing
pressure and temperature.
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rWGS temperatures and pressures for a relative decrease of 1 % and 3 %

PtL-efficiency are shown in Fig. 11 on the right side. The maximum PtL-
efficiency is found at 5 bar and 825 °C:

=0.387

. 2.77%.43.8538

e (5.0t 825 C) = 35 MW T 1.5 MW - 10.6 MW

Analogous to the product output (compare chapter 3.2), the PtL-
efficiency has an optimum temperature for a given pressure. However,
the maximum product output is found at 1 bar and 725 °C (chapter 3.2)
and the maximum PtL-efficiency is obtained at 5 bar and 825 °C. The
increase in optimum pressure in terms of energetic efficiency corre-
sponds to the higher compression work at lower pressures (compare
Fig. 10). Hence, 5 bar is energetically favored over 1 bar. The higher
optimum temperature from the energetic perspective is due to the in-
crease in methane formation at higher pressure which requires higher
temperatures for the same CO-yield.

Heat integration

Automated pinch analysis is conducted for all cases (see chapter 2.3).
The pinch temperature difference is fixed to 10 K. Burner and rWGS
reactor are not included in the pinch diagram as the thermal coupling is
already performed in the Aspen Plus® simulation. One exemplary pinch
analysis is shown in Fig. 12 for 5 bar and 825 °C (as this case has the
maximum PtL-efficiency, see chapter 3.4). The diagram includes two
curves: the summation of all hot streams (‘hot stream’), which are
available for heating or require active cooling, and the summation of all
cold streams (‘cold stream’), which require heating.

In this case, the heat from the exothermic FT reaction (39.5 MWy, at
~ 211 °Q) is sufficient to provide enough heat for CO, absorption (31.6
MWy, at 120 °C). Below 100 °C active cooling is required (40 MW). As
described in chapter 2.2, syngas leaving the rWGS reactor is cooled using
a waste heat boiler. Most of this high temperature heat cannot be inte-
grated in the process (20 MWy, at 370 °C-825 °C). One option to use this
valuable high temperature heat is to produce electricity via a steam
based Clausius-Rankine cycle ‘SCR’ (43 % efficiency, steam cycle
modelled in Aspen Plus®). This scenario provides 15.8 MW, and re-
quires 1030 kg/s of cooling water (‘CW’). The electricity regained from
the Clausius-Rankine cycle can be used to decrease the power demand
and hence increase the Power-to-Liquid efficiency:

Myydrocarbons LH VHydl ocarbons

Mp, scR = (xix)

PEiectrolysis + Pymea + Pcompression — Pscr

This increases the PtL-efficiency from 38.7 % to 40.75 % (at 5 bar
and 825 °C). Fig. 13 shows the efficiencies calculated with SCR for
different rWGS pressures and temperatures. Compared to the PtL base
case, the Clausius-Rankine cycle increases the PtL-efficiency by (yPtL,
SCR - npg, = ) 1.6- 3.7 %. However, adding a Clausius-Rankine cycle to
the PtL plant has yet to be proven to be economically beneficial. Another
option to use the high temperature heat is high pressure steam (35.5 bar)
production. The resulting ‘cold stream’ (at 5 bar and 825 °C) is shown in
the pinch diagram in Fig. 12. This configuration produces 14.35 kg/s of
steam and requires 906 kg/s cooling water.

Sensitivity studies

The findings in the previous subchapters result from the assumptions
in chapter 2 (base case configuration). The assumptions described in
chapter 2 are based on reasonable engineering guesses. Still, they may
vary under different circumstances in a reasonable range. This might
affect the overall optimum rWGS operating conditions. To investigate
the influence of the most relevant assumptions on the optimum rWGS
operating conditions, respective npy, 74, 7jc, local sensitivity studies are
conducted as depicted in Table 1.

Variables 1) and 2) do not influence the process streams and, thus, 7y
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Fig. 11. Power-to-Liquid efficiency for different rWGS pressures and temperatures. Below and above a certain temperature, the PtL-efficiency decreases significantly.
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by 1.6-3.7 % in comparison to Fig. 11.

13. Power-to-Liquid efficiency including clausius-rankine cycle at
different rWGS pressures and temperatures. The PtL-efficiency can be increased

Table 1
Variables for the sensitivity study related to the feed supply (1), 3)), FWGS +

burner setup (4)-5)) and FTS performance (6)-9)). The a values are calculated

with equation (xiv).

Variable Min Base Max

1) NBlectrolysis,Lav / - 0.6 0.667 0.7

2) Tcompression / - 0.6 0.72 0.9

3) Np/th! 0.042 0.42 -

4) ATupxa /K 10 50 100

5) Tpum / °C 1150 1200 1400

6) x/- 0.4 0.5 -

7) Hy/CO / (a/-) 1.8 (0.862) 2(0.839) 2.2(0.815)
8) Trrs / (@ /) 210 (0.905) 220 (0.839) 225 (0.795)
9) Xco/ - - 0.4 0.6

and 7nc. However, they affect npy, directly as the electrolysis has a major
share of the total energy input and the compression work has a signifi-
cant effect on the optimum operating conditions (see chapter 3.4). The
efficiency of the electrolyzer is varied between 57 and 47 kWh,;/kgHz
[31], which equals 7giectrolysis,Lav = 60-70 %. Varying the compressor
efficiency can also be interpreted as a change in the overall pressure
drop for a constant compressor efficiency. Variable 3) accounts for im-
purities in the feed streams (Hj, CO2 and O3) and may affect the process
streams due to changes in partial pressures and hence rWGS product
composition. As the base case has already been chosen conservatively,
the N feed is calculated for purities of 4.0 for Hy and O [26] and 3.0 for
CO, [27]. Variables 4) — 5) influence the overall allothermal rWGS
(rWGS + burner) configuration. They are prone to have a significant
influence on the product output as they influence the heat duty of the
burner. For example, decreasing the temperature difference in the heat
exchanger HEX-1 will lead to an increase in heat transfer in HEX-1.
Hence, the temperature of the rWGS feed stream increases and less
thermal energy has to be provided by HEX-2. Thus, less fuel is
consumed, which leads to lower water production and higher product
output (compare chapter 3.2). Variables 6) — 9) represent changes in
Fischer-Tropsch performance. The FTS temperature and the Hy/CO ratio
in the FTS feed influence the chain growth probability a. Lower «a leads
to higher methane concentrations and hence more water production,
which results in less product output (compare chapter 3.2). In addition,
different Hy/CO ratios influence the CO, feed and hence all process
stream properties. All FTS parameter have the ability to change the
product distribution, which affects the recycle properties and conse-
quently the product output.

Chapter 3.1 points out the lower rWGS temperature boundary, which
is reached when the recycle to the FTS (REC-FTS) approaches zero. In
contrast to that, an upper rWGS temperature boundary is found for
specific cases marked with “u.b.” in Fig. 15 and Fig. 16. In these cases the
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recycle to the rWGS (Rec-rWGS) approaches zero and the inert gas
content exceeds the fixed content of 50 mol%. Although it might be
possible to operate the FTS with a higher reactants content than 50 %,
these cases are marked as the upper temperature boundary, as they
cannot be compared directly to the other cases.

Fig. 14 compares the deviation of the maximum PtL-efficiencies,
calculated for the different variable values in Table 1, to the base case.
The maximum PtL-efficiency is observed at Tywgs = 825 °C and pywgs =
5 bar for almost all variations, except for Hp/CO = 2.2. In this case the
optimum is observed at slightly higher rWGS temperature (850 °C). The
overall maximum PtL-efficiency is found at low FTS temperature Trrs =
210 °C (pu. = 40.9%). In general, the PtL-efficiency increases with
increasing fglectrolysis; 1Burn //Compression, XCO, Xinert and decreasing Trrs,
H/CO, AThgx.1- The efficiency of the electrolyzer fgiectrolysis, the FTS
temperature Tgrs and the Hy/CO ratio in the feed of the FTS reactor have
the highest influence on the PtL-efficiency. Decreasing Trrs and the Hy/
CO ratio leads to an increase in chain growth probability. For longer
chains, less water is produced per hydrogen atom integrated in the hy-
drocarbon product. This decrease in water production leads to the in-
crease in PtL-efficiency. It should be mentioned that the model for a
(equation (xiv)) does not account for differences in inert gas content.
This seems reasonable, as the experimental results from [47] show only
minor influence of the inert gas content on a. Impurities and Xco are
found to have only minor influence on the PtL-efficiency. However, it is
worth noting that, in this work, a is independent of the CO conversion.
In contrast, [48] state that the methane selectivity decreases with
increasing CO conversion. They also state that the influence of the FT
reactor temperature is larger than the influence of the CO conversion
[48]. Hence, if the model was to include the X¢o and « correlation, we
would expect an increase in PtL-efficiency, although the difference
should not be as pronounced as for a lower FT temperature.

Fig. 15 shows the according Power-to-Liquid efficiencies for the
different variables at varying rWGS pressures and rWGS temperatures.
Evidently, different assumptions for the variables in Table 1 lead to
different Power-to-Liquid efficiencies for a given rWGS pressure and
rWGS temperature combination. The ranges of the PtL-efficiency, for a
given set of assumptions, are highlighted in 3 different grey tones. Dark
grey shows the range from maximum PtL-efficiency to 0.1 % of the
respective maximum efficiency. Light grey indicates the range of 1-3 %

Nelectrolysis 60 %

Ters 210 °C
H,/CO 1.8
ATuex1 100 K 10K

Teurn 1150 °C 1400 °C

Ncompression 60 % 90 %
Xco 60 %
Xinert Minimum value 40 %
N, B Maximum value
34 35 36 37 38 39 40 41 42
Nott,max [ %

Fig. 14. Influence of the different variables from Table 1 on the maximum PtL-
efficiency in terms of deviation from the base case (base case: /7py,max = 38.7%).
Black bars indicate an increase in variable value and grey bars a decrease in
variable value. The optimum rWGS operating conditions (maximum PtL-
efficiency) are found at p,wgs = 5 bar and Tywgs = 825 °C, except for the
case with *H,/CO = 2.2, where the optimum temperature is at T,wgs = 850 °C.
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Fig. 15. Power-to-Liquid efficiency for different assumptions, rWGS pressures
and rWGS temperatures. N.c. — not converged: No value available for the given
constellation. U.b. — upper boundary: Rec-rWGS approaches zero and the inert
gas content exceeds the fixed 50 mol%.

and medium grey of 0.1-1 %. The dark grey rfWGS temperature and
pressure constellations are not affected significantly by the variation of
the variables. Remarkably, 5 bar and 825 °C (the optimum operating
conditions for the base case) are included in the optimum operating
conditions throughout the whole variation. This indicates that the op-
timum found for the base case is surprisingly robust. For increasing Hy/
CO, Tgrs and decreasing Tgum, AThpx.1 the optimum window is
comparably narrow whereas the inverse flattens the influence of the
rWGS operating conditions leading to a broad range of rWGS operating
conditions within the light grey range. The correlation of HEX-1 and
HEX-2 becomes evident when comparing Tpym and ATygx.1. Similar ef-
ficiencies, for a fixed rWGS pressure and temperature, are found for
Tgurn = 1400 °C and ATygx.1 = 10 K. Increasing the burner temperature
from 1200 °C to 1400 °C leads to an increase in thermal energy available
from HEX-2. This decreases the thermal energy demand in HEX-1. As
described before, decreasing ATxgx.1 leads to decreased heat duty from
HEX-2. Hence, both cases have lower fuel demand and thus higher
product output, as less water is produced.

Fig. 16 shows the hydrogen efficiency for the different variable
variations. Increasing Tgym, Xco and decreasing AThgx.1, Ha/CO, Trrs
leads to higher hydrogen efficiencies. As the hydrogen efficiency is
directly related to the product output, the product output increases. The
maximum hydrogen efficiency found in the base case, 725 °C and 1 bar,
is confirmed for all variable variations.

In general, the carbon efficiency varies only marginally between 87
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Fig. 16. Hydrogen efficiency for different assumptions, tWGS pressures and
rWGS temperatures. N.c. — not converged: No value available for the given
constellation. U.b. — upper boundary: Rec-rWGS approaches zero and the inert
gas content exceeds the fixed 50 mol%.

and 90 %. It depends on the CO recovery from the cement plant and
purged gas. More purged gas decreases the carbon efficiency. The
maximum carbon efficiency (90 %) is found for the variation of the
impurities as the purged gas decreases with decreasing impurities. The
influence of the rtWGS operating conditions on the carbon efficiency is
negligible (see chapter 3.3).

Comparison with literature results

To our knowledge, there is no experimental data available in the
literature for the exact same configuration as described in this work. The
closest resemblance of an experimental setup to the one described in this
work can be found in [15]. The SOLETAIR pilot plant consists of a unit
for direct air capture DAC, a PEM electrolyzer, a rWGS reactor with
electrical heating and a FT micro-structured heat exchanger reactor
[15]. In contrast to the configuration described in Chapter 2, there is no
recycling of the gaseous FT products. The rWGS is operated at 850 °C
and 4 bar and the operating conditions of the FT reactor are Hy/CO =
2.1, 230-240 °C and 20 bar [15]. No results are given for the PtL-
efficiency. 30.8 % of the hydrogen and 59.5 % of carbon ends up in
the FT product (including gaseous components) [15]. Applying the same
operating conditions for the FTS (Trs is set to 230 °C) and rWGS in our
process model gives a hydrogen efficiency of 27.3 %. The hydrogen ef-
ficiency in the pilot plant is probably slightly higher due to the fact that
the heat for the rWGS is provided electrically and not by combustion of
the recycling gas. The combustion of recycling gas increases water
production, which decreases hydrogen efficiency. The carbon efficiency
is higher in this work (3¢ =88 %) as the implementation of recycles
increases the carbon efficiency, which was also observed in the analysis
of a theoretical plant in [15]. In this theoretical plant a carbon efficiency
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of 94 % is calculated [15]. The carbon efficiency in [15] is based on the
amount of CO; from the DAC, whereas in our definition it is based on the
amount of CO; entering the MEA from the cement plant. Replacing the
denominator in equation (xvi) by the amount of carbon recovered by the
MEA unit, gives a carbon efficiency of 97%, which is slightly higher than
the carbon efficiency in [15]. For the theoretical plant a PtL-efficiency of
47% (based on the higher heating value) is given in [15]. The maximum
PtL-efficiency in this work is #pg, v = 40.9 % (Trrs = 210 °C, see
Fig. 15), which equals npy, v = 44 % (based on the higher heating
value HHV). The slightly lower PtL-efficiency is probably correlated to
the slightly lower hydrogen efficiency. The hydrogen efficiency in the
theoretical plant is 32 % which is close to the thermodynamic optimum
of ny = 33.3 % [15]. The highest hydrogen efficiency found in this work
is 29 % (Tprs = 210 °C, see Fig. 16). The slightly lower hydrogen effi-
ciency is probably related to the difference in rWGS heat supply. In this
work an allothermal rWGS reactor with oxyfuel burner is implemented,
whereas the theoretical plant from [15] is equipped with an autothermal
rWGS reactor. This possibly explains the difference in hydrogen effi-
ciency, and further PtL-efficiency.

Conclusions

As neither the rWGS nor the FTS provide full conversion, recycles are
necessary to increase the carbon efficiency of the PtL process. This in-
creases the complexity of the process and thus, finding the optimum
operating conditions for the rWGS unit within the FT-based Power-to-
Liquid process is not straightforward. To find the optimum operating
conditions in terms of energetic efficiency and H-/C-efficiency, a
detailed process analysis was conducted. The findings of this process
analysis can be summarized as follows:

e Increasing pressure and decreasing temperature in the rWGS reactor
leads to increased methane formation. This affects the properties of
the recycle and increases the recycle rates to the rWGS.

For a given rWGS pressure there is a plateau, where the rWGS tem-
perature has only minor influence on the efficiencies. Outside this
plateau, the efficiencies decrease due to an increase in methane
formation (low temperatures) and a decrease in HEX-1 efficiency
(high temperatures).

Intrinsically, the efficiencies are related to the product output. The
product output correlates inversely with the water produced in the
overall process. On the one hand, the water production correlates
with the heating demand and the burner fuel composition, and
hence, the recycle gas composition. Both are influenced mainly by
the methane content in the rWGS product gas. On the other hand, the
water production is influenced by the heat exchanger efficiency of
HEX-1. The decrease in heat transfer at high temperatures (to avoid a
temperature cross in the heat exchanger) leads to decreasing product
output. The maximum product output is found at 725 °C and 1 bar.
The H-efficiency correlates directly with the product output. Hence,
the maximum efficiency (53 = 28 %) is also found at 725 °C and 1
bar.

The C-efficiency (1c = 88 %) is not affected significantly by the rWGS
operating conditions. It is restricted by the recovery rate of the MEA
unit.

e The maximum Power-to-Liquid efficiency is obtained at 5 bar and
825 °C (ypy, = 38.7 %). In comparison to the optimum operating
conditions in terms of hydrogen efficiency, the energetic optimum is
shifted towards higher rWGS pressure due to the decreased elec-
tricity required for compression. The optimum rWGS temperature is
shifted towards higher temperature as higher temperatures are
required to reach the same CO-selectivity (less methane formation).
Pinch analysis shows a significant amount of excess high tempera-
ture heat available in the process. Using this high temperature heat
to produce electricity may increase the overall PtL-efficiency. How-
ever, it has yet to be proven whether this is economically beneficial.
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Significant influence of the assumptions on the efficiencies is
observed. However, the optimum rWGS operating conditions ob-
tained in the base case are found to be in the highest PtL-efficiency
ranges within the whole investigated parameter range (0.1% varia-
tion based on the respective #pi,max). This indicates robust rWGS
optimum operating conditions.

Note: Although carbon formation is neglected in this work, it might
row down the possible operating window of the rWGS, and thus, has

to be further investigated in detail.
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Fischer-Tropsch fuels from renewable sources may contribute to defossilize the transport sector, especially where
high energy-dense fuels are required. The objective of this work is to analyze the impact of the RWGS operating
conditions with respect to minimizing the net production cost NPC. Therefore, a method to estimate the RWGS
reactor costs for varying RWGS operating conditions is introduced. This method allows to identify the respective
tube design criterion (pressure drop, heat transfer or kinetic limitation) at a given set of operating conditions as
well as to identify the optimum tube geometry with respect to low steel costs. The plant under investigation is
assumed to process a constant amount of hydrogen (48.4 ktys/a) producing 52-82 ktcs,/a syncrude depending
on the RWGS operating conditions. The results indicate that the RWGS operating conditions affect the NPC rather
through the general process performance than through the impact of the actual reactor costs. The main
contributor to the NPC is the hydrogen cost. Different hydrogen cost cases are investigated to identify robust
optimum RWGS operating conditions. The minimum NPC is observed at 1.81 €/kgcs, 3.06 €/kgcs+ and 5.47 €/
kgcs for 2.3 €/kgna, 4.1 €/kgue and 7.6 €/kgua, respectively. Intermediate RWGS pressure (5 bar) and tem-

perature (800 °C) allow for low production costs throughout all hydrogen cost cases.

1. Introduction

Sustainable aviation fuels (SAF) may help defossilizing the transport
sector, particularly where high energy-dense fuels are required. Espe-
cially in the aviation sector, liquid alternative jet fuel will be important
to reduce the net CO, emissions in the near future [1]. In 2019,
< 200,000 tons of SAF were produced globally [1]. This accounts for
< 0.1 % of the jet fuel for commercial airlines [1]. One of the four rec-
ommended alternative jet fuel production routes is to synthesize hy-
drocarbons from renewable electricity, water and carbon dioxide via
Fischer-Tropsch synthesis (FTS) in a Power-to-Liquid process [1]. This
route may exhibit the lowest maturity, but it offers the great benefit of
abundant feedstock availability in comparison to biomass based pro-
cesses (assuming direct air capture DAC) [1].

Most of the required technologies to convert water and COz to FT
fuels are readily available at industrial scale (except the reverse water-
—gas shift (RWGS) reactor for CO2 activation) [2,3]. Mature technologies
for hydrogen production from water splitting are proton exchange
membrane (PEM) electrolysis (commercially available at medium scale,
efforts ongoing to bring the technology to the 100 MW scale [3]) and
alkaline electrolysis (commercially available at large scale, typical scale
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of chlor-alkali electrolysis: 30-150 MW, [4]). CO3 absorption by amine
scrubbing is state-of-the-art for food and beverages to capture CO; from
point sources (typical scale: 16.7 tgoa/h) [5]. Fischer-Tropsch synthesis
from syngas, including hydrocarbon upgrading, is a mature technology
available at large scale (Bintulu, Malaysia, Shell, 14,700 barrel per day,
~ 2.33 million liter per day) [6]. Apart from that, alternative technol-
ogies are subject to research and development or available at smaller
scales, like solid oxides electrolyzer cells SOEC, co-electrolysis, CO5
capture from air and intensified reactor concepts like microreactors for
FTS.

The FT based PtL process chain has been experimentally investigated
at pilot scale. The pilot plant SOLETAIR in Finland comprises DAC, PEM,
RWGS (electrically heated) and a FT micro-structured reactor [7]. The
product capacity is 6.2 kg per day of FT wax and oil [7]. Sunfire’s pilot
plant in Germany is in operation since 2015 for endurance testing [8]. It
has been built to produce one barrel per day (=159 L per day) of FT
syncrude [8]. The plant consists of SOEC (provides partial amount of
hydrogen demand), RWGS (electrically heated) and a cobalt catalyzed
FTS [8]. In the project Kopernikus PtX, a small test facility (DAC, co-
electrolysis, FT micro-structured reactor and hydrocracking) has been
set up (10 L per day), and will be expanded to a plant capacity of 200 L
per day, first, and then into the pre-industrial scale of a demonstration
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Nomenclature

Abbreviations

AEL alkaline electrolysis

API American Petroleum Institute
C+j compressor j

Gj hydrocarbon with j carbon atoms
Cj+ fraction of hydrocarbons with at least j carbon atoms
COMP  compressors

DAC direct air capture

Ap pressure drop limitation
FT(S) Fischer-Tropsch (synthesis)

h heat transfer limitation

HC hydrocracker

HEX-j heat exchanger j

in. impact neglected

k kinetic limitation

LPG liquefied petroleum gas

MEA monoethanolamine

MPS medium pressure steam

n.i. no impact

NBC Nordic Blue Crude

PEM proton exchange membrane
PO plant overhead cost

POX partial oxidation

PtL Power-to-Liquid

(R)WGS (reverse) water-gas shift

SAF sustainable aviation fuels

S split j

SMR steam methane reforming
SOEC solid oxides electrolyzer cell
TRL technology readiness level
V+j valve j

WHB waste heat boiler

Variables and constants (greek characters)
Sca corrosion allowance

Ap pressure drop

[ stress thickness

€ void fraction

n efficiency factor

Nu hydrogen efficiency

peL, power-to-liquid efficiency

u dynamic viscosity

v kinematic viscosity

Phed catalyst bed density

Psteel steel density (RWGS reactor tube)
or rupture allowable stress

Variables and constants (time dependent)
Mes mass flow C5+ product

Ay 54 molar flow rate of hydrogen in C5+ product fraction
Ny in molar flow rate of hydrogen from electrolysis

Qrwgs  heat demand RWGS

v volumetric flow rate

Variables and constants (latin characters)

ACC annualized capital cost

CAPEX capital expenditures

Ceat mean specific catalyst cost for plant lifetime

Ccatalyst  cost for RWGS catalyst

CEPCI  chemical engineering plant cost index

Crurnace  cost for RWGS furnace

Clabor labor cost

Csteel mean specific steel cost for plant lifetime (RWGS reactor
tube)

CTubes cost for RWGS reactor tubes

d; degression factor of equipment i

D; inner tube diameter (RWGS reactor tube)

D opt optimum inner tube diameter (RWGS reactor tube)

Dy catalyst pellet diameter

EC; equipment cost of equipment i

ECpesi  equipment cost of reference equipment i

ECrwgs equipment cost of RWGS

FCI fixed capital invest

feorr corrosion fraction

Feco,ij economic factor j (j = 1...12) for equipment i

IR interest rate

L tube length (RWGS reactor tube)

LHVcs; lower heating value of C5+ product fraction

Lopt optimum tube length (RWGS reactor tube)

NPC net production cost

TMtube,h number of tubes in case of heat transfer limitation

Mube,opt  OPtimum number of tubes (RWGS reactor tube)

Nwbe,ap  NUMber of tubes in case of pressure drop limitation

OPEX operational expenditures

OPEXy;, direct operational expanditures

OPEXinqir indirect operational expanditures
Peompression €lectricity for compression
Pelectrolysis electricity for electrolysis

Dj partial pressure of component j

Pyea electricity for MEA

PRWGS pressure RWGS

qav average heat flux density

R? corefficient of determination

s wall thickness (RWGS reactor tube)

S; physical capacity for equipment i

SRef,i physical capacity of reference for equipment i

Trwas temperature RWGS

Vheat steel volume in case of heat transfer limitation (RWGS
reactor tube)

Viinetic ~ Steel volume in case of kinetic limitation (RWGS reactor

tube)
Voptimum Optimum steel volume (RWGS reactor tube)

Vpressure ~ Steel volume in case of pressure drop limitation (RWGS
reactor tube)

wo velocity at tube inlet

y Operating time of plant

plant (1500-2000 L per day) [9].

Larger scales are in planning/construction phase. Nordic Blue Crude
NBC AS at Hergya, Porsgrunn, Norway plans to commission the
demonstration plant E-fuel 1 in 2023 (8,000 t syncrude/a (20 MW,))
[2]. The patented RWGS reactor concept consists of a POX (partial
oxidation) section, alumina bed and quenching section [2]. The elec-
tricity for the hydrogen production is to be provided from onshore and

offshore wind farms [2]. According to [10], partners involved in the E-
fuel 1 planning phase were Sunfire (expertise in SOEC and co-
electrolysis) and Climeworks (expertise in DAC). However, according
to NBC, in order to keep the costs low, most of the CO; is to be bought
from a fertilizer plant (30 €/tcoz vs. 600 €/tcoz) and hydrogen will be
produced via alkaline electrolysis [11]. CAPEX for the demo plant are
given by Aker Solutions with 120 million € [2]. Moving to the next scale,
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their schedule foresees to increase the capacity to a 200 million liter per
annum plant (E-fuel 2), to be commissioned in 2027 also at Hergya [2].

Some theoretical works have been published on the assessment of the
described PtL process chain (see [3,12] for literature reviews). Techno-
economic evaluations for different syngas/hydrogen production path-
ways are available in the literature: co-electrolysis [13-15], SOEC [16],
PEM [17-20] and AEL [15,21]. See also [22] for other options in the
field of CO; activation (e.g. photocatalytic pathways). The syngas in this
work is provided from hydrogen and carbon dioxide in an allothermal
RWGS reactor with oxyfuel burner. Similar setups have been investi-
gated by [17,18,20]. Konig et al investigate the impact of full load
hours, electricity costs and electrolyzer costs on the NPC [20]. Based on
this they calculate a broad range of NPCs (5.48-21.35 USD per gasoline
gallon equivalent, 2.01-7.83 USD/kg) [20]. They use the RWGS reactor
cost from [23], who base their RWGS reactor cost on WGS reactor cost
from source [24]. It is worth mentioning that the operating conditions of
a WGS (exothermic) reactor differ broadly from the operating conditions
of a RWGS (endothermic) reactor. Tremel et al. assume hydrogen cost of
3 €/kgyz and from that approximate the NPC to 2.34 €/kggiesel and
2.01 €/Kkgsyncrude [17]. Their economic assessment is not based on pro-
cess modelling and equipment-based calculations. Hence, it is not
possible to outline the differences of the process designs. Schemme et al.
calculate a NPC of 2.3 € per liter diesel equivalent (= 2.75 €/kg) for
hydrogen cost of 4.6 €/kgya [18]. The underlying RWGS reactor cost
assumption is not recorded in their work. For a cost comparison of these
publications with this work see Chapter 3.3.

Previous work focused on finding the optimum RWGS operating
conditions with respect to maximizing the carbon, hydrogen and Power-
to-Liquid efficiency [25]. The investigated process consisted of a PEM
electrolysis, an allothermal RWGS reactor with heat supply from an
oxyfuel burner, that burns a partial amount of the recycling gas, a fixed-
bed FT reactor and a hydrocracker [25]. Gaseous products are recycled
to maximize the carbon efficiency [25]. The RWGS operating conditions
influence the recycling gas composition and split ratios as well as the
heat demand of the RWGS reactor [25]. The maximum Power-to-Liquid
efficiency was observed at 825 °C and 5 bar and the maximum hydrogen
efficiency at 725 °C and 1 bar [25]. In order to complement the previ-
ously conducted technical analysis with an economic analysis (economic
and energetic optimum operating conditions may differ), this work fo-
cuses on:

e analyzing the impact of the RWGS operating conditions on the net
production costs,

o finding the RWGS operating conditions exhibiting the lowest net
production cost and

e evaluating the robustness of the economically optimal RWGS oper-
ating conditions.

To reach these objectives, the RWGS reactor costs have to be esti-
mated. As the RWGS setup still has a low TRL and no data was available
in the literature to account for the effect of different RWGS pressures and
temperatures on the RWGS reactor cost, a methodology needed to be
developed. This method, for assessing the RWGS reactor cost, accounts
for:

o factors directly impacting the reactor setup (for example different
wall thicknesses of the reactor tubes at different RWGS pressures and
temperatures) and

o factors indirectly impacting the reactor setup through changes in
process streams (for example heat demand of the RWGS reactor,
different feed compositions and mass/volumetric flow rates at
different RWGS operating conditions).

2. Methodology

The following chapter outlines the methodology used for process
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modelling, estimation of the net production cost and uncertainty anal-
ysis as well as the method used to calculate the RWGS reactor cost for
varying RWGS pressures and temperatures.

2.1. Process description

The underlying process simulation is thoroughly described in [25],
where the process is analyzed in terms of energetic efficiency as well as
carbon and hydrogen efficiency. In comparison to the model in [25], the
boundary conditions are shifted such that hydrogen is entering the
system boundaries, instead of electricity and water for water electrol-
ysis. Hence, hydrogen production is decoupled from the process and the
hydrogen cost is considered as raw material (produced in Germany or
imported, e.g. from Norway or Saudi Arabia, see Chapter 2.2). Fig. 1
shows the basic flowsheet for the process simulation. The plant is
assumed to process a constant amount of 6.05 t/hy,, which equals an
electrolysis capacity of 300 MWe| with an efficiency of 66.7 %, based on
the lower heating value [25]. Carbon dioxide is captured from a cement
plant by amine washing. Carbon dioxide is then activated in the RWGS
reactor to form carbon monoxide. The RWGS product gas is assumed to
be at equilibrium - no full conversion can be achieved. The hot syngas is
cooled in a waste-heat boiler to prevent metal dusting. The cooled
syngas is subsequently converted in the FT reactor forming a broad
range of hydrocarbon chain lengths. Long chained hydrocarbons are
cracked in a hydrocracker and gaseous components are recycled to in-
crease the overall carbon efficiency. One part of the recycling gas is
recycled back to the FT reactor (to provide a constant inert gas content
in the feed of the FT reactor), another part continues to the combustion
chamber (to provide the heat for the high temperature RWGS reaction in
an oxyfuel burner) and the remaining recycling gas is again converted in
the RWGS reactor. Varying RWGS operating conditions affect the split
ratios (S-1 and S-2). The RWGS pressure is varied between 1 bar
(maximum yield of CO due to equilibrium considerations) and 25 bar (to
operate the RWGS reactor on the same pressure level as the FT reactor
and thereby potentially decreasing the electricity demand for
compression). The maximum RWGS temperature investigated is fixed to
900 °C due to material considerations [26] and the minimum RWGS
temperature corresponds to the temperature where the inert gas content
in the feed of the FT reactor would exceed the predefined specification of
50 mol-% [25].

2.2. Economic analysis

The methodology used for the economic analysis is based on [27]
and further described in [19]. General plant assumptions are shown in
Table 1.

The specific net production cost NPCcs. for the syncrude product
fraction mcs.. is calculated according to:

~ ACC + 37 OPEX g + Y- OPEXygir 4 Cravor

Mese

NPC (€]

The annuity cost ACC is calculated using equation (4) from the fixed
capital investment FCI, the interest rate IR and the plant operating time
y. The FCI derives from equation (3) through the equipment costs EC;
and the economic factors Feco j j. For the respective economic factors Feco,
ij see Table 5 - Base Case. Equipment costs EC; for non-standard
equipment are calculated from equation (2) with the input data from
Table 2. Costs for standard equipment like heat exchangers, pumps,
compressors and columns are estimated based on data from [27].

S\ CEPCI
EC; = ECges; —_— 2
Refi X (SRef;i> X (CEPC[Ref> @

FCI = ":ECa X (1 + iFeco.i4> X (1 + iFeco...J-) 3
= =

j=1i
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Rec-RWGS

Hydro-
cracker

Fig. 1. Flowsheet of the PtL model in Aspen Plus® including monoethanolamine absorption (MEA), waste heat boiler (WHB), compressors (C), splits (S), heat

exchangers (HEX) and valves (V).

Table 1
General assumptions for the Power-to-Liquid plant.

General Plant Assumptions

Plant capacity 6.05 t/h Hy input

Full load hours 8,000 h/a

Operating time of plant y 20 years

Interest rate IR 7%

Base year 2019

Location Germany

Site Brownfield
Table 2

Cost data for calculating equipment cost according to equation (ii) for non-
standard equipment.

ECget Sref Unit d Ref.
MEA 31.8 M$ 134.81 tco2,captured/h 0.8 [5]
FT 3.65 M$ 3.345 kges. /s 0.67 [28]
HC* 43.56 M$ 35.88 kg/s 0.55 [29]

RWGS See chapter 2.4

@ Turnkey: All economic factors already included.

:
ACC = FCI (IR>< (L+IR) +1ny) @

(T+IRY =17 9

Direct OPEX are calculated based on data given in Table 3 by
multiplying the specific cost with the stream quantity. Raw materials,
utilities and waste water add to the expenditures whereas the remaining
by-products may be sold to reduce the NPC. Therefore, the remaining FT
products C1-C4, mainly propane and butane as the smaller molecules are
recycled, are assumed to be sold. Indirect OPEX are calculated with the
factors depicted in Table 4 (see [19,27] for details). Labor cost Cy,p. is
estimated according to [27].

As the hydrogen cost is the main contributor to the NPC (see chapter
3.3) and the hydrogen cost is, among other factors, highly dependent on
the electricity price, two additional scenarios are investigated to deter-
mine the impact of the hydrogen cost on the optimum RWGS operating
conditions: 2.3 €/kgya (2030, balancing grid services) and 7.6 €/kgpa
(2012, renewable generation only, subsidies included, off-grid scenario)
[30]. More details on these three scenarios can be found in [30]. Apart
from that work, hydrogen supply costs have been estimated and inves-
tigated by several researchers, also with the focus on imported
hydrogen. For example, Brandle et al. calculate the costs to produce and
supply hydrogen in Germany (wind onshore: 2.7-3.1 USD/kg2,2030)
and compare the results to the costs for imported hydrogen from Norway
(wind onshore, pipeline transport: 2.2-3.2 USD/kgn2,2030) as well as

Table 3
Specific cost for raw materials, utilities and by-products to calculate direct OPEX
for the base year 2019.

Price Unit Ref.
Raw Materials and Utilities
Electricity® 84.55 €/MWh [35]
Hydrogen” 4.1 €/kg [30]
Cooling Water® 0.005 €/m® [36]
Oxygen" 23.77 €/t [371
MEA® 2.313 €/tco2, captured [5]
By-Products
District Heating’ 0.03 €/kWh [38]
Medium Pressure Steam® 19.241 €/t [39]
C1-C4 Product” 1.252 €/kg [40]
‘Waste water 2.5 €/m® [19]

@ Electricity price for industrial consumers in Germany in 2019, recoverable
levies and taxes excluded, scale: intermediate value chosen between >
150,000 MWh consumption and 70,000-150,000 MWh consumption.

> From [30] for the base year 2012: PEM electrolysis with an electricity price
of 51 €/MWh, CAPEX of 1856 €/kW, 100 % load factor and an efficiency of
50 kWh/kgp2 = 66.67 % (LHV). In comparison for 2019 the electricity price for
industrial consumers in Germany (>150,000 MWh consumption) is given by
[35] between 76.8 €/MWh (excluding recoverable levies and taxes) and 34.8 €/
MWh (excluding all levies and taxes).

¢ Cooling water from Elbe river.

d Cryogenic oxygen generation.

¢ CO, captured from cement plant.

f Brownfield: 6 bar, heating from 45 °C to 95 °C.

& Brownfield: 20 bar, heating from 210 °C to 215 °C, own calculations based
on gas price from [39].

h c1-c4 product stream consists mainly of C3 and C4, hence LPG (0.626 €/L
from [40]) revenue is assumed. The density is assumed to be 0.5 kg/L.

Table 4
Factors for estimating indirect OPEX [19,27].
Factor Basis

Operating supervision 0.15 Operating labor
Maintenance labor 0.01 FCI
Maintenance material 0.01 FCI
Operating supplies 0.15 Maintenance
Laboratory charges 0.2 Operating labor
Insurances and taxes 0.02 FCI
Plant overhead costs PO 0.6 Total labor costs

Administrative costs 0.25 PO
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Table 5
Minimum and maximum values used for uncertainty analysis and economic
factors Feco,i,j required for estimating the FCI (j = 1-12).

Variable Min Max Base
Equipment Cost [42]

MEA —30 % +50 %

HEX —-15% +30 %

Pumps & Compressors —-15% +30 %

Hydrocracker —-30% +50 %

FT —30 % +50 %

RWGS —30 % +50 %

Columns —-15% +30 %

Economic Factors [27,19]

1 Installation factor 0.25 0.55 0.47
2 Instrumentation and control 0.08 0.5 0.36
3 Piping system 0.1 0.8 0.68
4 Electrical systems 0.1 0.4 0.11
5 Buildings 0.1 0.7 0.18
6 Yard improvements 0.1 0.2 0.1
7 Service facilities 0.3 0.8 0.7
8 Engineering and supervision 0.32 0.33 0.33
9 Construction expenses 0.34 0.41 0.41
10 Legal expenses 0.04
11 Contractor’s fee 0.015 0.06 0.05
12 Contingency 0.05 0.15 0.1

Saudi Arabia (photovoltaic, transport via ship: 3.9-4.6 USD/kg2,2030)
[31]. Schorn et al. state hydrogen cost for the supply from Saudi Arabia
to Germany of 3.4 €/kgna,2030 [32]. A recent study provided by Uniper
and Kearney gives hydrogen cost of 4.1 €/kgu22025, so the same
hydrogen cost as applied in the base case in this work, for the hydrogen
supply from Saudia Arabia as ammonia [33]. Timmerberg et al. estimate
that hydrogen may be supplied to central Europe from North Africa via
pipeline for 1.8-4 €/kgu2 2020 [34]. Although these are only a few results
from the various hydrogen cost supply estimates available in the liter-
ature, it seems that the investigated hydrogen cost range (2.3 €/kgna —
7.6 €/kguo) is reasonable.

2.3. Uncertainty analysis

In order to compare the different net production costs at different
RWGS pressures and temperatures, an uncertainty analysis (UA) is
conducted. Within this UA the uncertainties for the estimated equipment
costs are taken into consideration as well as the uncertainty of the
economic factors for calculating the fixed capital investment. The range
of uncertainties applied is depicted in Table 5. A triangular distribution
(maximum probability at base case level) is assumed for the probability
functions. The UA is conducted via Monte-Carlo simulation and by
applying the Sobol sequence as the sampling method. Direction numbers
and primitive polynomials for the Sobol sequence are retrieved from
[41]. The number of samples is 10,000. The results from the UA are
incorporated as the 95 % confidence intervals shown in Fig. 10.

2.4. Cost estimation RWGS reactor

In order to identify the optimum RWGS operating conditions, the
RWGS reactor cost needs to be sensitive to changes in RWGS pressure
and temperature. Additionally, the RWGS feed properties change for
different RWGS pressures and temperatures as the recycling ratios differ
[25]. Therefore, a more detailed approach is necessary in comparison to
the equipment cost estimation techniques applied in Chapter 2.2.

The reactor is designed as a tubular fired reformer — similar to allo-
thermal steam methane reforming (SMR) (compare Fig. 2). The feed
stream enters the tubes at 450 °C. The reaction takes place at the nickel
catalyst pellets and the heat is provided by a furnace in the combustion
chamber. SMR is a highly mature technology, whereas no RWGS reactor
has been built at industrial scale, yet [43]. Hence, appropriate data for
SMR is widely available and quite reliable. Table 6 shows some
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Fig. 2. Basic scheme of the allothermal RWGS reactor. The feed stream enters
at 450 °C and the reactants are converted on nickel pellets. The heat is provided
by a furnace. The number of tubes nyues and the optimum tube geometry
(lenght L and inner diameter D;) are calculated using the methodology depicted

in Fig. 4.

Table 6

Comparison of steam methane reforming SMR and reverse water-gas shift
RWGS. RWGS reactor is assumed to be integrated in the investigated process

concept.

SMR

RWGS

Reactor setup

Fired tubular reformer

Fired tubular reformer”

TRL 9 6 [44]

Educt to be Methane Carbon dioxide
converted

Reaction Steam Hydrogen
partner

Target Hydrogen Carbon monoxide
product

Side Water-gas shift Reforming/forming of
reactions methane”, reforming of light

hydrocarbons’

Heat of Endothermic ((14): 165 kJ/ Endothermic ((13): 41 kJ/
reaction mol, (12): 206 kJ/mol)) mol®)

Technical Carbon formation and metal Carbon formation and metal
challenges dusting [45] dusting

Operating 20-30 bar, 700-900 °C [45] 1-25 bar, up to 900 °C?
conditions

Tube design Heat transfer limitation in gas Heat transfer vs. pressure drop
criterion phase vs. kinetics®

Kinetics Ni-catalyst [45], high Ni-catalyst [46], high

temperature process: diffusion temperature process: diffusion
limited reaction [45] limited reaction [46]

Inner 0.1-0.2 m [45] 0.1-0.2m"
diameter

Tube length 10-13 m [45] 4-10 m®

Number of 40-400 [45] 150-560°
tubes

Average heat  100-150 kw/m? [45] 100 kw/m*
flux

@ Assumed in this work
b Optimized in this work
¢ Result from this work

4 Investigated in this work

¢ Overall endothermicity increases with increased amount of short chained
hydrocarbons in the RWGS feed, which is affected by the RWGS operating
conditions and their impact on the recycling gas.

f Reforming/ forming of methane and reforming of light hydrocarbons based
on RWGS feed composition and operating conditions (see ©).
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similarities and deviations when comparing SMR and RWGS with
respect to the different processes, reactors and reactions. Due to the
similarities of SMR and the allothermal RWGS reactor in this study,
typical values for SMR are assumed, if the data for RWGS are not
available.

In this work, the RWGS reactor cost ECrygs are defined as the sum of
furnace cost, cost for the tubes and cost for the catalyst:

ECrwas = Crumace T Crubes + Ccautyst 5)

The furnace cost Cpyrmace is scaled with the amount of energy that
needs to be transferred in order to increase the temperature from 450 °C
to Trwgs plus the amount of energy required for the endothermic re-
action. The according heat demand Qrwes is extracted from the process
simulation. The furnace cost is calculated as follows [47]:

2
A + B log Opwas+ C (log (0 ))
Crumee = CEPCI x 10( + B log Orwas+ C (log (Qrwas

(6)
With Qrwes in KW, Crumace in USD, A = 3.068, B = 0.6597, C = 0.0194
and CEPCI = 1.535 (2002 to 2019).

The tube cost Crypes is calculated from the amount of high temper-
ature steel required. The catalyst cost Ccatalyst is calculated from the
volume inside the tubes. Hence, the number of tubes and the geometry of
each tube needs to be accessed. The tube geometry and the number of
tubes may be designed to overcome:

e kinetic limitations,
e heat transfer limitations or
o limitations due to pressure drop.

Kinetics, heat duty and pressure drop are affected by the RWGS
operating conditions, directly, as well as through back coupling effects
from the recycling streams. Assuming a stand-alone RWGS reactor
(constant feed conditions, product at equilibrium) allows to theoreti-
cally investigate the direct influences in a more straightforward way.
Table 7 shows the qualitative impact of increasing temperature, pressure
and inner diameter on pressure drop, kinetics, heat transfer, wall
thickness, CO yield and heat duty. It is assumed that only temperature,
pressure and inner diameter are varied, while all other variables are kept
constant. The classification spans from highly positive (+++, meaning:
low pressure drop, fast kinetics, good heat transfer, small wall thickness,
high CO yield and low heat duty, respectively) to highly negative (—,
meaning: vice versa). Higher temperatures lead to faster reaction ki-
netics (Arrhenius), increased CO yields, larger heat duty as well as
higher pressure drop through higher velocities. Higher pressure de-
creases the pressure drop through decreased volumetric flowrate and
shifts the equilibrium towards CH4 (lower CO yield), which also de-
creases the heat duty (less endothermic). Increasing the inner tube
diameter decreases the pressure drop, allows for improved heat transfer
but also increases the wall thickness. Most of these influences exhibit a

Table 7

Influence of increasing temperature T, pressure p and inner tube diameter D; in a
stand-alone RWGS reactor setup on pressure drop, kinetics, heat transfer, wall
thickness, equilibrium yield and heat duty. Ranking spans from highly positive
(4+++, meaning: low pressure drop, fast kinetics, good heat transfer, small wall
thickness, high CO yield and low heat duty, respectively) to highly negative

(———-). Abbreviations: n. i. — no impact, i. n. — impact neglected, equil.-
equilibrium.
T p D;
Pressure drop - . 4
Kinetics o/ -/+ ++
Heat transfer in. in. ++
Wall thickness -/- /= iy
CO yield (equil.) +/+++ -/— n. i
Heat duty -/- +/++ n. i.
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strong non-linear behavior (e.g. Arrhenius), making it difficult to pro-
vide general design regions without a numerical investigation.

In order to calculate the required steel volume, the wall thickness of
the tubes is calculated. The wall thickness depends on pressure and
temperature as well as the inner tube diameter. The wall thickness s is
calculated according to API 530 [26]. The tubes are designed for a
lifetime of 100,000 h and the high temperature steel chosen is HK-40
[26]. The corrosion allowance 8¢ is assumed to be 5 mm. The design
temperature is assumed to be 50 K higher than the respective reactor
outlet temperature Trwgs. For a given design temperature, the rupture
allowable stress o, and the rupture exponents are retrieved from
Table E.22 in API 530 [26]. In order to retrieve continuous values for the
allowable stress o, a fitting is conducted in the range of
Trwgs = 600-900 °C (coefficient of determination R%? = 99.9). The
resulting function is:

6, = 6.04281 x 10° x ¢ 00774044 Trwas e

Further the stress thickness 8, is calculated from the rupture allow-
able stress o, rupture pressure (assumed to be the operating pressure
DPrwas), and the inner diameter (assumed to be in the range of: D; =
0.1-0.2 m) [26]:

5, = Prwas Di ®)
20, — prwGs

The corrosion fraction is retrieved fromFigure 1 in API 530 by usage
of the corrosion allowance 8¢a (predefined assumption, here: 8ca = 5
mm), the stress thickness 8; and the rupture exponent [26]. The corro-
sion fraction is assumed to be unity if no rupture exponent is given in
Table E.22 in API 530 [26]. In the transition between corrosion fractions
smaller than unity to unity, non-monotone behavior occurred. For
example, at 10 bar the wall thickness was observed to be: 7.3 mm, 6.2
mm, 6.9 mm at 800 °C, 750 °C, 700 °C, respectively. The corresponding
corrosion fractions are 0.62, 0.68, 1, respectively. Due to this inconsis-
tency a conservative approach is chosen by setting the corrosion fraction
to unity. The resulting wall thickness s is calculated from the stress
thickness 85, corrosion allowance 8ca and the corrosion fraction feorr
(here: feorr = 1):

5 = 85 + feorr Oca (C)]

Similar calculations are conducted for elastic stress instead of
rupture stress. The wall thicknesses obtained from the rupture stress
evaluations exceed the wall thicknesses derived from the elastic stress
calculations in all investigated cases (Trwgs > 600 °C). Hence, the
rupture stress derived wall thickness defines the minimum required wall
thickness. Table 1 in API 530 additionally states the minimum required
wall thickness for austenitic steel tubes at a respective outside diameter
[26]. This minimum allowable wall thickness is exceeded in all cases
calculated (the minimum wall thickness calculated is 5.09 mm and the
maximum of the minimum allowable thickness is 3.7 mm, at 273.1 mm
outside tube diameter). The resulting wall thicknesses for different inner
tube diameters at different pressures and temperatures are shown in
Fig. 3. The wall thickness increases with temperature Trygs, pressure
Prwas and inner tube diameter D;.

The approach to identify the optimum geometry (Dj, L) in terms of
low steel cost, and hence low steel volume, is shown in Fig. 4. In the first
step the design criterion has to be identified. Therefore, reaction ki-
netics, heat transfer and pressure drop are investigated independently in
order to find the number of tubes required to satisfy heat transfer, ki-
netics and pressure drop specifications (npe, heat> Mtube, kinetic aNd Mtube,
pressure)- The bottleneck is observed where the maximum number of
tubes is required to fulfill the design specifications (npe (D, L) = Max
(ntube, kinetic (Dj, L), Mtube, heat (D, L), Ntube, pressure (Dy, L))). This gives the
restricting design criterion for a given tube length L and inner diameter
D;. In order to find the optimum tube length and diameter combination,
length (4-8 m) and inner diameter (0.1-0.2 m) are varied and the
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Fig. 3. Wall thickness s calculated based on API 530 [26] as a function of Trwes
and prwes for different inner diameter D;.

Results: heat duty, feed properties, ...

Calculate required volume of tube material
for optimum D; and L combination

Vary: D;=0.1mto0.2mand L=4mto8m

Calculate:

Hybe, kinetic (Dis L) Muabe, heat (Dis L)s Myuve, pressure (Dis L)

Identify design criterion:

Nyve (Djs L) = MaxX(Mype, kinetics Mube, heats Mube, pressure)

Calculate:

M(D;.L) = f(nye (D;, L), s (D)
Find optimum D; & L constellation:
Voptimun = Min(V (D;, L) ) > Dy op& L

i, opt opt

Steel properties, catalyst properties, ...

Fig. 4. Scheme for calculating the optimized tube design (optimum inner
diameter D; and length L) in terms of minimum steel volume V.

respective steel volumes V(Dj, L) are calculated from the number of tubes
nebe (Dj, L) and the respective wall thickness s (D). The optimum
combination (Lopt, Djopy) is established where the minimum steel vol-
ume Voptimum i obtained. These values are then used to calculate the
costs for the tubes and the catalyst (see Table 8 for additional data):

Crubes = nmbe,oplg ((Di,op[ + 2s) z- Di.oplz)

10
X Lopt Pyeer Cteel
T 2

Ccatalyst = Muube,opt 1 D opi” Lopt P pea Ceat 11)
Table 8
Input data for the estimation of tube and catalyst cost.

Parameter Value Unit Ref.

Psteel 8236 kg/m®

Csteel" 68.5 USD/kg [47]

Ped’ 667 kg/m? [45.48]

e 0.55 - [45]

Ceat” 35.7 USD/kg [47]

@ Mean steel cost for whole plant lifetime assuming a tube exchange after
100,000 h on stream. Steel cost of 60 USD/kg from [47] were updated to 2019
with Rogers International Commodity Index for Metals [9].

b Bed density is calculated from: solid density = 2355 kg/m® [48], pore vol-
ume = 0.25 dmg/kg [48] and void fraction & [45].

¢ Mean catalyst cost for plant lifetime assuming catalyst exchange every 4
years: Catalyst cost (Ni/MgAl;053) from [47] updated with Rogers International
Commodity Index for Metals [9].
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In the following three subsections the methods applied to calculate
the required number of tubes to satisfy heat transfer, kinetics and
pressure drop specifications (Nube, heats Mtube, kinetic a0 NMiube, pressure) are
described.

2.4.1. Reaction kinetics

The feed of the RWGS reactor consists mainly of Hy, CO5, CO, CH4
and Ny. There is also a small amount of C2+ hydrocarbons in the feed of
the reactor (0.4 mol % at 800 °C and 5 bar). As the concentrations are
comparably low, the reforming reactions of these short chained C2+
hydrocarbons are neglected in the following approach. This was
concluded to be reasonable as the resulting composition at the outlet of
the reactor shows no significant difference to the equilibrium compo-
sition calculated in Aspen Plus® (see Chapter 3.1). Further, carbon
formation is neglected in the kinetics calculations but monitored in the
Aspen Plus® process simulation (see in Fig. 8 at which operating con-
ditions carbon formation in form of graphite is observed in the equi-
librium calculations).

The reaction is modelled as an isothermal integral reactor (1-D
pseudo-homogeneous model). The intrinsic reaction rates are calculated
according to Xu and Froment for the following reactions [49]:

CH, + H,0=3H, +CO (12)
CO+H,0=CO0, +H, (13)
CH, + 2H,0=4H, + CO, 14)

The equilibrium constants for the three reactions are calculated ac-
cording to [50,51]. From the intrinsic reaction rates the effective reac-
tion rates are calculated assuming an effectiveness factor of = 0.02 for
all reactions (with 5 being a measure of how diffusion, internal and
external mass transfer limitations, reduces the reaction rate - 7is
approximated conservatively from [46]). The number of tubes is itera-
tively increased until the sum of the absolute values for the three
intrinsic reaction rates at the outlet of the reactor is below a certain
value (= 0.1 kmolh™! kgCa['l, reference value approximated from the
intrinsic reaction rates at the outlet of a steam methane reformer in
[48D).

2.4.2. Heat transfer

A mean heat flux over the tube length is assumed. An impact of the
RWGS operating conditions on this mean heat flux is neglected. The
mean heat flux is set to g,, = 100 kW/m?, which is a typical value for
steam methane reforming [45].The number of tubes required can be
directly calculated from the RWGS heat demand Quwgs:

QRWGS (1 5)

Nwbeh =
Gy T Di L

It is evident that, higher heat demand and/or inner diameter requires
larger tube numbers. It is worth noting that this approach does intrin-
sically not give results on the optimum tube length as it does not
distinguish between for example doubling the length or doubling the
number of tubes.

2.4.3. Pressure drop

Higher tube numbers reduce the pressure drop as the volumetric flow
rate decreases. The maximum pressure drop allowed is set to 1 bar. The
pressure drop is calculated according to Hicks [52,53]. Using Hicks
approach, the number of tubes is calculated according to [52]:

1/1.8
Ap 121/0.8 83
== =Dy ——— 16
Wwo <L6‘8 P T 16)
14
Mubedp = 7757 a7)
tube, Ap %DiZWn
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with the void fraction of the catalyst bed ¢ = 0.55 and the equivalent
catalyst pellet diameter D, = 0.0142 m [45]. The viscosities (u,v) and
the volumetric flowrate V are extracted from the process simulation.

3. Results and discussion

In the first subchapter, the approach to identifying the design crite-
rion as well as to find the minimum required steel volume is visualized in
an example at constant RWGS operating conditions. The latter two
chapters discuss the results from the RWGS reactor cost estimation as
well as the results from the assessment of the net production costs at
varying RWGS operating conditions for different hydrogen cost cases.

A detailed analysis of the process behavior at different RWGS oper-
ating conditions is available in [25]. Reducing the RWGS temperature
decreases the CO yield and with that increases the inert gas content in
the RWGS product stream [25]. In order to keep the inert gas content in
the feed of the FT reactor constant, the recycling rates to the FT reactor
decrease leading to higher recycling rates to the RWGS reactor [25]. The
same may be observed when increasing RWGS pressure [25]. Based on
this, higher RWGS pressure and lower RWGS temperature increase the
flowrate in the RWGS reactor. This correlation plays an important role in
finding the optimum RWGS operating conditions.

3.1. Tube design

The following example aims at visualizing the methodological
approach that is described in Fig. 4 and also intends to show the effect of
the number of tubes and inner tube diameter on the resulting pressure
drop, heat supply and reaction rates. For the sake of simplicity (reduc-
tion of dimensions) the example focuses only on identifying the opti-
mum inner tube diameter, whereas the tube length is fixed to 4 m. The
example is evaluated at Trwgs = 800 °C and prwgs = 5 bar.

3.1.1. Axial partial pressure profiles

Fig. 5 shows the axial partial pressure profiles along the tube length
of 4 m. The black dots represent the respective partial pressures derived
from the Aspen Plus® simulation through Gibbs minimization. The very
small deviation between the equilibrium partial pressures (black dots
versus partial pressures at the reactor outlet) may be explained by the
fact that a small fraction of C2+ components was not included in the
integral reactor model. The partial pressure profiles indicate that the gas
composition at the outlet of the reactor is close to equilibrium compo-
sition. The reaction rates in the first part of the reactor are very high,
leading to steep changes of the reactants’ partial pressures. After
approximately 1 m the reaction rates decrease significantly. The mini-
mum number of tubes to satisfy the kinetics criterion (D; = 0.1 m) is 179.

3.5
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Fig. 5. Partial pressures of the reactants along the reactor tube length. Trwgs =
800 °C and prwgs = 5 bar. The number of tubes required are 179 to reach the
kinetic criterion. The inner tube diameter is D; = 0.1 m. The dots at reactor
length L represent the equilibrium partial pressures extracted from the Aspen
Plus® simulation.
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As the changes in partial pressures are small at outlet of reactor, and
close to the values derived from the Aspen Plus® simulation, the kinetics
criterion seems to be in a reasonable range. However, it is worth noting
that the independent calculation of kinetics and heat transfer may only
be regarded as an approximation as the temperature at the inlet of the
tube is far lower than the outlet temperature.

3.1.2. Design criteria assessment

Fig. 6 visualizes how the tube design criterion is identified. Plotted
are the normalized values for the occurring heat supply, pressure drop
and reaction rates (sum of the absolute intrinsic reaction rates at the
outlet of the reactor) as a function of the number of tubes for three
different inner tube diameters D;. Therefore, heat supply, pressure drop
and )" | Intrinsic reaction rates| are normalized by their respective
target values — 30.1 MWy, 1 bar and 0.1 kmol h! kgCa{l. Thus, the
number of tubes required to reach the target values is observed where
the normalized values reach unity.

Fig. 6 shows the influence of the number of tubes and inner diameter
on heat supply, pressure drop and reaction rates. The heat supply in-
creases with increasing number of tubes and inner diameter as the heat
transfer area increases. The pressure drop decreases with increasing
number of tubes and inner diameter as the cross sectional area increases.
The same applies for the reaction rates at the outlet of the reactor. It is
worth reminding that the target here is to reach a reaction rate below a
predefined value in order to satisfy a certain approach to equilibrium.

The different grey tones in Fig. 6 represent the different inner tube
diameters. For example, black lines represent the results for an inner
diameter of 0.1 m. At this diameter, the number of tubes required to
fulfill the respective target specifications are 245, 259 and 180, for heat
supply, pressure drop and kinetics. Hence, the design criterion in this
case is the pressure drop, which is marked with a black dot in Fig. 6. In
comparison, the light grey lines represent the results for an inner
diameter of 0.2 m. The number of tubes required are 123 (heat), 65
(pressure drop) and 45 (kinetics), with heat transfer limitation conse-
quently being the design criterion at an inner diameter of 0.2 m. To
summarize, the number of tubes required are 259 (pressure drop limi-
tation), 165 (heat transfer limitation), 123 (heat transfer limitation) at
D;=0.1 m, D;=0.15m and D; = 0.2 m.

3 | Intrinsic reaction rates |
-

' b
'... ‘/ Heat supply ,/’,
l/ [ \ .

. Pressure drop \

Normalized heat duty, pressure drop and § | intrinsic reaction rates| / -

Number of tubes Ny ue nso/ =

Fig. 6. Normalized heat supply , pressure drop and " |Intrinsic reaction rates|
as a function of number of tubes for different inner tube diameters D;. Heat
supply, pressure drop and )" |Intrinsic reaction rates| are normalized by their
target values of 30.1 MWy, 1 bar and 0.1 kmol h™! kgca.!, respectively. The
dots mark the number of tubes that are required for a certain inner tube
diameter in order to fulfill the respective design criterion. RWGS operating
conditions in this example are Trwgs = 800 °C, prwgs = 5 bar and the tube
length is set to 4 m.
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3.1.3. Optimum inner tube diameter

The next step is to identify the optimum inner tube diameter with
respect to the minimum steel demand. Fig. 7 shows the number of tubes,
the wall thickness and the resulting steel volume for the three inner tube
diameters investigated. The wall thickness rises with larger inner tube
diameter, whereas the number of tubes required decreases. Overall, the
resulting steel volume increases with increasing inner diameter. From
this it is evident that it is not only important to optimize the number of
tubes but to optimize the overall amount of steel by taking into
consideration the different wall thicknesses at different inner diameters.
In this example (Trwgs = 800 °C and prwas = 5 bar) it may be concluded
that the optimum inner tube diameter is 0.1 m (at 4 m tube length) and
the respective design criterion is the pressure drop (although closely
followed by the heat transfer).

3.2. RWGS reactor cost

The following results do not reflect the stand-alone RWGS reactor
cost but incorporate the cumulative impact of process and reactor design
changes through changes of RWGS operating conditions. Thus, the
resulting reactor cost, at a given RWGS pressure and temperature, is only
valid for the specified process configuration. In order to understand the
resulting RWGS reactor cost, the volumetric flow rate, heat demand,
wall thickness, optimum inner diameter and design parameter are dis-
cussed in detail (Fig. 8).

Fig. 8 C shows the impact of the RWGS operating conditions on the
volumetric flowrate. The volumetric flow rate of the RGWS product
increases with decreasing pressure and decreasing temperature. Below a
certain RWGS temperature, the volumetric flow rate rises significantly
due to considerably higher recycling rates to the RWGS reactor (see the
introduction of Chapter 3 for details). Lower RWGS pressures lead to
higher volumetric flow rates, as the density reduces with decreasing
pressure (px1/V).

Fig. 8 B shows the relationship between heat duty and RWGS oper-
ating conditions. For a defined RWGS pressure, the heat demand ex-
hibits a minimum at a certain temperature. From this minimum,
increasing the temperature increases the heat demand mildly due to the
larger temperature difference (QxAT = Trwes — 450 °C), while
decreasing the temperature increases the heat demand more substan-
tially due to higher recycling rates to the RWGS reactor (Quri).

In general, the wall thickness depends on pressure, temperature and
inner diameter (compare Fig. 3). Fig. 8 D, shows the resulting wall
thickness for the respective optimum inner diameter (compare Fig. 8 E
for the according inner tube diameter). The obtained wall thickness rises
significantly at high pressure (> 10 bar) and high temperature combi-
nations, whereas the temperature has only minor impact at low pressure
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Fig. 7. Resulting steel volume, wall thickness and number of tubes required to
fulfill the design criteria at different inner tube diameters (Trwgs = 800 °C,
Prwas = 5 bar).
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(< 5 bar).

Fig. 8 E exhibits the identified tube design criterion. For low pressure
(1 bar), in most cases, the pressure drop is limiting due to the high
volumetric flow rates / velocities (V1 /p). Additionally, kinetics may be
the restricting parameter due to low reaction rates at very low temper-
atures (<650 °C). At intermediate pressure (5-10 bar) pressure drop and
heat transfer are the competing design criteria. At 5 bar, starting from
low temperatures, first heat transfer is limiting due to the higher recy-
cling rates to the RWGS reactor and thus increased heat demand (Qoni),
until, in the region of minimum heat demand, the pressure drop becomes
the limiting factor. Again, at high temperatures the heat transfer is
limiting due to the higher AT and hence higher heat demand (QxAT). At
high pressures (10-25 bar) the heat transfer becomes the limiting factor
as the pressure drop is reduced due to the higher densities/lower volu-
metric flow rates (Vo<1 /p).

Fig. 8 E, also gives the determined optimum inner tube diameter
from the parametric optimization. At low pressure (1 bar), large inner
diameters (D; = 0.2 m) and short tube lengths (L = 4 m) are preferred as
these geometries decrease the pressure drop: large diameters decrease
the volumetric flow rate per tube and short tube lengths generally
decrease the pressure drop (equation (16) and (17)). At high pressures
(> 10 bar), small diameters are preferred although the heat transfer
would be superior at larger diameters (equation (15)). The reason is that
the impact of the inner diameter on the wall thickness increases signif-
icantly with increasing pressure, especially at high temperature, which
in turn leads to high steel volumes (compare Fig. 8 D). Hence, the
smaller inner diameter arises from the impact of the wall thickness and
not from the heat transfer limitation. It is worth noting that, as the area
for heat transfer can either be provided by doubling the tube length or
the number of tubes, it is intrinsically not possible to identify the opti-
mum tube length in the heat transfer limited cases. Overall, the number
of tubes varies between 150 and 566 (assuming a tube length of 4 m for
the heat transfer limited cases).

The grey sections in Fig. 8 E mark the RWGS operating conditions
where carbon formation may be expected from thermodynamic con-
siderations (assuming graphite as carbon). From a thermodynamic
perspective it seems that carbon formation is likely to occur via Bou-
douard reaction, which is favored at low temperature and high pressure.
However, it is worth noting that carbon formation is also highly
dependent on local concentrations and temperatures as well as catalyst
properties.

Fig. 8 A exhibits the resulting equipment cost of the RWGS reactor
ECgrwas, including furnace, tube and catalyst costs, at different RWGS
pressures and temperatures. The cost for furnace and tubes is generally
larger than that for the catalyst (2-14 % of ECrwgs is the maximum
share observed at 1 bar and 600 °C). Over a broad range of operating
pressures (< 10 bar) the furnace cost has the largest share of the
equipment cost (50-70 %). This shifts at high pressure (25 bar) and
temperatures where the tube cost exhibits the largest share (50-65 %).
Overall, at high pressure (25 bar) the reactor cost ECrwgs is the highest
due to significantly greater wall thickness and thus significantly higher
tube cost as well as higher heat demand and hence higher furnace cost.
The minimum RWGS reactor cost are found at 1 bar and 700 °C. How-
ever, there is a broad range of RWGS temperatures at low pressures (< 5
bar) that show only marginal impact on the reactor cost. Below the
optimum temperature, the reactor costs increase due to higher recycling
rates to the RWGS reactor (higher heat demand and higher volumetric
flow lead to higher furnace cost and higher tube cost, respectively).
Above the optimum temperature, the reactor cost rises mildly as the wall
thickness and the heat demand increase.

3.3. Net production cost in 2019

3.3.1. Cost breakdown
Fig. 9 shows the fixed capital invest, net production cost and direct



S. Adelung and R.-U. Dietrich

Fuel 317 (2022) 123440

12 50
H § 900 | k,D=0.2m h,D=0.1m h,D=0.lm h,D=0.1m
w
=1 Sas | 875 | Ap,D=02m h,D=0.lm h,D=0.lm  h,D=0.1m
g Gg o 850 |ap,D=02m h,D=01m h,D=0.m h,D=0.Im
] el g‘“’ r 3 825 | ap,D=02m ap,D=0.1m h,D=0.1m h,D=0.1m
S % 35 | )5 800 | Ap,D=0.2m Ap,D=0.1m h,D=0.1m  h,D=0.1m
§ ol é § 775 | Ap,D=0.2m Ap,D=0.1m h, D=0.1m
3 ‘%:30 Fo g_ 750 | Ap,D=0.2m h,D=0.15m h, D=0.1m
3 ]
2 4 £ 25 B X X X a 725 | Ap,D=0.2m h, D=0.15m Ap,D=0.1m
550 550 650 750 850 g 700 | Ap,D=0.2m h, D=0.15m
Temperature Ty / °C Temperature Ty / °C & 675 Ap,D=0.2m  h, D=0.2m
200 35 650 | Ap, D=0.2m
A D 625 | k D=0.2m
E 250 E30 ¢ E
= E 600 k, D=0.2m
g 200 22T 1 5 10 25
o
; 150 = 20 RWGS Pressure py,q, / bar
g £ |
H =
= 100 ®
g ; or T ]| e lbar  ==--- S bar
g 5o 25t — —10bar ~ ——25bar
3
2 o0 0 . R R
550 650 750 850

Temperature Tayes / °C

Temperature Ty / °C

Fig. 8. A: RWGS reactor cost ECrwas, including furnace, tube and catalyst cost, at different RWGS operating conditions. B: Heat duty required for heating from
450 °C to Trwas plus heat demand for the endothermic reaction. C: Volumetric flowrate V of the RWGS product. D: Tube wall thickness calculated from API 530. E:
Limiting factors (Ap - pressure drop, h — heat transfer, k - kinetics) for estimating the tube cost and the optimized inner tube diameter D;. The grey section expresses
the region where carbon formation (as graphite) occurs in the equilibrium calculations.

NPC: 229 M€,,,0/year

Annuity
6%

FCI: 136 M€50,5

Indirect OPEX
5%

COLUMNS
13%

RWGS
21%

N -

4%
FTS
19%

Direct OPEX: 204 M€,,,0/year
250

212.53

M€,/ year

MEA District

Heating

Waste Electricity Cooling Hydrogen LPG MPS

water Water

Oxygen

-50

Fig. 9. Fixed capital investment (FCI), net production cost (NPC) and direct
OPEX for the case with hydrogen cost of 4.1 €/kgy2 and a RWGS temperature of
800 °C and a pressure of 5 bar. Abbreviations: MEA-Monoethanolamine Ab-
sorption Unit, FTS-Fischer-Tropsch Synthesis, HC-Hydrocracker, COMP-Com-
pressors, HEX-Heat Exchangers, LPG-Liquefied Petroleum Gas (representing the
C1-C4 by-products), MPS-medium pressure steam.

OPEX for a RWGS pressure of 5 bar and a RWGS temperature of 800 °C
(base case hydrogen cost of 4.1 €/kg). In this case the FCI is 133 million
€. Major contributors to the FCI are the MEA unit, FT and RWGS reactor.
The equipment cost for MEA and FT reactor are based on empirical cost
data that scale with the feed/product stream. This seems reasonable as
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the operating conditions of these units (like pressure, temperature, inert
gas content, Hy/CO ratio, conversion) are kept constant at the different
RWGS operating conditions. In contrast to this, the operating conditions
(pressure, temperature, feed composition) of the RWGS reactor vary. At
5 bar and 800 °C, the RWGS reactor cost is close to the minimum RWGS
reactor cost observed in the previous subchapter (compare Fig. 8). The
direct OPEX are 204 million € per annum. By far the largest share of the
direct OPEX is accounted for by the hydrogen cost (212 million € per
annum). Electricity cost for compression and oxygen cost further add to
the direct OPEX. Selling the by-products (district heating, C1-C4 product
fraction and medium pressure steam) gives a revenue of 20.8 million €
per annum. The resulting net production cost is 229 million € per annum
or 3.06 €/kgcs.. The largest share of the net production cost arises from
the direct OPEX and hence from the hydrogen cost. The annuity, rep-
resenting the CAPEX, accounts for only 6 %. Hence, it is evident that the
RWGS reactor cost, as well as the remaining equipment cost, constitute
only a minor share of the net production cost.

3.3.2. Impact of RWGS operating conditions and hydrogen cost on the NPC

As the hydrogen cost is the major contributor to the net production
cost, and also may vary substantially depending on the source (see
Chapter 2.2), three hydrogen cost scenarios are investigated. The
resulting NPCs for the different hydrogen cost scenarios and different
RWGS operating conditions are shown in Fig. 10.The error bars indicate
the 95 % confidence level from the uncertainty analysis (see chapter
2.3). Naturally, the NPCs vary significantly for different hydrogen costs
(1.8-2.6 €/kgcs;+ at 2.3 €/kgua, 3-4.3 €/kgcsy at 4.1 €/kgye and
5.4-7.9 €/kgcs+ at 7.6 €/kgup). Fig. 10 also depicts the Power-to-Liquid
efficiency (assuming 66.7 % efficiency for electrolysis) and the
hydrogen efficiency (see [25] for a detailed analysis). Below a certain
temperature, the hydrogen efficiency and the PtL efficiency decline
drastically with decreasing temperature. Above this temperature, the
impact of the RWGS temperature has only minor impact on the energy
and hydrogen efficiency. The same influence can be found for the NPC,
just vice versa. Below a certain RWGS temperature, the NPC increases
due to lower product output/hydrogen efficiency. Additionally, the
electricity required for compression has an effect on the Power-to-Liquid
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lower heating value.

efficiency, shifting the optimum from the maximum hydrogen efficiency
(at 1 bar) to the optimum at elevated pressure (at 5 bar). This is also
reflected in the NPC. At low hydrogen cost (2.3 €/kgp2) the impact of the
cost for compression is clearly visible (the 1 bar curve is shifted towards
higher NPC), whereas this becomes less important at high hydrogen cost
(7.6 €/kgno). Hence, the lowest NPC is achieved by maximizing the
Power-to-Liquid efficiency in case of low hydrogen cost or by maxi-
mizing the hydrogen efficiency in case of high hydrogen cost. However,
intermediate pressure (e.g. 5 bar) and temperature (e.g. 800-825 °C)
allow for low NPCs through all hydrogen cost cases, if the uncertainty in
hydrogen cost cannot be ruled out. The minimum NPCs estimated are
1.81 €/kg(;5+, 3.06 €/kgc5+ and 5.47 €/kgc5+ for 2.3 €/kgH2, 4.1 €/kgH2
and 7.6 €/kguy, respectively. No additional extrema are expected
outside the varied RWGS pressure and temperature range.

3.3.3. Comparison with literature data

Table 9 lists the net production costs calculated by other authors for
similar processes. As the hydrogen cost is the main contributor to the
NPC, the NPC is recalculated for the different hydrogen costs applied by
the respective author. Recalculating the NPC with the hydrogen cost
from [17] exhibits a good agreement of the NPCs. In comparison to the
NPC calculated by [18], the NPC in this work is higher (2.75 €/kg vs.

Table 9

Comparison with literature data. The NPCs have been recalculated for the given
hydrogen cost in the respective reference (Trywgs = 800 °C and prwgs = 5 bar).
Lower specific costs in [17] representing syncrude production and higher costs
representing diesel production.

Reference Reference NPC This work NPC
€/kgHy €/kg €/kg

Tremel et al. [17] 3 2.01-2.34 2.27

Schemme et al. 4.6 2.75 3.43

[18]
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3.4 €/kg). Further, the Power-to-Liquid efficiency in [18] is significantly
higher (50 % vs. 36.6 %). The higher Power-to-Liquid efficiency may
explain the lower NPC. The difference in energy efficiency may arise
from the higher electrolyzer efficiency assumed (70 % vs. 66.7 %) as
well as from the difference in RWGS heat supply (electrical heating vs.
combustion). Electrical heating has the benefit of less oxygen in the
system and hence less water production. This increases the hydrogen
efficiency, which may result in a higher energetic efficiency (see [25]).
However, the combustion of tail gas has been widely applied in steam
methane reforming (= mature technology), which is why this kind of
heat supply was chosen in this work.

3.3.4. Hydrogen consumption and water production
Hydrogen is converted in different process units within the investi-
gated concept:

e RWGS - activation of COo,

e FTS - synthesis of hydrocarbons from CO,

o oxyfuel burner — provision of heat for RWGS by combustion of tail
gas and

e hydrocracker - cracking of long chained hydrocarbons.

Overall, most of the molecular hydrogen is converted in the con-
version steps (FTS = 54-74 % > RWGS = 21-41 % > hydrocracker ~
0.2 %) and only 3.5-5.2 % are converted in the oxyfuel combustion.
However, from overall process perspective, this is of little relevance as
hydrogen converted to, for example, methane in the FT reactor may still
be reformed in the RWGS unit and thus may still end up in the product.
In contrast, the water that is produced in the different process units (FTS,
RWGS and oxyfuel burner, no water is produced in the hydrocracker) is
subsequently lost. The reason is that the water exits the system and
therefore the hydrogen incorporated in water is not available to be
incorporated in the hydrocarbon product. Consequently, it is more
important to analyze the water yield. The water production is rather
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equally distributed among the process units: FTS = 29-44 %, RWGS =
36-39 %, oxyfuel = 18-33 %. Within the respective energetic plateaus
(compare Fig. 10), the shares do not differ largely. Hence, a represen-
tative distribution is shown in Fig. 11 for 800 °C and 5 bar. In this case
21 % of the overall water produced evolves from the oxyfuel burner. The
hydrogen demand could therefore be reduced by replacing the oxyfuel
combustion with e.g. electrical heat supply. The tail gas used for com-
bustion could then be recycled to the RWGS reactor instead. This affects
the RWGS feed composition leading to increased C1+ concentration. It
may then be necessary to add a pre-reforming step, as applied in
methane steam reforming, depending on the resulting carbon formation
affinity. However, it is worth mentioning that, depending on the
boundary conditions, it may be more suitable to store and/or transport
the electrical energy as hydrogen than to use electricity for heating.

4. Conclusions

The aim of this work was to quantify the impact of different RWGS
operating conditions, within the Fischer-Tropsch based PtL process, on
the net production cost NPC. Therefore, a method was developed to
estimate the RWGS reactor cost at varying RWGS pressure and tem-
perature. This method takes into consideration the cost for furnace,
tubes and catalyst. Regarding the tube cost, the methodology further
allows to identify the design criterion (heat transfer, kinetic or pressure
drop limitation) and the optimum tube geometry.

The RWGS operating conditions are varied within the process and
the according reactor cost ECrwgs is calculated. Hence, the resulting
reactor cost is affected directly (e.g. increasing wall thickness at higher
pressures) and indirectly (e.g. by changes in recycling ratios — changes
RWGS feed composition and flow rate) by the RWGS operating condi-
tions. The outcomes of the RWGS reactor cost evaluation are:

e Tube design criterion: The minimum number of tubes required may
be restricted by heat transfer, kinetic or pressure drop limitation. At
low pressure (< 5 bar), the pressure drop defines the number of
tubes, while at high pressure (> 5 bar) the system exhibits heat
transfer limitations. Kinetic limitations determine the tube number
at low temperatures (< 650 °C).

Optimum tube design: The optimum tube design is defined by the
inner diameter and length combination leading to the lowest steel
volume. At low pressure, the number of tubes is defined by pressure
drop. Hence, short tubes (4 m) and large diameters (0.2 m) are
favorable, as both lead to a reduction in pressure drop. At high
pressure, the increase in wall thickness becomes dominant. Thus,
small diameters (0.1 m) are preferred as they lead to smaller wall
thicknesses.

Reactor cost: The highest reactor cost is observed at high pressure.
High pressure (25 bar) leads to high reactor cost due to large wall
thicknesses and hence high tube cost, as well as high heat demand
and hence furnace cost. Elevated reactor costs are also found at low
pressure (1 bar) and temperature (< 600 °C). Below this tempera-
ture, the volumetric flowrate increases significantly, leading to
higher tube and catalyst cost.

To identify the most economical RWGS operating conditions, the net
production costs are calculated at different RWGS temperatures and
pressures. The findings are:

e NPC cost breakdown: The cost distribution is analyzed for the base
case hydrogen cost at Tgwgs = 800 °C and prwgs = 5 bar. The an-
nuity cost accounts for 6 % of the NPC. As the annuity is closely
related to the overall installed equipment cost, it is evident that the
NPC should not be significantly affected by changes in RWGS reactor
cost (which accounts for 21 % of the FCI in the base case). The major
contributor to the NPC is found to be the hydrogen cost.
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Oxyfuel
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21% Fischer-
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Fig. 11. Water production distribution among the different process units at
Trwes = 800 °C and prwgs = 5 bar. 40 t/h H,O are produced in the over-
all process.

e Optimum RWGS operating conditions: Although the RWGS reactor
cost affects the NPC only marginally, the NPC varies significantly
with changes in RWGS operating conditions. Hence, the NPC is more
dependent on the general process performance than on the impact of
the actual reactor costs. The reason is that changes in RWGS oper-
ating conditions affect the streams in the process, especially the
recycling flowrates and compositions and thus the split ratios of the
recycle. Three different hydrogen cost cases are analyzed. It is
observed that for low hydrogen costs the target should be to maxi-
mize the Power-to-Liquid efficiency, whereas at high hydrogen costs
the target should focus on maximizing the hydrogen efficiency.
Compression work increases with decreasing pressure and temper-
ature, see [25]. At low hydrogen cost, the impact of the costs for
compression is higher (share of hydrogen cost decreases — share of
compression cost increases). Hence, at low hydrogen cost, interme-
diate pressures (5-10 bar) are more favorable (less compression
work), whereas at high hydrogen cost the impact of the cost for
compression almost diminishes - favoring low RWGS pressure (1
bar). Overall, a promising temperature and pressure combination is
800 °C and 5 bar (best case at 4.10 €/kgp2).

Net production cost: As the hydrogen cost has a large share of the
NPC, and the hydrogen cost may vary significantly, three different
hydrogen cost cases are investigated. The respective minimum NPCs
estimated are 1.81 €/kgcs;, 3.06 €/kgcs. and 5.47 €/kgcsy for
2.3 €/kgH2, 4.1 €/kgH2 and 7.6 €/kgH2

To conclude, the RWGS reactor may be operated in a broad range of
operating conditions without extreme impact on the NPC. However,
outside these ranges the NPC may increase drastically (up to 50 %).
Further, the results show that low hydrogen costs are extremely bene-
ficial for the process. Future work should target a more rigorous
hydrogen cost analysis, and consequently syncrude production cost
analysis, via uncertainty and sensitivity analysis to identify the main
drivers for the uncertainty and to quantify the overall impact of the
uncertainty.
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A workflow to conduct a combined uncertainty and global sensitivity analysis supplementing techno-economic
process analysis is depicted and applied in this work. Furthermore, different estimators for conducting the
variance-based global sensitivity analysis are compared with respect to their computational effort. The model
under investigation is a Fischer-Tropsch based Power-to-Liquid process that allows to produce syncrude from
electricity, water and carbon dioxide. One of the major contributors to the uncertainty of the net production cost
is found to be the full load hours of the electrolyzer. Reducing the full load hours of the electrolyzer reduces the
cost for electricity, as the average wholesale electricity price decreases assuming that the electrolyzer is operated
at the cheaper hours within the year. However, it also results in increased storage cost and cost for oversizing of
the electrolyzer. The results indicate, that the reduced costs for electricity do not outweigh the additional costs
for storage and electrolyzer oversizing. Thus, the lowest net production cost is observed at maximum full load
hours of the electrolyzer. The base case syncrude net production cost for the plant situated in Germany is
3.89 €2019 /kgcs+ (5.47 €2019/kgn2). The resulting 95 % confidence interval, after fixing the full load hours of the
electrolyzer to 8 000 h/a, is between 2.79 and 5.29 €3019/kgcs--

1. Introduction

Decarbonization of the transport sector is a major challenge for
human kind in order to reduce the anthropogenic impact on the world’s
climate [1]. Within the transport sector, ships, heavy trucks and air
transport are considered to remain hard to electrify — at least in the near
future [1]. Additionally, storage is an issue arising from the volatile
production of renewable electricity. Fischer-Tropsch (FT) based hydro-
carbons have a high volumetric energy-density, which leads to several
benefits regarding storage, transport and the actual usage [2]. However,
the cost for the production of these FT based e-fuels is still high and
heavily dependent on the electricity price for the actual hydrogen pro-
duction [3]. Therefore, one aim of this work is to investigate whether it
is economically beneficial to reduce the full load hours of the electro-
chemical hydrogen production in order to reduce the cost for electricity.
Consequently, the process under investigation is split into two parts, one
part that provides hydrogen and one part that converts this hydrogen
with carbon dioxide to synthetic hydrocarbons in a reverse water-gas
shift reaction and a subsequent Fischer-Tropsch synthesis. Hydrogen is
produced via water electrolysis. The annual full load hours of the elec-
trolyzer are assumed to be variable between 2 000 and 8 000 h/a.

https://doi.org/10.1016/j.jcou.2022.102171

Reducing the full load hours of the electrolyzer on the one hand reduces
the wholesale electricity price (see chapter 2.4) while on the other hand
it increases the cost for the electrolyzer through oversizing. Hence, the
decision on the optimum full load hours is not straight forward and
requires a detailed investigation.

While conducting an economic evaluation, it becomes evident that
there is a range of uncertainty in the input data. For example, as the
optimum full load hours are not known, these full load hours may be
considered as an uncertain decision variable in the beginning of the
analysis. Generally, including such decision variables in a sensitivity
analysis allows to prioritize the researcher’s subsequent effort for
further investigations. Apart from uncertainty through uncertainty in
decision making there is uncertainty for example in the underlying cost
data for the equipment, cost factors or raw materials that are used to
calculate the net production cost. Performing an uncertainty analysis
allows to quantify the overall uncertainty of the net production cost.
Allocation of the overall uncertainty to the different uncertain input
variables helps the evaluator to analyze and process the outcome of the
uncertainty analysis. This allocation can be provided by a sensitivity
analysis. Therefore, uncertainty and (global) sensitivity analysis are
usually conducted in tandem [4].

As previously stated, uncertainty analysis (UA) targets to quantify
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Abbreviations Variables and constants (Latin characters)
C4j COMPpIessor j. A, B sampling matrix with the size N x k.
Gj hydrocarbon with j carbon atoms. AY, BY Ag® - ith column of matrix A replaced by the ith column of
Cj+ fraction of hydrocarbons with at least j carbon atoms. matrix B.
COMP  compressors and pumps. ACC annualized capital cost.
EEG surcharge to support development of renewable electricity. CAPEX capital expenditures.
FF factor fixing. Ccavern  cavern cost for storing hydrogen and oxygen.
FP factor prioritization. CEPCI  chemical engineering plant cost index.
FT(S) Fischer-Tropsch (synthesis). cI confidence interval.
GSA Global Sensitivity Analysis. Clabor labor cost.
H2tL Hydrogen to Liquid part of the plant. Cstack stack cost.
HC hydrocracker. Cstack replacement COSt for stack replacement.
HEX-j heat exchanger j. EC; equipment cost of equipment i.
v input variable. ECreri  equipment cost of reference equipment i.
KWK surcharge to support development of electricity from ftA);, f(B)j, f (Ag) ) f(BS) ); returned function value for sample j.

combined heat and power generation.
LPG liquefied petroleum gas.

MC Monte-Carlo.

MEA monoethanolamine.

MPS medium pressure steam.
NEV surcharge to aid industries with high electricity demand.
PO plant overhead cost.

POX partial oxidation.

PtL Power-to-Liquid.

QMC Quasi Monte-Carlo.

RND pseudo-random sampling.
RWGS  reverse water-gas shift.
S split j.

UA Uncertainty Analysis.

V+j valve j.

WHB waste heat boiler.

Variables and constants (Greek characters)
€sij, €stij measure for convergence of the sensitivity indices for
sample size j.

€6, measure for convergence of the standard deviation for
sample size j.

Gj standard deviation at sample size j.

it hydrogen efficiency.

ptL, Power-to-Liquid efficiency.

FCI fixed capital investment.

Feco i economic factor j (j = 1...12) for equipment i.
FLHee. full load hours of the electrolyzer.

FLHypy, full load hours H2tL part of plant.

IR interest rate.

k number of uncertain input variables.

LHVcs; lower heating value of C5 + product fraction.
Mes. mass flow C5 + product.

N sample size.
NPC net production cost.
OPEX operational expenditures.

OPEXy;, direct operational expenditures.

OPEXjnqir indirect operational expenditures.

D pre-factor used to compare estimators for GSA.
Peompression €lectricity for compression.

Pejectrolysis  €lectricity for electrolysis.

Pyea electricity for MEA.

S; first-order/ main effect index of input variable i.

SL electrolyzer stack lifetime.

Sti total order/ effect index of input variable i.

Tcr threshold 95 % confidence interval.

Trr threshold for factor fixing.

Y model to be analyzed, here: model for calculating the NPC.
y operating time of H2tL part of plant.

the overall uncertainty arising from a set of uncertain input variables. In
other words, the aim is to calculate the combined probability function
from the set of input probability functions. The joint probability may be
obtained from Monte-Carlo (MC) propagation or classical error propa-
gation methods (derivative based). The Monte-Carlo approach is a
derivative-free black-box approach. The resulting probability distribu-
tion is an approximation and requires larger computational effort in
comparison to the derivative based method [5,6]. Strictly, an exact so-
lution may only be derived under specific circumstances, namely by
applying the derivative based method for linear systems with input
functions exclusively consisting of normal distributions [5,6]. However,
the MC method is able to cope with different kinds of probability dis-
tributions (not limited to normal distributions) and has no limitation to
linear models [5,6]. Due to its broader applicability, MC is applied quite
frequently in UA [5,6]. The MC approach is used in this work, as it is
state-of-the-art in the field of UA.

Once the uncertainty is quantified via UA, the question arises on how
the output uncertainty may be allocated to the different input variables.
The knowledge on how much each input variable contributes to the
output uncertainty for example helps to decrease the number of input
variables by fixing them. This reduces the dimensionality and

consequently reduces the complexity. Beyond that, ranking the input
variables according to their contribution to the overall output uncer-
tainty aids for example to prioritize subsequent research work. The first
setting is known as factor fixing FF and the second as factor prioritiza-
tion FP. Both settings may for example be answered by variance-based
global sensitivity analysis. With this probabilistic method main and
total order Sobol indices (S; and Sri, respectively) are calculated to
answer the two predefined settings. As a result, large main order indices
indicate that an input variable has a high priority, whereas sufficiently
small total order indices point out the input variables that could be
considered for factor fixing. The approach allows the analysis of the
whole parameter input space (global analysis) and is also able to deal
with nonlinear model behavior and interactions among the input vari-
ables (non-additivity of a model). More information on the settings,
variance decomposition and the derivation of the Sobol indices is
available for example in [4,7]. Local sensitivity analysis, or
one-at-a-time analysis, is most often applied by practitioners due to its
simplicity in the implementation and comprehension of the results [8].
However, it is well known that this is bad-practice if the model features
nonlinearities and interactions [8].

Uncertainty and especially global sensitivity analysis are used rather
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sparsely in techno-economic assessments for alternative fuel production
routes. More commonly local sensitivity or one-factor-at-a-time analyses
are conducted. Still, there are publications complementing or solely
focusing on the assessment of global UA and GSA. For example, some
fields where UA and/or GSA are applied are biomass-based processes
[9-16], carbon capture and storage [17-21], energy system analysis
[22], wind farms [23] and photovoltaics [24,25]. All of these studies
include UA and a few also feature global sensitivity analysis. To the
author’s knowledge, no publication is available that investigates the
uncertainty of a Fischer-Tropsch based Power-to-Liquid process nor one
that investigates the sensitivity of net production cost globally. Never-
theless, similar PtL processes have been economically investigated
[26-28]. However, none of the other works explores the impact of the
electrolyzer full load hours on the wholesale electricity price, electro-
lyzer cost, hydrogen storage cost and stack replacement cost and finally
the resulting net production cost.

In this work, a workflow to conduct the combined uncertainty and
global sensitivity analysis in the field of techno-economic process
analysis of alternative fuel production routes is shown. The aim is
further to sensitize on the usage of one-at-a-time versus global sensitivity
analyses. Regarding the variance-based global sensitivity analysis,
several estimators are available in the literature to estimate Sobol
indices (see e.g. [29,30]). In this work, three estimators for calculating
the main and total order indices, respectively, are compared with
respect to their computational effort. Additionally, two different sam-
pling strategies are investigated. The methodological advances to arise
from this work are thus

@ the identification of the estimator to conduct GSA at lowest
computational effort,

@ the identification of the sampling method for fast convergence and

@ to depict an intuitive workflow to conduct combined GSA and UA.

Moreover, this is the first work to investigate the uncertainty of the
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net production cost of a FT based Power-to-Liquid process. In the context
of this process this work targets:

@ to identify and fix non-influential input variables to reduce the
complexity (here the first dataset contains more than 60 input
variables),

@ to prioritize the important input variables with respect to their
impact on the overall uncertainty (here to identify the main con-
tributors to the uncertainty of the net production cost),

@ to analyze important decision variables in order to fix them to their
most beneficial value (here the full load hours of the electrolyzer will
emerge as an important decision variable),

@ to answer the question if a reduction of electrolyzer full load hours
benefits the net production cost and.

@ to finally quantify the remaining uncertainty of the net production
cost after fixing the decision variable(s) and non-influential input
variables.

2. Methodology

The following chapter constitutes of four subchapters. The first
subchapter covers the general workflow to assess UA and GSA, while the
second evolves around the different estimators used for calculating the
Sobol indices. The third subchapter describes the Power-to-Liquid pro-
cess model and the last depicts the approach to calculate the net pro-
duction cost. Furthermore, the input data required for the deterministic
model as well as the probabilistic analysis is summarized in the last
subchapter.

2.1. Uncertainty and global sensitivity analysis: workflow

The workflow for combined UA and GSA is shown in Fig. 1 and the
different steps are described more in detail in this subchapter.
a) First, the input variables to be incorporated in the uncertainty

a) Probability functions

b) Sampling method (MC vs QMC)

4

g

c) Sampling matrix

4

d) Deterministic model - Matrix of function values

4

e) Uncertainty Analysis: Quantify uncertainty
» Cumulative probability distribution
+ Convergence analysis: ¢;;/c

Evaluate T
(Here: T = 0.002)

>

g

f) Global Sensitivity Analysis: Allocate uncertainty
* S} (Azzini 20 vs Jansen 99 vs Sobol 07): Factor fixing (Te-= 0.01)
» S (Azzini 21 vs Jansen 99 vs Saltelli 10): Factor prioritization
« Convergence analysis:
* Esy and €514,
+ Bootstrapping 95% confidence interval of S;/ S; (T, = 0.05)

4

Results:

95 % confidence interval

Cumulative probability / -

Sn

Non-influential

Influential

Ranking

NPC

Fig. 1. Workflow for uncertainty and global sensitivity analysis. In brackets the different possibilities investigated in this study — grey tones highlight the inferior

solution, observed in this work.
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analysis need to be specified. Secondly, probability functions for these
input variables need to be defined in order to have a correlation of the
input variable value with its probability. The probability distributions
may be for example rectangular, triangular or normal distributions
depending on the nature of the input variables. Data on the uncertainty
of a specific input variable may be gathered e.g. from the source that
provides the base case value, through statistical analysis of further
available literature data or with the use of expert judgment. Naturally,
the resulting uncertainty of the model output relies heavily on the input
probability functions that are considered in this step [8]. It is evident
that this is a very important and challenging step in the overall uncer-
tainty and sensitivity analysis procedure. See [17] for more information
on the creation of the probability distributions and chapter 2.4 for the
probability functions used in this work.

b) - d) Both, UA and GSA, rely on a sampling matrix. The input for the
sampling matrix can be provided by pseudo-random sampling (Monte-
Carlo MC) or quasi-random sampling (quasi Monte-Carlo QMC) within a
unit hypercube. Pseudo-random sampling targets at generating
patternless numbers. Here, in the case of pseudo-random sampling, the
RND function provided by Excel is used. In contrast to pseudo-random
sampling, the quasi-random sampling is not random at all. Low-
discrepancy sequences, such as Sobol and Halton, are often found to
exhibit a faster convergence than pseudo-random sampling. In this
work, Sobol sequence is implemented as QMC method. Starting values
for building the sequence (Gray code) are taken from [31]. The sampling
matrix is of the dimension of the number of samples N and two times the
number of input variables k (Nx2k). The 2k arises from the fact that two
matrices are required to conduct the GSA, A and B, see Table 1. Hence,
the first k-columns are dedicated to matrix A and the remaining k-col-
umns to matrix B. From the sampling matrix, the function evaluations
(model runs) are computed — N for matrix A and N for matrix B, hence,
returning 2 N function values. These function values are used for UA and
GSA. Thus, with the same computational effort, the apparent sample size
is N for GSA and 2 N for UA. Depending on the estimators, further model
evaluations are required to calculate the matrices AP and/or BY. In case
of A the ith column of matrix A is replaced by the ith column of matrix
B.

e) UA uses the function values derived from matrix A and B: f(A);
and, f(B)with j=1...N. Reordering and creating suitable intervals
yields the cumulative probability distribution of the model output —
from which for example confidence intervals or the standard deviation ¢
may be calculated. In order to evaluate and visualize the convergence of
the UA, g, is calculated, representing the stochastic convergence of the
standard deviation [32]. Therefore, 2 N standard deviations are calcu-
lated from a sample size of one to the maximum sample size of 2 N. From

Table 1
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these, the maximum absolute difference, for a given sample size j, is
calculated: g5 = sup |oj-05] with s = j-4, j-3,..., 2 N. In order to get a
s

relative value, this is further normalized with the standard deviation ¢
from the maximum sample size 2 N.

f) As the settings in this work are factor prioritization and fixing, the
main and total order indices, S; and Sti, are calculated. The following
subchapter 2.2 describes how the sensitivity indices are calculated from
the matrices derived in step d). Chapter 2.2 also introduces the different
estimators under investigation. The key performance indicator to
compare the different estimators is the computational effort required to
reach stochastic convergence. Convergence is assumed when all i indi-
vidual 95 % confidence intervals for Si/St; reach a certain threshold
[33]. Increasing the sample size N reduces the 95 % confidence interval.
Hence, the sample size where all i 95 % confidence intervals are below
the threshold of T¢; = 0.05 [33] marks the sample size with a convergent
solution. Small confidence intervals are not only helpful to reach sto-
chastic convergence but are also beneficial for clearer rankings as less
overlaps between der sensitivity indices are observed. Bootstrapping is
conducted to obtain the 95 % confidence interval for each of the i
sensitivity indices S;/Sti [34]. The sample size for bootstrapping is equal
to the actual sample size for calculating S;i/Sti and the number of
resamples is 1 000. Furthermore, €5; and s, are calculated to asses
and visualize the stochastic convergence and compare the different
sampling methods. This is conducted similarly to the calculation of &4:
es; = sup [Sij- Sis| with s = j-4,j-3,..., N. Hence, for a given sample size

s

j» aset of es,; and es;,; is established. In order to have one single per-
formance indicator, the mean value over all input variables is calculated:
&, =1 Y5 e, and &, =L 3f jes,,. In order to validate the findings
from factor fixing, plausibility checks are conducted to ensure that the
predefined threshold of Tpr = 0.01 leads to satisfying results. Therefore,
all input variables with small Sti, below the predefined threshold of
0.01, are fixed and the impact on the cumulative probability distribution
is analyzed. In this work, the predefined threshold is found to be too high
(see chapter 3.3). The results indicate an appropriate Tgr < 0.002 to be
reasonable for factor fixing in order to still obtain a similar variance as
observed prior factor fixing.

2.2. Global sensitivity analysis: settings and estimators
Global sensitivity analysis is conducted for the following settings

@ S;: Factor prioritization (FP) — Ranking.
@ Sti: Factor fixing (FF) — Screening.

Nominator and denominator to calculate first and total sensitivity indices S; and Sr;, respectively. N-sample size, k-number of input variables or dimensionality. For a
fair comparison the sample size for the Azzini estimators is half the sample size compared to the remaining estimators: Na,, = N/2.

Nominator for S;: Vx, (Ex_ (Y]X;)) = Cost of evaluation Pre-factor p= Denominator Source
Itelli 1 1 i i N( 2 N Itelli
Saltelli 10 : Z)N:lf(B)J(ﬂA;}))J ~ fa)) (6] (k+2) Saltelli 08 130]
Jansen 99 1 N (i) 2 ii Nk +2 N Saltelli 08
vY) - 5 S G(B) - (AR ® e [37)
Azzini 21 25 (f(4), — FAal))(FBY), - £(B),) (iii) 2N(k + 1) 2Nz Azzini 20 -
Nominator for St Ex_ (Vx, (Y|X-;) =
Sobol 07 1 (i i Nk +2 N Saltelli 08
obo 5 ), - fag)) R ®k+2) altell (391,301
i)y \2 i
Jansen 99 2}1\1:1 (f(A)j(f(A;;) b W) N(k +2) N Saltelli 08 [37]
. 02 o2 . .
Azzini 20 EJN:1 (f(B)j 7f(B,(3>)j) n (f(A)j *f(A;:))j) (vi) 2N(k + 1) 2 Naz, Azzini 20 1401

Denominator: V(Y) =
i 1 1
Saltelli 08 z ZjN:l(f(A)j)z _ (ﬁ Z,tlf(A)ﬂz

VL ((FA); - fBY) + (A, — fBY)) (vif)

(vii)

Azzini 20

[40]
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Factor prioritization targets to rank the different input variables
among each other. Therefore, the main effect or first-order sensitivity
index S; is used as it relates to the average expected variance reduction
for fixing the input variable i [30,35]. Thus, a large first-order index S;
(S; = 0...1) indicates a large average variance reduction by fixing of i. In
other words, this index is a measure of the additive effect of i on the
model output. The main effect index S; has the property Y S; < 1.Fora
model Y = f(X;,X,,...,Xy), S is calculated according to:

Vx,(Ex(Y|X))

S V()

In contrast, the total effect, or total effect, sensitivity index S; rep-
resents the average expected (remaining) variance if all input variables
but input variable i could be fixed [30]. Hence, it relates to the average
expected variance reduction by fixing all the other input variables while
still varying input variable i [30]. The total effect sensitivity index is
calculated from (X—;: matrix of all input variables except i):

S = Ex,(Vx(Y|X-:)
v(Y)

The total order index adds up the first-order index and higher order
indices, e.g. for a model with three input variables: St; = S; + S12 +
S13 + S123. Hence, it is a measure of the additive plus interaction effects
of i on the model output. Due to its nature the sum of all total order
indices is at least unity, ) Sy > 1. If the interaction between the input
variables is negligible, the higher order sensitivity indices approach
zero, resulting in > S; =1 and Sy = 1. The model is then additive.
The objective of factor fixing is to identify the input variables that have a
negligible impact on the uncertainty and, hence, are at least close to
non-influential. To identify the according input variables, the total-order
index Stj is used. A total-order index of zero marks an input variable that
has no impact on the model output. However, usually a threshold larger
than zero is set below which the impact of an input variable is assumed
to be negligible. A commonly assumed threshold is Tgg = 0.01 [33].

Table 1 summarizes the different estimators under investigation.
Among the estimators for calculating St; the Jansen estimator is the
closest to being state of the art ([30] and recently again confirmed in
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[29,36], where different estimators for calculating St; are compared).
For the same sample size N, the cost of evaluation is larger for Azzini
20/21 than for the other estimators (almost double for a large number of
input variables k). Hence, in order to have a similar cost of evaluation for
a fair comparison in the following investigations, the sample size of the
Azzini estimators applied is half the sample size of the other estimators:
Nazz =N/2. To simplify this in the presentation of the results, a
pre-factor p is introduced to show this adaption: p = N = 2 Na,.

2.3. Power-to-Liquid process model

The Power-to-Liquid process investigated in this work consists of an
electrolysis section and a hydrogen-to-syncrude section (see Fig. 2). The
latter is operated at 8 000 h/a and converts hydrogen to the desired
C5 + products (H2tL part). A techno-economic process analysis of the
H2tL process is available in [3,41]. These publications also provide a
detailed process description and further background information. In
contrast to the H2tL part the full load hours of the electrolyzer FLHje.
are assumed to be variable between 2 000-8 000 h/a. In the base case,
the electrolyzer operates at 8 000 h/a leading to an overall stationary
process (no cavern storage necessary). Wholesale electricity prices
change throughout the year. The hourly cost profile is derived from
SMARD database (= day-ahead market price for the market area Ger-
many and Luxembourg in 2019) [42] and depicted in Fig. 3. Operating
the electrolyzer at hours with low electricity prices reduces the elec-
tricity cost. This requires a reduction of full load hours of the electro-
lyzer which increases the equipment cost through oversizing and
additional cavern cost (constant hydrogen provision to the H2tL part).

Fig. 2 shows the flowsheet of the investigated Power-to-Liquid pro-
cess. Hydrogen and oxygen are produced in a proton exchange mem-
brane electrolyzer from water and electricity. The electrolyzer is either
on or off depending on the electricity cost at the respective hours of the
year. If the full load hours are smaller than 8 000 h/a, hydrogen is stored
in a salt cavern to be used during hours when no hydrogen is produced.
Oxygen is either directly provided to the oxyfuel burner, stored in a salt
cavern for later provision of oxygen to the burner or sold in case of
excess oxygen. Carbon dioxide is provided via monoethanolamine
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| H,-to-Liquid Process |
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Fig. 2. Flowsheet of the Power-to-Liquid process consisting of a hydrogen supply part and the H2tL part. The hydrogen supply part constitutes an electrolyzer,
operated for 2 000-8 000 h/a, using caverns to supply a constant hydrogen feed to the remaining plant. Hydrogen and CO,-rich gas from the cement plant is
processed in/passes through several units: MEA-monoethanolamine absorption, RWGS-reverse water-gas shift, WHB-waste-heat boiler, FTS-Fischer-Tropsch, S-j-

splitter, C-j-compressor, V-j-valve.
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Fig. 3. Fluctuating hourly electricity prices in Germany 2019 derived from
SMARD database [42]. The respective maximum electricity prices of the
cheapest hours obtained after 8 000 and 2 000 h of operation are: 8 000 h/a —
54.2 €30910/MWh and 2 000 h/a — 30.2 €3019/MWh. These maximum prices
mark the electricity prices at which the electrolyzer is shut down for a given
number of full load hours.

scrubbing (MEA) from the COj rich off-gas of an average sized cement
plant [41]. The heat demand required for the MEA unit is provided by
the exothermic Fischer-Tropsch reactor [41]. Hydrogen and carbon di-
oxide are converted in the endothermic reverse water-gas shift reaction
(RWGS) to produce carbon monoxide (5 bar and 825 °C, see [3,41]).
Subsequently, the product gas is cooled in a waste-heat boiler (WHB) to
prevent metal-dusting. Water is separated from the product stream, and
the remaining syngas continues to the exothermic Fischer-Tropsch (FT)
reactor (25 bar, 220 °C) where hydrogen and carbon monoxide react to
a broad range of hydrocarbon chain lengths (Co-catalyst, fixed-bed
reactor, model based on [43]). The FT product is separated and long
chained hydrocarbons (waxes) are fed to a hydrocracker to increase the
product output in the desired chain length (C5 +). The light components
are recycled to increase the carbon efficiency of the process [3,44]. A
partial amount of this recycling gas continues to the FT reactor in order
to provide a constant inert gas content in the feed of the FT reactor [41].
A second part continues to the oxyfuel burner to provide the high
temperature heat for the RWGS reactor and the remaining gas is recy-
cled to the RWGS reactor [41]. Pinch analysis is carried out to calculate
the amount of cooling water required and to assess the amount of me-
dium pressure steam and district heating that may be sold [41].

2.4. Economic methods and assumptions

Table 2 provides the input data to calculate the base case net pro-
duction cost NPC. The NPC is calculated from Egs. (ix)-(xi). The
approach is described in detail in [45,46]. The NPC is calculated from
the annuity ACC, direct OPEX, indirect OPEX, labor cost and the mass
flow of the C5 + product rics, . Direct OPEX are calculated from the
specific material cost for raw materials, utilities and by-products.
Table 2 depicts the factors and bases used for the calculation of the in-
direct OPEX. The annuity ACC is calculated from the fixed capital in-
vestment FCI, the lifetime of the plant y and the interest rate IR. The FCI
is calculated from the equipment cost EC; and the economic factors Feco,j,

j*
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_ ACC + 37 OPEX4ir + 3 OPEXingir + Ciabor

NPC - (ix)
Mcs+
m 10 12
FCI = ECix (14 Y Fuoi) X (1+ Y Fecoij) ®
i=1 J=1 Jj=11
1 +IR) IR x y
ACC = FCI x (1R x —LF1R) Xy i)

(IT+IRY —1" 9

In addition to the base case values to calculate the base case net
production cost, Table 2 also summarizes the input data for the UA and
GSA. The analyses include uncertainties of the equipment cost, cost for
raw materials, utilities and by-products, cost factors for calculating in-
direct OPEX and the FCI and a few general assumptions. As a result, 60
input variables are investigated. Each uncertain input variable requires
the definition of its probability distribution. In this work, triangular
distributions are assumed as the probability functions. This triangular
function is defined by a minimum, a maximum value and the highest
probability is assumed to be at the base case value (see Table 2).

General plant assumptions: The hydrogen-to-liquid part of the PtL-
plant operates 8 000 h/a and is provided with a constant hydrogen feed
of 6 t/h. The full load hours of the PEM electrolyzer are assumed to be
between 2 000 and 8 000 h/a [61], with 8 000 h/a in the base case. The
stack lifetime affects the stack replacement cost. A broad range of stack
lifetimes is observed in the literature: 20 000-70 000h [47],
60 000-100 000 h [24], 40 000h [62], 50 000-80 000 [53], 20
000-85 000 [57], resulting in an overall range for this uncertainty
analysis between 20 000 h [47] and 100 000 h [24]. The base case is
assumed to be 40 000 h [48].

Raw materials, utilities and by-products: The specific costs/ben-
efits for water, MEA and the by-products are assumed to be in the range
of — 15 % to + 20 % which represents Class 2 in [63]. An important
contributor to the NPC is the cost for electricity. The specific cost for the
steady state provision (8 000 h/a) of electricity is derived from the
Eurostat database for large scale industrial consumers (consumption
larger than 150 000 MWh/a, data only available for the second semester
of 2019) [49]. This database distinguishes between three levels: level
1 — electricity price excluding taxes and levies, level 2 — excluding VAT
and other recoverable taxes and levies, level 3 — including all taxes and
levies. For the different price levels the electricity cost in 2019 were
34.8 €2019/MWh, 76.8 €2019/MWh and 111 €3939/MWh, respectively.
Thus, the range of uncertainty from no to maximum additional charges
is 0 €2019/MWh to 76.2 €2019/MWh while 42 €2019/MWh (including
concession fee, EEG surcharge, KWK surcharge, offshore surcharge, NEV
surcharge and surcharge for switchable loads = level 2) is assumed to be
the base case. In contrast to that, the electricity cost for operating the
electrolyzer varies with the full load hours of the electrolyzer. Reduced
full load hours allow for lower electricity cost as the electrolyzer may be
operated at hours with lower electricity prices. The hourly electricity
price, without taxes and levies, is derived from the SMARD database and
depicted in Fig. 3 [42]. From these values the mean cumulative elec-
tricity price is calculated (see Fig. 4). This sets in relation the average
price of the cheapest hours to the cumulative hours of consumption. In
other words, the mean cumulative electricity price at 8 000 h/a of
electrolyzer full load hours is calculated by averaging the electricity
prices of the 8 000 cheapest hours in 2019. The resulting average price
for 8 000 h of electrolyzer operation is 35.3 €2019/MWh. This is slightly
higher than the value obtained from the FEurostat database
(34.8 €2019/MWh). Very few cumulative hours of consumption (smaller
than 2 000 h/a) lead to a large reduction and even negative prices. In
the range of 2 000-8 000 h the mean price scales almost linearly. Fig. 4
shows the resulting equation that is used to calculate the mean cumu-
lative electricity price (y) as a function of the specific full load hours of
the electrolyzer FLHjec (X).

Equipment cost: It is assumed that the cost for the first set of stacks
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Base case, minimum and maximum values used to calculate the NPC in the uncertainty and global sensitivity analysis as well as for the deterministic cost analysis [ 3,24,

42,45-56,59,60].

General Plant Assumptions Min Max Base
Plant full load hours FLH - - 8000 h
Hydrogen flow rate - - 6th
Interest rate /R 0.04 0.08 0.07
Plant lifetime y - - 20 years
Annual full load hours electrolysis FLH,je. 2000 h 8000 h 8000 h
Stack lifetime SL [24, 47, 48] 20000 h 100 000 h 40 000 h
Raw materials and utilities Min Max Base €019/
Electricity for electrolysis, excl. taxes and levies [42] =f(FLHeec) 353 MWh
Electricity for H2tL, excl. taxes and levies [49] - - 34.8 MWh
Taxes and levies [49] 0 76.2 42 MWh
Cooling water [50] -15% +20 % 0.005 m’
Fresh water [51] -15% +20 % 2.06 t
MEA (per CO, captured) [52] -15% +20 % 2313 t
Waste water [45] -15% +20 % 2.28 m’
Stack cost [47, 48, 53] 358 791 450 kw
Stack replacement cost = (FLH.iee, SL) 5.738 MWh
By-Products Min Max Base €019/
District heating [54] -15% +20 % 0.03 kWh
Oxygen [45] -15% +20 % 23.77 t
Medium pressure steam [55] -15% +20 % 19.24 t
C1-C4 product [56] -15% +20 % 1.252 kg
Equip t Cost EC}' Min Max Base Unit
Electrolyzer [24, 48, 57] =f(FLHeec)

-57.2% +83.3% 3884 Meézois
Cavern [58] = (FLHgec)

30 % +50 % 0 Meéais
MEA scrubbing [52] -30 % +50 % 7.6 Mé€19
HEX [46] -15% +20 % 0.96 Mé€19
Pumps/ Compressors [46] -15% +20 % 9.97 M€s019
Hydrocracker [59] -30 % +50 % 7.3 M€x19
Fischer-Tropsch synthesis [60] -30 % +50 % 52 Mé€yg19
Reverse water-gas shift [3] -30 % +50 % 5.74 M€x19
Columns [46] -15% +20 % 3.51 Mé€19
Economic Factors for FCI Fe;j withj=1...12 [46] Min Max Base Basis®
1 Installation factor 0.25 0.55 0.47 EC
2 Instrumentation & control 0.08 0.5 0.36 EC
3 Piping system 0.1 0.8 0.68 EC
4 Electrical systems 0.1 0.4 0.11 EC
5 Buildings 0.1 0.7 0.18 EC
6 Yard improvements 0.1 0.2 0.1 EC
7 Service facilities 0.3 0.8 0.7 EC
8 Engineering & supervision 0.32 0.33 0.33 EC
9 Construction expenses 0.34 0.41 0.41 EC
10 Legal expenses - - 0.04 EC
11 Contractor's fee 0.015 0.06 0.05 D+1
12 Contingency 0.05 0.15 0.1 D+1
Factors for estimating indirect OPEX [46] Min Max Base Basis®
Operating supervision 0.1 0.2 0.15 OL
Maintenance labor 0.01 0.03 0.01 FCI
Maintenance material 0.01 0.03 0.01 FCI
Operating supplies 0.1 0.2 0.15 M
Laboratory charges 0.1 0.2 0.2 OL
Insurances and taxes 0.014 0.05 0.02 FCI
Plant overhead costs PO 0.5 0.7 0.6 TLC
Administrative costs 0.15 0.25 0.25 PO

1EC = Equipment Cost, D + I = Direct (j = 1-7) and Indirect (j = 8, 9) plant costs.

2Economic factors Feco,i,j considered for the different equipment types: All economic factors included for MEA, Pumps, FTS, RWGS, Columns; Including factors for
installation, buildings, construction expenses, contractor’s fee and contingency for electrolyzer and compressors; No economic factors included (turnkey) for cavern

and hydrocracker.

30L = Operating Labor calculated from specific labor cost and man-hours [45], M = Maintenance Material and Maintenance Labor, TLC = Total Labor Costs from

operating supervision, OL and Maintenance Labor.

is already included in the equipment cost of the electrolyzer while the
cost for stack replacement is assigned to the operational expenditures.
The cost for stack replacement Csack replacement iS calculated based on the
stack cost Csiack, the lifetime of the stacks SL, the full load hours of the
electrolyzer FLHgje., the H2tL plant lifetime y and the H2tL full load
hours FLHyo:

Cstack replacement — Cstack / (v ® FLHy21) ® (FLHelec ® y - SL) / SL.

For large stack lifetimes and small electrolyzer full load hours, the
lifetime of the stacks may exceed the lifetime of the plant. This results in
negative values for the stack replacement cost. In these cases, the cost for
stack replacement is set to zero.

For the sake of simplicity, all HEX, pumps & compressors and

columns are combined in Table 2, although they are investigated sepa-
rately in the model. Columns, pumps, compressors and HEX are assumed
to have an uncertainty range of — 15 % to + 20 % (Class 2 [63]),
whereas the reactors, scrubber and caverns are assumed to be in the
range of — 30 % to + 50 % (Class 4 [63]).

The range of electrolyzer equipment cost ECgjectrolyzer (8000 h) is obtained
from a literature review with — 57.2 % to + 83.3 %. More specific, this
range results from the range of the specific equipment cost: 550 €2019/kW
[24], 1285 €2019/kW [48] and 2355 €2919/kW [57], which results from the
ranges observed in the different studies: 1390-1470 €2017/kW [47],
800-2200 €2020/kW [571, 1200-1500 €2917/kW [481,
700-1400 USD2p20/kW  [53], 614-1704 USD2p20/kW [24] and
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Fig. 4. Mean cumulative electricity price after a respective number of pur-
chased hours. The mean cumulative electricity price is calculated by averaging
the cheapest hourly electricity prices provided by SMARD database (see Fig. 3).
The fitted 5th order polynomial, mean cumulative electricity price y as a
function of hours of operation x, is applicable for 2 000-8 760 h.

1300 €2017/kW. Additionally, the electrolyzer cost varies with varying full
load hours FLHgjec: ECF.lectrolyzer = ECElectrolyZer (8000 h) ® 8 000 h/a/FLHejec.
In the base case the electrolysis is operated at 8 000 h/a which results in
equipment cost of 388.4 M€yy o (specific equipment cost of
1285 €2019/kw).

In the base case the electrolyzer and the H2tL-part of the plant
operate at the same full load hours. Hydrogen and oxygen are contin-
uously fed to the H2tL plant. In contrast, full load hours FLHgje. smaller
than 8 000 h require hydrogen and oxygen storage. It is assumed that
hydrogen and oxygen is stored in salt caverns at a pressure of 30 bar.
Boundary electricity prices are calculated above which the electrolyzer
is shut down at the respective full load hours. Hence, these boundary
prices mark the maximum hourly price that is reached after a respective
number of hours of consumption. As an example, Fig. 3 shows the
boundary prices for 2 000 and 8 000 h/a electrolyzer full load hours.
Comparing the boundary prices with the hourly prices in Fig. 3 shows
when the electrolyzer is operated and when it is shut down. If the hourly
price is lower than the boundary price, the electrolyzer is producing
hydrogen feeding the H2tL plant and the cavern. If the hourly price is
higher than the boundary price then the H2tL plant is fed from the
hydrogen salt cavern instead. The size of the hydrogen salt cavern is
derived from the maximum loading required for constant hydrogen
provision. Oxygen is produced along with the hydrogen production. The

Table 4
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Fig. 5. Fixed capital investment FCI, annual net production cost NPC and direct
OPEX for the base case (FLHcjec=8 000 h). MEA-Monoethanolamine absorption
unit for CO, recovery, RWGS-reverse water-gas shift reactor including oxyfuel
burner, FTS- Fischer-Tropsch reactor, HC-hydrocracker, COMP-pumps and
compressors, HEX-heat exchanger, COL-columns, LPG-liquefied petroleum gas
representing the C1-C4 by-product fraction.

oxygen cavern size is designed in order to provide enough oxygen in
times when the electrolyzer is shut down. Excess oxygen is sold. From
the cavern sizes the cost are approximated using the cost function pro-
vided by [58]. Two cost functions are fitted for the combined cavern cost
for hydrogen and oxygen storage dependent on the full load hours:

Ccavern = 224.513-0.01595 o FLHejec for FLHeee <7 000 h/a and
Ccavern = 915.013-0.11454 o FLHjec for FLHejec > 7 000 h/a.

See Table 4 for the resulting cavern sizes and costs.

Economic factors for estimating the FCI and indirect OPEX: The
minimum, maximum and base case values are extracted from [46], who
also provided the general methodology for the calculation of the NPC.

Cost calculated for different full load hours of the electrolyzer FLH,je.: Electricity cost for electrolysis without taxes and levies, boundary electricity price for sizing of
salt caverns, respective storage amount and cavern cost, equipment cost for the electrolyzer and stack replacement cost for different stack lifetimes (20 000, 40 000 and

100 000 h).

FLHqe.  Average Boundary H, o2 Hy cavern Oy cavern  Electrolyzer Stack replacement Stack replacement Stack replacement
electricity electricity stored stored cost cost cost (40 000 h) (20 000 h) (100 000 h)
price price

h/a €2019/MWh €2019/MWh to10/a  trore/a  Méxog Mé2019 Mé2019 M€zp10/2 Mé€z010/2 Mé€z010/2

2000 18.45 30.23 4 882 6 500 128 64 1552 0 7 0

3000 23.13 34.3 4 487 3800 125 55 1035 3 14 0

4 000 26.25 37.01 3442 1500 116 42 776 7 20 0

5000 28.71 39.98 2830 600 110 33 621 10 27 0

6 000 30.92 43.95 1962 400 99 29 517 14 34 1

7 000 33.04 48.11 1315 250 89 26 443 17 41 3

8000 35.31 54.19 0 0 0 0 388 20 48 4
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Reference net production cost compared to this work. For a fair comparison the hydrogen-to-syncrude section of the plant is cut off and the NPC is recalculated based on

the hydrogen prices applied in the reference publication.

Reference Reference This work
€/kgm NPC €/kg NPC €/kg
Base Case 5.5 3.9
Tremel et al.[27] 3 2-2.3 2.3
Schemme et al.[65] 4.6 2.8 3.4
Zang et al.[64] 4.5 3.5 3.4

3. Results and discussion

The following four subchapters elaborate on the global sensitivity,
uncertainty and deterministic cost analysis. The first subchapter focuses
on the net production cost breakdown for the base case. Then, different
estimators and sampling methods for calculating the global sensitivity
indices are compared with respect to their computational effort. In the
third subchapter, the impact of the uncertain input variables on the net
production cost of the Power-to-Liquid products is evaluated. Subse-
quently, the most important input variables regarding the uncertainty
are analyzed more in depth in a deterministic cost analysis.

3.1. Base case net production cost

The base case net production cost is calculated from the base case
input data provided in Table 2. Fig. 5 exhibits the resulting cost con-
tributors to the net production cost NPC, fixed capital investment FCI
and direct OPEX. The annual net production cost is 291 M€5p19/a for a
product output of 74.74 ktcs, /a which results in specific net production
cost of 3.89 €/kgcs,. or 88 €/GJcs, (based on lower heating value). The
main contributor to the NPC is the direct OPEX (65 %) followed by the
annuity (22 %) and indirect OPEX (including labor cost). The annuity
results from the fixed capital investment. The FCI is dominated by the
electrolyzer cost (78 %). The annual direct OPEX is 189 M€2p19/a with
the electricity cost for electrolysis having the largest share of
187 M€gp19/2a followed by stack replacement cost for the electrolyzer
(20.4 M€gp19/a) and electricity cost for the H2tL part of the plant
(6.6 M€2919/a). The revenue from the by-products LPG, oxygen, steam
and district heating sums up to almost 28 M€3(19/a. To summarize, the
hydrogen production has a large share of the net production cost
through firstly electricity cost (64 %) and secondly electrolyzer cost
(17 %). Hence, the NPC is highly dependent on the electricity cost for
electrolyzer operation, which further depends on the full load hours of
the electrolyzer (8 000 h/a in the base case, no salt caverns required)
and the additional costs for taxes and levies (see chapter 3.2). From
these results it is reasonable to argue that it should be the first priority to
reduce the electricity price, e.g. by operating the plant at hours with low
electricity.

Similar FT based PtL processes have been economically investigated
by other researchers. In order to compare the results with literature data
the hydrogen-to-syncrude section of the plant is decoupled from the
hydrogen provision. Hence, the process is fed with hydrogen purchased
for a specified price instead. A comparison of the results with the
adapted hydrogen prices used in the different publications yields the
results depicted in Table 3. The NPCs calculated by Tremel et al. [27]
and Zang et al. [64] are in good agreement with this work. Schemme
et al. [65] calculate lower NPC, which may be related to their higher
Power-to-Liquid efficiency.

3.2. Global sensitivity analysis

This subchapter targets to compare two sampling strategies (RND vs.
QMC) to calculate the sensitivity indices, to identify the most suitable
combination of estimators to calculate the main and total effect

sensitivity indices and to conduct factor prioritization as well as factor
fixing (assuming the predefined threshold Tgp).

The two sampling methods are compared (see Fig. 6A) by comparing
the mean changes of €s,; and &s,,; for varying sample sizesj. &s; and &s,,;
are measures for the stochastic convergence averaged over all input
variables i at a respective sample size j. Generally, the Sobol sampling
method (lines) outperforms the pseudo-random sampling method (dots)
as smaller g5, and &, result for the same sample size j. The progression
of the convergence of the main and total effect index for Sj azini 21 and
Sti,Azzini 20 is identical, whereas it is almost identical for S; saicenti 10 and
Sti,sobol 07- In contrast, the total effect index Stijansen 99 converges
significantly faster than the main effect index S; jansen 99. Overall, the
smallest €, s, are obtained for S azini 21, STi,Azzini 20 and Sti jansen 99-
Hence, these estimators exhibit the fastest stochastic convergence.

Fig. 6 B/C shows the resulting main and total effect indices at
different sample sizes for the different estimators. For the sake of
simplicity, only the five input variables with the largest sensitivity
indices and their respective 95 % confidence intervals are depicted. For
a fair comparison, the sample size N is halved in the Azzini case to
provide similar cost of evaluation among the estimators (pre-factors
D = 2 Ny, for Azzini 21/20 and p = N for the other estimators). As ex-
pected, increasing sample sizes lead to smaller confidence intervals
throughout all estimators. However, the sensitivity index values them-
selves do not differ largely within the investigated sample sizes.

The horizontal black line in Fig. 6 B/C indicates the threshold for the
maximum confidence interval (T = 0.05) that was preliminary assumed
to be necessary in order to reach stochastic convergence [33]. The resulting
confidence intervals are compared with this threshold. The sample size
where the confidence intervals of all i input variables are below the
threshold marks the sample size that is required to reach stochastic
convergence. The smaller this sample size, the lower the computational
effort as fewer model evaluations are required.

The different estimators for the calculation of the main effect index S;
show significant deviations in their confidence intervals (Fig. 6 B). Within
the given sample size (p = 15 000), Saltelli 10 does not reach the target
threshold for large main order indices S;. Hence, larger computational
effort would be required to reach the threshold, especially in order to
reduce the confidence intervals for large main effect indices. Similarly,
Jansen 99 does not reach the threshold, also requiring larger sample size
p > 15 000. In contrast to Saltelli 10, the confidence intervals are more
equally distributed among the different input variables but slightly larger
for smaller main effect indices S;. In contrast to the other estimators Azzini
21 requires comparably low computational effort (p < 5 000) to reach the
target threshold. Consequently, comparing the different estimators to
calculate the main effect index S; shows that Azzini 21 outperforms the
other estimators leading to the ranking: Azzini 21 > Jansen 99 > Saltelli
10.

Similar results are obtained when comparing the estimators for calcu-
lating the total order indices St; (Fig. 6 C). Sobol 07 does not reach the target
threshold within the investigated sample size. The threshold is exceeded
particularly at large St;. In contrast, Jansen 99 and Azzini 20 perform su-
perior, both requiring less than the minimum investigated sample size
(p < 5 000) to reach the target threshold T¢y. For both, the confidence in-
tervals increase with increasing St One might argue that a proper
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Fig. 6. A: Comparison of sampling methods — random sampling (Excel function RND) and quasi-random sampling (Sobol). For the definition of &,; and &s,,; see
chapter 2.1 f). B and C: Main and total effect indices (S; and Sty) for different pre-factors (p = 2 Nj,, for Azzini 21/20 and p = N for the other estimators
(p = 5 000-15 000)) as well as the respective 95 % confidence intervals (the sample size for bootstrapping to calculate confidence intervals equals sampling size for
calculating Si/Sti, the number of re-evaluations for bootstrapping is 1 000). Sensitivity indices are calculated based on Sobol sampling. The threshold for stochastic

convergence is assumed to be T¢; = 0.05. For the sake of simplicity, the y-axes are only labelled in the left diagram of each row. Thus, the same scale applies for the
respective two diagrams in each row.
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estimation of large Sy is not necessary as the main objective of S is to fix
the unsensitive variables (FF) and hence a good estimation of small St; may
be more important. However, an accurate approximation of all Sr; also al-
lows to conclude additive/non-additive behavior of the model through
adding up all total order indices. Overall, Azzini 20 and Jansen 99 outper-
form Sobol 07 leading to the following ranking: Azzini 20 ~ Jansen 99 > >
Sobol 07.

Fig. 7 shows the resulting main and total effect indices (largest nine,
rest not shown for the sake of simplicity) for the different estimators
(assuming p = 15 000 and Sobol sampling) including the corresponding
95 % confidence interval. The obtained main sensitivity indices S; azzini
21 are used for factor prioritization and the total order indices Sti, Azzini 20
for factor fixing. A preliminary threshold of Trr = 0.01 (black line) is
assumed for factor fixing (see chapter 2.1). Thus, input variables with St;
< 0.01 are assumed to be close to non-influential and may potentially be
fixed in further studies. Seven of the 60 input variables show a total
order index larger than Stiazini 20 > 0.01. However, further in-
vestigations in the uncertainty analysis in chapter 3.3 indicate that a
threshold of Tgr = 0.002, resulting in nine sensitive input variables,
should be applied. Among the sensitive input variables a factor priori-
tization is conducted using the Azzini main effect indices S azzini 21-
Three of the input variables lead to substantially larger main effect
indices. For these three input variables no overlap of the confidence
intervals is observed — hence leading to a clear prioritization: Levies and
taxes for electricity (0.35) > Electrolyzer equipment cost ECgjec (0.29)
> Full load hours electrolyzer FLHcjec (0.26). For most input variables
the main and the total effect indices do not differ largely, except for
ECe¢lec and FLHejec, where the total order index is larger than the main
effect index. From this it may be concluded that for ECejec and FLHe|e. the
higher order indices are substantially larger than zero and thus in-
teractions are present. Overall, this results in ) S; =0.96 and
> Sti = 1.04, so an almost, but not purely, additive system (additive
model: Y~ St = 1).

To summarize, quasi-random sampling (QMC) speeds up the sto-
chastic convergence in comparison to pseudo-random sampling (RND).
Hence, in order to reduce the computational effort, Sobol sampling is
proposed over pseudo-random sampling. Azzini 21 requires the lowest
computational effort for the calculation of the main effect index S;. In
order to make the best use of the function evaluations (= model runs), it
is beneficial to use the Azzini 21 and Azzini 20 combination for the
estimation of both sensitivity indices as no additional function evalua-

tions are required for the calculation of Stj azini 20 (f (B)j, f(A)j, f (Ag) )j
and f (B/(P ); for the sample size Nz, are already calculated for Si, Azzini 21,

compare Table 1). It is also possible to use the Jansen 99 estimator for
the calculation of Stj, but this leads to Na,, additional function evalua-

tions in order to reach the same pre-factor p (f(A);, f (Aﬁ? ); with Nag, =
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Fig. 8. Cumulative probability distribution of the NPC for different input var-
iable cases (Sobol sampling, 15 000 samples). The numbers of the input vari-
ables (IV) 1-9 correspond to the ranking from Fig. 7.
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Njansen 99/2 already calculated for S; azzini 21). The most important
contributors to the uncertainty are: Levies and taxes for electricity (0.35)
> Electrolyzer equipment cost ECejec (0.29) > Full load hours electro-
lyzer FLHelec (0.26). The results from factor fixing are investigated more
in detail in the following subchapter.

3.3. Uncertainty analysis

The following subchapter quantifies the uncertainty arising from the
uncertainties of all input variables as described in chapter 2.4.
Furthermore, the impact of factor fixing different sets of input variables
on the cumulative probability distribution is investigated. The outcome
is used to examine the suitability of the predefined threshold for factor
fixing that is applied in chapter 3.2. In addition, two sampling strategies
(MC vs. QMC) are compared in terms of convergence of the standard
deviation.

The resulting cumulative probability distribution, taking into
consideration all 60 input variables (IV), is shown in Fig. 8 (‘Vary all
IV’). The resulting 95 % confidence interval considering all 60 input
variables is obtained at 3.12-6.64 €2019/kgcs: (width of 95 % confi-
dence interval ACI = 3.52 €2019/Kgcs5)-

In chapter 3.2 factor fixing is conducted with a predefined threshold
of Stj < 0.01, leading to a set of seven input variables with a total order
index larger than this threshold. Fig. 8 (‘Vary IV 1-7') shows the
resulting cumulative probability distribution if all 53 input variables
with St; < 0.01 are fixed to their base case value as shown in Table 2.
Ideally, after factor fixing, the variance should be close to identical
compared to the variance prior factor fixing [22]. In other words, factor
fixing targets to reduce the number of input variables without significant
loss in accuracy. However, the resulting confidence interval ACI
= 3.32 €2019/kgcs.+ is significantly smaller and shifted to smaller values.
Hence, the number of input variables taken into consideration for the
uncertainty analysis is increased according to their ranking for St; as
observed in Fig. 7. First maintenance material is added (‘Vary IV 1-8'),
leading to a larger confidence interval (ACI = 3.44 €2019/kgcs), but still
showing some deviation in comparison to the cumulative curve for
varying all IV. Finally, almost identical cumulative probability distri-
butions are observed when further adding the salt cavern cost (‘Vary IV
1-9', ACI = 3.55 €2019/kgcs). In the present case, it may be concluded
that the predefined threshold of 0.01 seems to underestimate the num-
ber of input variables required. Iterative identification of the number of
relevant input variables lead to less than 1 % deviation between the two
confidence intervals (prior and after factor fixing). As a result, the cor-
responding threshold for factor fixing is reduced to Tgr = 0.002.

The net production cost for the base case is 3.89 €2019/kgcs, (Fig. 8,
see also chapter 3.1). With a probability of 20 % the NPC is smaller than
the base case cost. One input variable considerably contributing to the

0.1
<
Qﬁ 0.01
5
0.001
0.0001
0 10000 20000 30000 0 10000 20000 30000
Sample size 2j / - Sample size 2/ -

Fig. 9. Normalized deviation of the standard deviation (e, j: see chapter 2.1 e),
o: standard deviation of the cumulative probability function at maximum
sample size) at varying sample sizes and for different sampling methods: quasi-
random sampling ‘Sobol’ and pseudo-random sampling ‘RND’, maximum
sample size: 2j = 30 000. Left: vary all input variables (k = 60), right: vary
reduced number of input variables after factor fixing and further fixing FLHejec
(k = 7). Scale of the y-axis applies for both diagrams.
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fact that the uncertainty for higher NPCs is larger (80 %) than for lower
NPCs (20 %) is the design variable FLHejec. The full load hours of the
electrolyzer is one of the three main contributors to the uncertainty and
also a design variable. The deterministic cost analysis in chapter 3.4
leads to the conclusion that the full load hours of the electrolyzer have to
be as high as possible in order to reduce the NPC. Therefore, FLHgje. (IV
3), being a design variable, is fixed to 8 000 h/a. Conclusively, no salt
cavern is necessary to store the produced hydrogen and oxygen (IV 9 is
fixed). The resulting cumulative probability (‘Vary 1,2,4-8(9)") is shown
in Fig. 8. The confidence interval ACI = 2.50 €2019/kgcs; is notably
smaller than without fixing the design variable FLH,je. and also shifted
to smaller NPCs. As a result, the uncertainty is reduced substantially.
Fixing FLH,|e. further results in a changed model behavior: ° S; = 1 and
3" Sti = 1. This means that the remaining model is additive. The prob-
ability that the NPC is smaller than the base case cost is now at 41 % with
the 95 % confidence interval between 2.79 and 5.29 €2019/kgcs.

Two sampling methods, quasi-random and pseudo-random, are
compared in terms of convergence of the standard deviation (see Fig. 9).
Two cases are investigated. In the first case all 60 input variables are
varied (‘Vary all IV’). In this case the two sampling strategies lead to
similar results. The second case fixes most of the input variables leaving
only seven for variation (‘Vary 1,2,4-8(9)’). In this case, the quasi-
random sampling (Sobol method) outperforms the pseudo-random
sampling quite notably. Thus, the Sobol method’s advantage increases
with decreasing number of input variables k.

3.4. Deterministic cost analysis

This subchapter investigates the impact of the electrolyzer full load
hours (design variable) on the net production cost in a deterministic
approach. Moreover, the net production cost dependency on the three
main contributors is investigated. As the hydrogen cost is the main
contributor to the NPC of the syncrude, the hydrogen cost is explored.

Table 4 shows the impact of the electrolyzer full load hours on the
electricity price, salt cavern cost, electrolyzer cost and cost for stack
replacement. The average electricity prices in this table are derived from
the SMARD database for the year 2019 by cumulating and averaging the
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Fig. 10. Annualized cost for electrolyzer electricity, stack replacement, cav-
erns, electrolyzer and the sum thereof as well the specific net production cost
NPC in dependence of the electrolyzer full load hours FLHjec.

12

Journal of CO2 Utilization 65 (2022) 102171

10

Base Case
Taxes and levies cost variation
9 \ Electrolyzer equipment cost variation
=+ = Min Min
" — — Max Max

Net production cost NPC / €9, kgcs,®
ey

3000

4000 5000 6000 7000

Full load hours electrolyzer FLH,,,. / ha

Fig. 11. Influence of the electrolyzer cost, full load hours and taxes and levies
on the net production cost. Base case: see also Fig. 10, values from Table 2.
Taxes and levies variation: 0-72 €/MWh, electrolyzer equipment cost variation:
550-2355 €/kW, Min Min- minimum values for levies and taxes and minimum
value for electrolyzer cost, Max Max- maximum values for levies and taxes and
maximum values for electrolyzer cost.

hours with the lowest electricity prices (see chapter 2.4). Taxes and
levies are not included in this electricity price. Naturally, the price in-
creases with increasing full load hours as more of the costly hours
contribute to the average price. From 2 000 to 8 000 h/a, the electricity
price is almost doubled. As has been mentioned in chapter 2.4, the
cavern sizing is conducted based on a boundary price for a respective
FLHglec. This price determines when the electrolyzer is shut down. The
amount of hydrogen and oxygen that needs to be stored decreases with
increasing full load hours until no storage is necessary at 8 000 h/a.
Consequently, the respective cavern costs (storage at 30 bar) also
decrease with increasing FLHje.. As linear scale-up is assumed for the
electrolyzer, and the hydrogen feed to the H2tL plant is kept constant for
the different FLHe. cases, it is evident that the electrolyzer costs
inversely correlate with the full load hours of the electrolyzer (four times
the electrolyzer cost at 2 000 h/a than at 8000 h/a). The amount of
initially purchased stacks with the electrolyzer consequently increases
with reduced FLH,je. resulting in reduced stack replacement cost. Larger
stack lifetimes also reduce the stack replacement cost, until the stack
replacement cost diminishes at long stack lifetimes and small FLHejec.
Fig. 10 shows the impact of the electrolyzer full load hours FLHejec on
the cost for stack replacement, caverns, electrolyzer, and electrolyzer
electricity (non-dependent input variables are fixed to base case values
from Table 2). Non-linear behavior is observed for both the annualized
costs and the specific net production cost. Reducing the electrolyzer full
load hours from the base case operation at 8000 h/a leads to a reduction
in electricity cost and stack replacement cost but increases the electro-
lyzer cost and storage cost in salt caverns. The largest variation is
observed for the electrolyzer cost (four times the cost at 2000 h/a than at
8 000 h/a as numbering up is assumed). The electricity cost in the base
case is already on a high level but the reduction in electricity cost is not
nearly as large as the increase in electrolyzer equipment cost. Conse-
quently, the slight cost reduction of the electricity cost does not
outweigh the larger equipment cost for the electrolyzer. This becomes
even more evident when adding up the annualized cost for electricity,
stack replacement, caverns and electrolyzer, where the sum of the
annualized cost increases monotonously with decreasing full load hours.
As a result, the net production cost is the lowest for the maximum full
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load hours of the electrolyzer FLHcjec = 8 000 h/a.

As levies and taxes, full load hours of the electrolyzer and electro-
lyzer equipment cost are the main contributors to the uncertainty, their
impact on the NPC is depicted in Fig. 11. The uncertainty in the specific
electrolyzer equipment cost results in a large uncertainty of the NPC at
low FLHgjec: NPC in the worst case almost 2.5 times larger than the NPC
in the best case. Especially in the pessimistic electrolyzer cost case
(2355 €/kW) the NPC is highly dependent on FLHgje. In the optimistic
electrolyzer cost case (550 €/kW) the influence of FLHcje, almost di-
minishes (8 000 h/a still result in the lowest NPC). The impact of taxes
and levies, that add to the electricity cost for electrolysis, on the specific
NPC is almost constant at different full load hours. The minimum cost
calculated for the optimistic electrolyzer and electricity cost cases (no
levies and taxes, minimum electrolyzer cost and 8 000 h/a electrolyzer
operation) is 2.03 €3019/kgcs+-

From the previous results it is evident that the hydrogen production
part of the plant has a large impact on the overall economics. Therefore,
the hydrogen production process is separated from the H2tL process to
calculate the hydrogen net production cost. The resulting hydrogen net
production cost in the base case (8 000 h/a, base case values from
Table 2) is 5.47 €2019/kgna. The variation of full load hours without
additional uncertainties (similar to Fig. 10, base case values from
Table 2) results in a hydrogen cost range of 5.47-9.25 €3019/kgpa. The
minimum hydrogen production cost calculated for the optimistic elec-
trolyzer and electricity cost cases (no levies and taxes, minimum elec-
trolyzer cost and 8 000 h/a electrolyzer operation) is 2.67 €2019/kgm2.

4. Conclusions

Global sensitivity (GSA), uncertainty (UA) and deterministic cost
analyses are conducted for a Fischer-Tropsch based Power-to-Liquid
plant located in Germany for the base year 2019. Generally, the ana-
lyses incorporate uncertainty in the cost of equipment, raw materials,
utilities, by-products, interest rate and economic factors for calculating
capital expenditures and indirect operational expenditures. More spe-
cific, one major part of the uncertainty arises from the uncertainty in the
electrolyzer’s full load operating hours FLH.je which impacts the elec-
tricity cost for hydrogen production, the electrolyzer cost, the electro-
lyzer stack replacement cost and the salt cavern storage cost.

Estimators for global sensitivity analysis: Different estimators, for
assessing the variance-based sensitivity indices, are compared in terms
of computational effort. As measure of convergence, the confidence in-
tervals of the sensitivity indices have to be lower than a certain threshold
(Tcg =0.05) [33]. Comparing the different estimators gives the
following rankings (from small to large computational effort) for S;:
Azzini 21 > Jansen 99 > Saltelli 10 and for Syi: Azzini 20 =~ Jansen
99 > > Sobol 07. If both main and total effect index are to be deter-
mined, the optimum use of the function evaluations (lowest computa-
tional effort) results for the combination g ozzini 21 and Sti Azzini 20-

Sampling methods: Sobol sampling outperformed pseudo-random
sampling in GSA. The comparison of Sobol sampling and pseudo-
random sampling in UA reveals that especially for small numbers of
input variables k the quasi-random sampling outperforms random
sampling with respect to faster convergence of the resulting standard
deviations. For large numbers of input variables k pseudo-random
sampling approaches the results obtained with Sobol sampling. This
finding is in good agreement with the observations from [66].

Factor Fixing and Prioritization: At first, a threshold of Tyr = 0.01
was assumed for factor fixing. Seven of the 60 input variables result in
Sti > 0.01. The factor fixing threshold applied in GSA is further inves-
tigated in the uncertainty analysis. The results indicate that a more
conservative threshold (Trr = 0.002) is necessary in order to have a
similar cumulative probability distribution before and after factor
fixing. As a result, 51 of the 60 input variables may be fixed to reduce the
model complexity without significant loss in accuracy. Three input
variables have a substantially larger main effect index than the
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remaining indices. The ranking from factor prioritization is: Levies and
taxes for electricity (0.35) > Electrolyzer equipment cost (0.29) > Full
load hours electrolyzer (0.26). The electrolyzer full load hours is a
design variable and further investigated in a deterministic analysis in
order to obtain the optimum FLHgjec.

Deterministic Analysis: GSA and UA are subsequently com-
plemented by a deterministic cost analysis with special attention to the
three main contributors to the uncertainty. The resulting base case net
production cost for syncrude is 3.89 €2019/kgcs+ (5.47 €2019/kgn2). In
the base case, the share of electrolyzer equipment cost is substantially
smaller (17 % of NPC) than the share of electricity cost (64 % of NPC).
However, the variation of the electrolyzer full load hours reveals that the
reduction in electricity cost, at smaller FLHe|e., does not outweigh the
cost for additional electrolyzer equipment. Hence, the lowest NPC is
observed at maximum full load hours of the electrolyzer. The minimum
net production cost calculated for the optimistic electrolyzer and elec-
tricity cost cases (no levies and taxes, minimum electrolyzer cost and
8 000 h/a electrolyzer operation) is 2.03 €2019/kgcs - (2.67 €2019/kgH2)-
Fixing the full load hours of the electrolyzer, which is a design variable,
to its most beneficial value (8 000 h/a), gives a 95 % confidence interval
between 2.79 and 5.29 €3019/kgcs.. Furthermore, fixing FLHeje. reduces
the dimensionality from nine uncertain input variables to seven (no salt
caverns necessary at maximum FLH.e.) and leads to additive model
behavior.

Outlook: This work focuses on the uncertainty of relevant economic
input data to the NPC calculation of the PtL process. Uncertainty in
process parameter may also be of interest in future analyses — for
example the performance of electrolysis (e.g. efficiency) or Fischer-
Tropsch synthesis parameter (e.g. Hp/CO, CO conversion, tempera-
ture). However, input variables must be considered carefully as the
described approach is only valid for uncorrelated input variables [4].
Beyond that, approaches for non-independent input variables are also
available in literature [67,68].
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3. Results and Discussion

This chapter is divided into three subchapters in order to address the three research objectives that
are introduced in Chapter 1.2 — technical analysis, economic analysis as well as uncertainty and global
sensitivity analysis. The technical analysis is conducted in Paper 1 and 2. The economically optimum
RWGS operating conditions are investigated in Paper 2, whereas Paper 3 investigates the impact of
varying electrolyzer full load hours on the net production cost. Paper 3 also discusses the economic
uncertainty and conducts a global sensitivity analysis to identify the main contributors to the

uncertainty.
3.1. Technical Analysis (Paper 1 & 2)

The following subchapter summarizes the outcome of the technical process analysis. First, isolated
thermodynamic equilibrium calculations are conducted to investigate the influence of RWGS pressure
and temperature on the product yields at constant feed conditions. Subsequently, the whole process
is analyzed regarding different efficiencies (carbon, hydrogen and Power-to-Liquid efficiency). The

subchapter ends with a detailed discussion of the results.
Isolated RWGS equilibrium calculations:

The RWGS reactor’s task is to provide CO for the subsequent FT reaction. Figure 6 shows the calculated
equilibrium CO; conversion and CO selectivity for an exemplary feed of H,/CO, = 2 at varying RWGS
pressure and temperature. The CO, conversion is comparably mildly affected by changes in pressure
and temperature. However, the CO selectivity is very sensitive to these changes. The selectivity
towards methane increases with decreasing temperature and increasing pressure. Graphite formation
becomes of relevance at temperatures below 650 °C. In order to maximize the CO vyield, high
temperature and low pressure are required from equilibrium perspective. From these isolated
equilibrium calculations it can be concluded that the temperature should be at least 600-700 °C in

order to establish a favorable once-through CO yield in the RWGS reactor.

The integration of the RWGS unit into the PtL process concept results in varying RWGS feed
compositions at varying RWGS operating conditions. More specific, the variation of the RWGS
operating conditions yields H,/CO; ratios in the range of 2-3 and a CH4 content between 1-30 mol % in
the feed of the RWGS reactor. Although the isolated equilibrium calculations are only valid for the
selected feed composition, the general finding that higher CO yields are established with lower RWGS
pressure and higher RWGS temperature are important for the following analysis of the PtL process

efficiencies.
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Figure 6: Equilibrium CO; conversion X and CO/CH,/C selectivity S in Aspen Plus® for a constant feed
of H,/CO; = 2. Note: Carbon C is considered as graphite.

High energy-dense synthetic hydrocarbons for aviation and shipping are the target product of the
investigated process. More specific, the target is to produce a maximum amount of C5+ hydrocarbons
from electricity/hydrogen and carbon dioxide. Hence, the material and energetic efficiencies are
investigated with respect to the C5+ target product fraction (see Figure 7 for the definitions of the

different efficiencies).
Carbon efficiency:

The carbon efficiency sets in relation the carbon in the C5+ product to the carbon in the cement plant’s
off-gas. Diluted carbon dioxide enters the process as off-gas from the cement plant and is subsequently
recovered in a monoethanolamine scrubber with a recovery rate of 90 %. The carbon efficiency is
boosted substantially through recycling of the gaseous components and restricted mainly by the
recovery of CO, from amine scrubbing. It is not affected by the RWGS operating conditions when
considering all hydrocarbons as product (Paper 1: ncc2+ = 88 %). In contrast, the carbon efficiency
towards the C5+ fraction is affected through changes in RWGS operating conditions (see Figure 7 right).
A higher C5+ carbon efficiency is obtained at lower RWGS temperature and higher RWGS pressure. At
these conditions the recycling rate to the RWGS increases, which increases the reforming of C2-C4.
This results in a reduction of the C2-C4 fraction in the product output and in return increases the C5+

amount/fraction. The maximum carbon efficiency observed is nc = 86.8 %.
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Hydrogen efficiency:

The hydrogen efficiency sets in relation the hydrogen incorporated in the C5+ product to the hydrogen
obtained from electrolysis. The hydrogen efficiency increases with decreasing RWGS pressure.
Pressure dependent optima are observed with respect to the RWGS temperature (see Figure 7 left).
The main hydrogen-containing by-product from the process is water. Reducing the RWGS temperature
lowers the CO yield, leading to an increase of the inert gas content in the RWGS product gas and thus
to an increased recycle rate to the RWGS reactor. An increase in pressure results in the same effect as
is observed for a reduction in temperature. In conclusion, low temperature and high pressure are
unfavorable for a high hydrogen efficiency (contrarily to what is observed regarding the optimum
carbon efficiency!). Additionally, high temperatures induce a higher heat demand also leading to
higher water production. The minimum water production, and hence highest hydrogen efficiency

(nu =24.6 %), is observed at low RWGS pressure and rather low RWGS temperature (700 °C & 1 bar).
Power-to-Liquid efficiency:

Overall, the investigated PtL process is exothermic. Thus, no external heating is required.
Consequently, the electricity supply is the main energy input. The Power-to-Liquid efficiency sets in
relation the resulting energy in the C5+ product, based on the lower heating value, to the electricity
demand for electrolysis, CO, recovery and the compression work. In comparison to the results
obtained for the hydrogen efficiency, the optimum operating conditions are shifted to slightly higher
RWGS pressure and temperature (new=36.6 % at 800 °C & 5 bar), as the work for compression
increases with decreasing RWGS pressure. Similar to the hydrogen efficiency, a plateau is observed

where the RWGS operating conditions only have a minor impact on the process performance.

Overall, the PtL process provides a significant amount of heat that can again be used to produce
electricity in a steam cycle and thereby increase the energy efficiency by 2 % (Paper 1). However,
whether this is economically beneficial remains yet to be proven. Beyond optimization of the RWGS
operating conditions, the Power-to-Liquid efficiency may be increased by increasing the electrolyzer
efficiency and oxyfuel burner temperature and by reducing FT temperature, H,/CO ratio as well as
through improved heat transfer in the RWGS reactor (Paper 1). Still, changes in these process
parameters do not lead to other optimum RWGS operation conditions (Paper 1). Thus, it may be

concluded that robust optimum operating conditions are obtained.
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Figure 7: Material efficiencies (hydrogen and carbon) and Power-to-Liquid efficiency of the Power-
to-Liquid process at different RWGS operating conditions. The target product is the C5+ fraction.

Discussion:

Table 1 compares the obtained material and energy efficiencies with data available in the literature.
The theoretical values are derived in Chapter 1.1. As the electrolyzer efficiency can only be increased
through technology improvement, the benchmarking PtL efficiency at a realistic electrolyzer efficiency

of 66.7 % is added to the table.

Theoretical efficiencies: The hydrogen efficiency is about 9 % lower in this work in comparison to the
theoretical optimum obtained from the stoichiometric consideration. The deviation can be explained
by the hydrogen that is lost as water through combustion in the oxy-fuel burner and water that is
produced through methanation, in the RWGS and the FT reactor, and C2-C4 production, in the FT
reactor. A minor amount of hydrogen also ends up in the by-products C2-C4 (dissolved in the liquid
C5+ fraction). About 15 % of the carbon from the cement plant off-gas does not end up in the syncrude.
This is mainly due to the scrubber recovery efficiency of 90 %. Losses in C2-C4 and purge gas, that is
required in order to avoid accumulation of inert components, further add to the carbon losses. The PtL
efficiency is about 20 % lower in comparison to the benchmark PtL efficiency. This results from the

reduced hydrogen efficiency as well as from the additional electricity consumption for compression.

Carbon Efficiency: Neither the RWGS nor the FT reactor allows for full conversion. Thus, the carbon
efficiency depends mainly on the fact if the gaseous components exiting the FT reactor are again
recycled to the RWGS. Conclusively, a once-through operation tends to result in rather low carbon
efficiencies (Vazquez et al. — pilot plant, Zang et al. only recycle CO; but not the other gases). If the FT

gases are recycled, carbon efficiencies larger than 80 % can be achieved for a scrubber recovery rate
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of 90 % (this work, Schemme et al. and Vazquez et al.-theoretical). Additionally, the carbon efficiency
is mildly affected by the amount of gas that needs to be purged in order to avoid accumulation of inert

gases.
Table 1: Material and energy efficiencies from this and other works. Brackets indicate that the data

was not available and further assumptions had to be made in order to calculate the according values
(n.a. — not available).

N Nc NptLLHY NElec., LHY
Theoretical maximum (compare Chapter 1.1) 33.3% 100 % 70 % 100 %
Benchmark efficiency (compare Chapter 1.1) 56 % 66.7 %
Maximum in this work (compare Figure 7) 24.6 % 86.7 % 36.6 % 66.7 %

Base case this work (RWGS @ 800 °C & 5 bar) 24.0 % 83.1% 36.6 % 66.7 %

Tremel et al. [23] n.a." n.a.h n.a." n.a."
Schemme et al. [24] 313% (88 %?) 50.6 % 70 %
Zang et al. [67] (23.6 %°) (41 %) (38.5 %) -
Kénig et al. [16] 27.4%°) (663%%)  43.3% 69.7 %
Vazquez et al. SOLETAIR - pilot plant [19] n.a." 38 % n.a." -
Vazquez et al. - theorectical [19] 32% (87.3 %) 43.7 % 67 %

2 The carbon conversion from CO; to fuel is 98 %. Assuming the amine scrubber recovery rate from this work of 90 % yields
an overall carbon efficiency of 88 %.

b The carbon conversion from CO, to fuel is 45.5 %. Assuming the amine scrubber recovery rate from this work of 90 % yields
an overall carbon efficiency of 41 %.

¢ The model boundaries assume hydrogen as input. Assuming the electrolyzer efficiency from this work of 66.7 % yields a
Power-to-Liquid efficiency of 38.5 %.

dBenchmarking value for the applied electrolyzer efficiency.

e Calculated by applying an approximate hydrogen/carbon ratio of 2 for the product.

fThe carbon conversion from CO; to fuel is 97 %. Assuming the recovery rate from this work of 90 % yields and overall carbon
efficiency of 87.3 %.

8 The carbon conversion from CO, to fuel is 73.7 %. Assuming the recovery rate from this work of 90 % yields and overall
carbon efficiency of 66.3 %.

h n.a — not available: Value could not be calculated with the data available in the respective literature source.

Hydrogen and Power-to-Liquid Efficiency: A high hydrogen efficiency is necessary to achieve a high
Power-to-Liquid efficiency as this implies a high conversion from the electrochemically derived
hydrogen to the product. Therefore, the approaches with the higher hydrogen efficiencies allow for
higher PtL efficiencies. Both, Konig et al. and Schemme et al., use the RWGS product gas to preheat
the RWGS feed. The RWGS product, however, creates an environment that has a high risk for metal
dusting, which is a potential risk for a safe operation of the heat exchanger (see Appendix B).
Furthermore, the RWGS product composition may change through reverse reaction in a heat
exchanger, which would require experiments in order to assess the actual, cooled product composition
in comparison with the equilibrium composition (possible wall catalysis in the heat exchanger, see
Appendix A). Therefore, in this work, it is assumed that the product requires rapid cooling in order to

allow for a safe operation and to avoid any of these side effects. That means that the product gas
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cannot be used to preheat the RWGS feed but is cooled down rapidly in a waste-heat boiler. This,
however, leads to a higher energy demand for the RWGS reactor and thus, to a lower hydrogen
efficiency as more of the recycling gas needs to be combusted. Additionally, Schemme et al. use
electrical preheating of the RWGS reactor which also reduces the hydrogen consumption at the
expense of more electrical energy input. Still, their operating electrical energy consumptions including
electrical RWGS heating seems rather low (1.1 MJ/Kgproquet) in comparison to the electricity

consumption obtained in this work (4 MJ/Kgproduct).

Carbon formation: Carbon formation in the reactor may lead to a breakdown of the unit and may
therefore narrow down the possible RWGS operating window. Graphite formation is observed in the
equilibrium calculations at reduced temperatures (below 675 °C, 750 °C, 800 °C, 850 °C at 1 bar, 5 bar,
10 bar, 25 bar, respectively, see Paper 2 - Figure 8). However, these operating conditions result in a
low Power-to-Liquid efficiency (see Paper 2 or Figure 7) and are thus not favorable from an energy
perspective. Moreover, experimental investigations show that a suitable catalyst may help to
kinetically suppress the carbon formation even at operating conditions where carbon formation is
predicted from equilibrium calculations (refer to Annex A for the outcome of the experimental

investigations).

Limitations: Strictly, the results in Figure 7 are only valid for this process setup with this specific set of
operating conditions for all the process units. However, it is observed that the optimum is robust to
changes in other major technical parameters (local sensitivity analysis in Paper 1). Hence, the resulting
optima for the material and energy efficiencies are valid for a broad range of operation, for

similar/identical technologies.

Conclusions: In this work, it is assumed that CO, is provided from a cement plant off-gas. Consequently,
only little energy is required to separate the CO, from this off-gas. The amount of heat that is required
can readily be provided from the exothermic FT synthesis. As a consequence, the carbon efficiency
does not seem relevant within this concept as it does not substantially add to the energy consumption.
However, if CO, was considered to be not available as a point source but would need to be captured
from air at a substantial energy demand [68], the focus could shift more to maximizing the carbon
efficiency instead of the hydrogen efficiency. The hydrogen efficiency is closely related to the methane
forming/reforming and extent of heat demand in the RWGS reactor, which is dependent on the RWGS
operating conditions. Low temperature and high pressure both lead to high methane formation and
heat demand through higher recycling rates to the RWGS reactor. This results in a higher water
production and hence loss in hydrogen as the water is subsequently separated from the process. Also,
high temperatures induce a higher heat demand which reduces the hydrogen efficiency. Using
electrical heating for the RWGS and recuperation of the RWGS feed with the RWGS product stream

has the potential to further increase the hydrogen efficiency especially at high temperatures. However,

62



a safe operation has to be technically proven. Furthermore, the hydrogen efficiency could potentially
be improved through catalyst development that would reduce the production of C1-C4 in the FT

reactor.
3.2. Economic Analysis (Paper 2 & 3)

The results from the technical evaluation aid practitioners to understand the material and energy
efficiencies. Some of the results from the technical analysis may closely correlate to the economic
behavior. This is for example the case when a large share of the cost is allocated to a certain raw
material. Consequently, it is important to minimize the required input of this raw material and thus
maximize the material efficiency. In contrast, if a process is mainly driven by equipment costs the
outcome from the technical optimization will most certainly differ from the economic optimization. In
between these scenarios there is often a tradeoff. For example, the conversion in a reactor may be
increased through larger reactor sizing (increased residence time). This results in more product but
also more cost for the reactor. Thus, depending on the monetary value of the materials, utilities and
the equipment, an economic optimization may be driven in order to maximize a certain material

efficiency, energetic efficiency or by minimizing equipment cost at the expense of lower efficiencies.

The aim of this thesis is to identify the economically optimum RWGS operating conditions within the
Power-to-Liquid process. Therefore, this work implements justified RWGS reactor cost and gives a
methodology to calculate the RWGS reactor cost at varying operating conditions (varying pressure,
temperature and feed composition). Operating the electrolyzer at hours with low wholesale electricity
prices yields lower average electricity prices and thus allows to reduce the cost for electricity. Whether

this leads to an overall reduction of the net production cost is part of the economic investigations.
Economic optimum RWGS operating conditions:

A methodology for calculating the RWGS reactor cost depending on the RWGS operating conditions is
developed and discussed in Paper 2. The reactor cost is calculated from the cost for furnace, tubes and
catalyst. The furnace cost depends on the heat demand of the reactor whereas the tubes are designed
depending on the relevant design criterion: heat transfer, pressure drop or kinetic limitation.
Moreover, the methodology allows to identify the optimum tube length and tube diameter
constellation to minimize the tube cost. All three tube design criteria are observed throughout the
investigated RWGS operating conditions: pressure drop at low pressure, heat transfer at high pressure
and kinetics at low pressure and temperature. Large tube diameter is superior in the pressure drop
limited cases, namely at lower RWGS pressure. The resulting RWGS reactor cost vary in the range of 5-
12 M€,015. The lowest reactor costs are found at an intermediate temperature range similar to the
plateaus observed for the Power-to-Liquid efficiency and at pressures smaller than 10 bar, where

smaller wall thickness of the reactor tubes results in lower tube cost.
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The net production cost is investigated at varying hydrogen prices in order to assess the impact of the
hydrogen cost on the optimum RWGS operating conditions. The chosen hydrogen cost cases are
justified in Paper 2. The RWGS reactor cost account for a minor share of the net production cost, e.g.
6 % at 800 °C & 5 bar. Thus, the economically optimum RWGS operating conditions arise rather from
changes of the process performance than the RWGS reactor cost. Overall, high hydrogen prices shift
the focus on maximizing the hydrogen efficiency, whereas the Power-to-Liquid efficiency is a good
indicator when the hydrogen price is intermediate/low (see Figure 8 in comparison with Figure 7).
Nevertheless, intermediate pressure and temperature (e.g. 800 °C & 5 bar) allow for low production

cost throughout the whole investigated hydrogen cost range.

NPCin €,0,0/kgs,at 2.3 €/kg,, NPCin €,,./ke.s,at 4.1 €/kg,,  NPCin €,,,/Kgcs, at 7.6 €/kg,,
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Figure 8: Syncrude net production cost at varying RWGS operating conditions for three different
hydrogen price cases (compare Paper 2).

Impact of the electrolyzer full load hours:

Analyzing the cost breakdown of the net production cost indicates that the electricity cost for hydrogen
production is the main contributor to the NPC (see Paper 3). Wholesale electricity prices fluctuate
throughout the year. Operating the electrolyzer at times with low electricity prices reduces the cost
for electricity. However, reducing the full load hours of the electrolyzer also increases the combined
electrolyzer equipment and stack replacement cost and adds cost for (cavern) storage. Paper 3
therefore investigates whether a reduction of electrolyzer full load hours leads to a reduction of net
production cost. The results in Figure 9 show that the reduction of electricity cost does not outweigh
the additional cost, especially for oversizing of the electrolyzer. Consequently, the electrolyzer should

be operated at maximum full load hours in order to obtain the minimum net production cost.
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Figure 9: Annualized cost for electrolyzer electricity, caverns, electrolyzer equipment and stack
replacement and the sum thereof as well as the net production cost at varying electrolyzer full load
hours (reproduced from Paper 3).

Discussion:

Comparison with literature: The resulting net production costs are compared with the results obtained
by other researchers for similar processes [23, 24, 67]. Therefore, the RWGS operating conditions are
fixed to 800 °C and 5 bar and the net production cost is recalculated based on the hydrogen price
applied in the reference publication. The resulting NPCs are summarized in Table 2. The NPCs
calculated by Tremel et al. [23] and Zang et al. [67] are in good agreement with this work. Schemme
et al. [24] calculate a lower NPC. Their specific hydrogen consumption is 0.48 kgna/kgproduct Whereas it
is 0.6 kgna/kgproduct in this thesis. Hydrogen makes up for about 90 % of the NPC. Applying, for the sake
of plausibility, the hydrogen consumption from Schemme et al. [24] yields an estimated NPC of
2.8 €/kgcs. Thus, the deviation arises through this difference in hydrogen consumption (refer to

Chapter 3.1 regarding the discussion of the difference in hydrogen efficiency).

Carbon efficiency and net production cost: No monetary value is allocated to the off-gas from the
cement plant. Thus, the carbon source is assumed to be available at zero cost. Moreover, the carbon
dioxide recovery and the carbon efficiency are already at a high value (90 % and > 80 %, respectively)
and are thus not severely limiting the amount of possible product. Consequently, the carbon efficiency
does not correlate with the NPC at varying RWGS operating conditions. Conclusively, the carbon
efficiency is not the efficiency to be optimized when targeting low net production cost. This may

deviate significantly, when other carbon sources, especially direct air capture, are considered.
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Table 2: Recalculated NPCs based on the hydrogen prices applied in the reference publication.

Reference Reference This work

H, costin €/kgu;  NPC in €/Kkgproduct NPC in €/kgcs-

Tremel et al. [23] 3 2-2.3 2.3
Schemme et al. [24] 4.6 2.8 3.4
Zang et al. [67] 4.5 3.5 3.4

Conclusions: In conclusion, the optimization of the hydrogen efficiency is most important when the
hydrogen price is high while smaller hydrogen prices shift the focus towards the PtL efficiency
optimization as the share of the cost for compression increases. Introducing a variable electrolyzer
operation shifts the focus to an equipment cost, more specific electrolyzer cost, related optimization.
However, this kind of operation is not found to be economically beneficial. Nevertheless, when
targeting robust optima with respect to both, changes in hydrogen price and RWGS operating
conditions, it seems more beneficial to maximize the Power-to-Liquid efficiency (800 °C, 5 bar). For
example, the minimum NPC obtained at high hydrogen prices is found at 700 °C and 1 bar. Small
pressure increases may already result in a substantial increase in NPC. In contrast this is significantly
less relevant at e.g. 800 °C and 5 bar, where the NPC is only affected minorly by small changes in RWGS
pressure and temperature. Still, the confidence in the obtained results requires further analysis by
quantification of the uncertainty (see the following subchapter). In principle, the developed
methodology for the reactor cost calculation can be translated to other allothermal tube reactors
through an adaption of the reaction kinetics and average heat flux. It is worth to mention that the

reactor cost estimation methodology does not claim to represent a detailed reactor design.
3.3. Uncertainty and Global Sensitivity Analysis (Paper 2 & 3)

Uncertainty analysis is conducted to answer the following two questions. Firstly, it is used in order to
determine the confidence levels for the economic analysis of the optimum RWGS operating conditions
at varying hydrogen prices. Secondly, the uncertainty analysis is conducted to quantify the overall
uncertainty of the net production cost including uncertainty in the hydrogen cost provision. The
uncertainty analysis is further complimented with a global sensitivity analysis intending to identify the
economically unimportant input variables, that can be fixed to any value without impacting the
uncertainty of the NPC substantially, and furthermore, to allow for a ranking of the important variables

in order to prioritize subsequent research efforts.
Question 1: RWGS operating conditions under uncertainty

Equivalently to error bars in experimental works, uncertainty quantification is conducted to aid the

interpretation of the economic analysis. The hydrogen cost constitutes a large share of the net
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production cost. Therefore, different hydrogen prices are evaluated individually as uncertain hydrogen
cost result in an excessive overlapping of the confidence intervals. Still, overlapping of the 95 %
confidence intervals is observed over a broad range of RWGS operating conditions (see Figure 10). This
yields no clear ranking of the operating conditions within the plateaus. Further investigations would
be necessary in order to reduce the uncertainty, and with that reduce the confidence intervals, in order
to identify clear optimum RWGS operating conditions for a fixed hydrogen price. Additionally, the
results of the uncertainty analysis show an overlapping of the confidence intervals obtained for the
respective optimum operating conditions at the specific hydrogen prices. For example, the optimum
at high hydrogen price (700 °C & 1 bar) has an overlapping confidence interval with the optimum at
low hydrogen price (800 °C & 5 bar) in all three hydrogen price cases. Thus, it is not possible to
prioritize either of the two temperature/pressure combinations over another in order to find the best
option for variable hydrogen prices. Conclusively, within the given uncertainty, the choice for the
optimum RWGS operating conditions is very broad and lies within the plateaus and cannot be fixed to

a specific value.
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Figure 10: Uncertainty (95 % confidence intervals) of the net production cost at varying hydrogen
prices and RWGS operating conditions (reproduced from Paper 2).

Question 2: Uncertainty analysis and allocation

Paper 3 comprises an uncertainty analysis and a variance-based global sensitivity analysis, which allows
for allocation of the uncertainty. In contrast to Paper 2 it also incorporates the uncertainty of the
hydrogen supply. The preliminary 95 % confidence interval was obtained between 3.12 and
6.64 €5010/kgcs+ (Figure 11). The first data set consisted of 60 uncertain input variables. It is found that
only nine of these 60 input variables contribute relevantly to the output uncertainty. As a result, 51
input variables are fixed to their base case value. This reduces the complexity substantially. One of the
main contributors observed was the electrolyzer full load hours. The optimum number of full load
hours of the electrolyzer was a design variable as it was uncertain through lack of further analysis and

optimization. Thus, the optimum electrolyzer full load hours were obtained through a deterministic

67



approach (see Chapter 3.2). As a result, the electrolyzer full load hours are fixed to their most beneficial
value (maximum full load hours yield the lowest net production cost, eliminating the need for cavern
storage). Consequently, the model complexity is further reduced to seven out of 60 input variables.
The remaining uncertainty of the seven uncertain input variables is then calculated to be in the range

between 2.79 and 5.29 €,019/kgcs+ (95 % confidence interval), with the base case at 3.89 €3019/kgcs+.
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Figure 11: Uncertainty of the net production cost before (Initial uncertainty, 60/9 uncertain
variables) and after fixing the electrolyzer full load hours (Final uncertainty, 7 uncertain variables).
Cl - Confidence Interval.

Estimators for global sensitivity analysis:

Main and total order sensitivity indices are calculated in order to rank influential input variables and
to identify non-influential input variables, respectively. Several estimators are available in the
literature to calculate these sensitivity indices [64, 65]. For a selection of them it is investigated which
estimator requires the lowest computational effort in order to calculate the main and the total order
sensitivity index individually as well as simultaneously. The performance indicator for the
computational effort is the amount of model evaluations that are required in order to yield a 95 %
confidence interval below a predefined threshold for stochastic convergence (see Figure 12). The
95 % confidence intervals are obtained from bootstrapping (resampling from the original sample with
replacement). Comparing the different estimators results in the following rankings for the main order
index Si: Azzini 21 [69] > Jansen 99 [70] > Saltelli 10 [64] and for the total order index Sti: Azzini 20
[71] = Jansen 99 [70] >> Sobol 07 [72],[64]. If both main and total effect index are to be determined
simultaneously, the optimum use of the function evaluations results for the combination Si azini 21 and

Sti,Azzini 20.
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Figure 12: Main and total effect indices at varying sample sizes (model evaluations) as well as the
respective 95 % confidence intervals (bootstrapping sample size equals sampling size for calculating
Si/Sti, number of re-evaluations for bootstrapping is 1 000). The threshold for stochastic convergence
is assumed to be T, = 0.05 (reproduced from Paper 3).

Discussion:

Comparison with literature: Different estimators are also compared in other studies. Puy et al.
compare eight estimators to calculate the total order index [65, 66]. They state that different
conclusions may be drawn for a comparison depending on the sampling method, form and
dimensionality of the model function, distribution of the model inputs and the performance measure
applied [65]. They rate the Azzini 20 [71] and Jansen 99 [70] estimators over most of the other
estimators investigated. Han [73] also compares two estimators for the total order index — resulting in
the suggestion of using the Jansen 99 [70] estimator over the Sobol 07 [72], [64] estimator. Similar
results are achieved by Saltelli et al. [64]. This is in good agreement with the results obtained in this

thesis.
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Methodology applied for the comparison: Typically, the performance measure used in these
comparisons is the mean absolute error. This requires the knowledge of the analytical value of the
sensitivity indices. However, the analytical value here was not known as the actual aim was to calculate
the sensitivity indices. Instead, in alignment with the work from Han [73], a measure was applied to
assess the stochastic convergence of the sensitivity indices through bootstrapping. Based on this
method, the different estimators are compared in order to identify which estimator yields the lowest
computational effort to reach the target threshold Tq. Interestingly, it is observed that even though
some estimators require a very large sample size (e.g. Saltelli 10) to reach the target, they already yield
similar sensitivity indices at small sample sizes. However, further analysis would be necessary in order

to investigate this observation in more detail.

Conclusions: The results of economic analyses are a priori uncertain [74]. Error bars are used
frequently in the assessment of experimental results, whereas this is not very common in economic
evaluations. However, making use of confidence intervals obtained from the uncertainty analysis helps
the interpretation of the results. Furthermore, it allows comparisons of different approaches under
uncertainty. In this thesis, the resulting confidence intervals indicate that no clear ranking of the RWGS
operating conditions is possible within the observed plateaus. In order to obtain robust RGWS
operating conditions, however, it is further recommended to choose a temperature and pressure
combination such that small changes in pressure and temperature do not lead to severe changes in
NPC. For example, at high hydrogen cost, the minimum is observed at 1 bar and 700 °C. However, an
increase in pressure from this optimum would severely increase the NPC. Thus, a robust choice would
be in the intermediate pressure and temperature range (for example at 800 °C and 5 bar) as changes
in RWGS operating conditions and hydrogen cost do not have a large impact on the NPC. Although
uncertainty analysis may aid practitioners to quantify the uncertainty, the definition of the input
probability functions reflecting the uncertainty of the input variables is not trivial. Further research for
the assessment of these probability functions and comprehensible guidelines might encourage
practitioners and result in a broader application of the methodology. Sensitivity analysis is highly
recommended to complement the uncertainty analysis as it helps with the interpretation of the
results. It allows to identify main contributors to the uncertainty and therefore can help to prioritize
subsequent efforts in order to reduce the uncertainty. Moreover, global sensitivity analysis is not
limited to uncertainty analysis. It may also be used in the technical analysis to identify process
parameter that have a high impact on the process efficiencies in order to prioritize more detailed
(deterministic) analyses as well as to identify process parameter that can be fixed without further

investigations.
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4. Summary and Outlook

Scope and objectives: A Power-to-Liquid process model was set up in Aspen Plus® for the conversion
of carbon dioxide, obtained from amine scrubbing of cement plant off-gas, and hydrogen, from PEM
electrolysis, to syncrude for utilization in aviation and shipping. Carbon dioxide and hydrogen react in
the reverse water-gas shift (RWGS) reactor to convert the very stable CO, molecule to CO, which is
then further converted in a Fischer-Tropsch reactor. The process concept is investigated with the
objectives of maximizing the efficiency and minimizing the net production cost while taking into
consideration the uncertainty in the cost calculations. The obtained confidence intervals are further

examined in a global sensitivity analysis to identify the main drivers for the uncertainty.

RWGS operating conditions: The RWGS reactor is a central unit operation within the Power-to-Liquid
process concept. Therefore, the impact of variable RWGS operating conditions on the net production
cost and efficiencies is investigated. Divergent results are obtained for maximizing the carbon and the
hydrogen efficiency. With the economically and energetically inexpensive cement plant off-gas as
carbon source, it is more relevant to target a higher hydrogen efficiency from both energetic as well
as economic perspective. Hydrogen and Power-to-Liquid efficiency correlate closely as the electricity
for the hydrogen production is the main energy consumer. An optimum Power-to-Liquid efficiency is
found at 800 °C and 5 bar. This optimum is robust to changes in technical parameters like Fischer-
Tropsch operating conditions or electrolyzer efficiency. The Power-to-Liquid efficiency and the
economic analysis show pressure dependent temperature plateaus where changes in temperature
only have a minor impact. The confidence intervals obtained from the economic uncertainty analysis
show overlaps throughout these plateaus. Thus, it is not possible to clearly identify one temperature
and pressure combination as the economically optimum choice of operating condition. However, a
robust economic optimum is obtained in the intermediate pressure and temperature range, e.g. at
800 °C and 5 bar, where slight changes in operating conditions at variable hydrogen cost have
negligible impact on the net production cost. No unwanted graphite formation occurred in the
equilibrium calculations in the temperature region of the plateaus. Experiments further indicate that
a suitable catalyst may also aid in pushing the carbon formation boundaries to broaden the possible

RWGS operating window.

Electrolysis operation: One of the main net production cost contributors is the electricity cost for the
electrochemical hydrogen production. Wholesale electricity prices fluctuate during the year. The
average electricity price can be reduced, if the electrolyzer is operated at times when wholesale

electricity prices are lower. However, the results indicate that the oversizing of the electrolyzer
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outweighs the benefit of reduced electricity cost. Conclusively, it is economically more beneficial to

operate the electrolyzer at maximum full load hours at the expense of more costly electricity.

Uncertainty and global sensitivity analysis: In order to quantify the uncertainty in the net production
cost calculations, DLR’s tool for techno-economic process evaluation (TEPET) was extended to conduct
a Monte-Carlo based, derivative-free, uncertainty analysis. Furthermore, an intuitive workflow was
introduced that allows to simultaneously conduct the uncertainty and global sensitivity analysis. The
global sensitivity analysis targets to allocate the uncertainty to the uncertain input variables which
consequently enables fixing of unimportant input variables and ranking of important input variables.
This is the first work to conduct an uncertainty and global sensitivity analysis of a Fischer-Tropsch based
Power-to-Liquid process. The results indicate that seven relevant input variables contribute to an
overall uncertainty, 95 % confidence interval, in the range of 2.8-5.3 €,019/kgcs+. The most important
variables are levies and taxes for electricity as well as electrolyzer equipment cost. Furthermore,
different estimators are compared to calculate the main and total order indices in the global sensitivity
analysis with respect to the resulting computational effort. If both, main and total order index, are to
be determined, the minimum computation effort is achieved for the combination of the Azzini

estimators (Si azini21 and St azzini 20)-

Outlook: Although a few promising experiments were conducted, the final experimental validation of
a safe and stable RWGS operation at the obtained optimum RWGS operating conditions remains yet
to be proven. Additionally, a more sophisticated RWGS reactor model complementing experimental
investigations may aid to identify possible carbon formation potential. Utilizing the RWGS product to
preheat the RWGS feed in a heat exchanger has a large potential to increase the Power-to-Liquid
efficiency. However, experimental research is necessary to investigate possible metal dusting and
reverse reaction in the heat exchanger. From a holistic process analysis point of view, a detailed life
cycle assessment would help to quantify and reduce the impact on the environment, e.g. through
ecological optimization of the RWGS operating conditions. Additionally, complementing life cycle
assessments with uncertainty and global sensitivity analysis could support the interpretation of the
results. Moreover, when investigating process models at a rather early stage, with decision variables
undecided, global sensitivity analysis may be useful in order to prioritize the subsequent research

effort (at the cost of computational effort).

The findings lead the author to the conclusion that the global implementation of the Power-to-Liquid
process will depend on the availability of inexpensive sustainable hydrogen, which heavily relies on
electricity obtained at low cost and low carbon footprint. Therefore, it will require a united effort from

policymakers, industry and society on a worldwide scale to make the process a viable option.
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Appendix



A RWGS experiments

Carbon formation was experimentally investigated using a monolithic noble metal catalyst (Pt, Pd, Rh
on y-Al;03). Preliminary tests indicated a high activity of the Ni-containing steel tubes. Therefore,
experiments were conducted in a tube-in-tube (quartz glass tube inside a high temperature steel tube)
configuration to prevent wall catalysis on the steel wall (see Appendix 1). To achieve similar conditions
compared to the industrial application, the amount of catalyst was chosen with the aim of reaching
equilibrium at the outlet of the reactor. The experiments were conducted over several hours in order
to detect any loss of catalytical activity through carbon formation on the active sites. The resulting gas
composition is compared with the equilibrium calculations. Furthermore, air is flushed through the
system at elevated temperature after each experiment to oxidize any possible carbon depositions at

the catalyst.
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Appendix 1: Experimental RWGS setup to investigate possible carbon formation.

Equilibrium calculations are conducted to identify the risk of carbon formation at varying operating
conditions. The results indicated that a higher methane content and lower RWGS temperature
increases the risk of carbon formation (see Appendix 2). Experiments are conducted at varying
methane contents using a noble metal monolithic catalyst. Even at severe operating conditions (600 °C,
H2/CO; = 2 and 31 mol % CHa), the product composition remained stable during 50 hours on stream
(see Appendix 3, left). Furthermore, no CO/CO, formation was detected when sending air through the
reactor after the experiment. This indicates that no measurable amount of carbon was formed during
the experiment. Additionally, the measured product composition is compared to the equilibrium
composition calculated in Aspen Plus® (see Appendix 3, right). The calculations are conducted for two
scenarios, one considering carbon in the form of graphite as a possible product and one neglecting any
carbon formation. A good agreement of the experimental composition with the composition applying
carbon suppression is observed. This also indicates that no carbon was formed during the experiment.

To summarize, it was demonstrated that it is possible to operate the RWGS unit even at severe



operating conditions (stable 50 hours on stream, no CO/CO, detection when treated with oxygen,
superior fit of experiment with equilibrium calculations applying suppression of graphite formation).
For the sake of completeness, the results obtained at less severe operating conditions (lower methane

content) are also shown in Appendix 4.

0.45

= C02/CH4 =0.67
— =C02/CH4=1
= CO2/CH4=2

in mol/mol

02 . —

n(CGraphlte) n(CFee
o
ey
(9]
/

Increasing N
0.1
methane \

0.05 content \ S ~

0 \ e
500 550 600 650 700 750 800 850 900 950 1000
Temperaturein®C

Appendix 2: Graphite (carbon) formation in Aspen Plus® (Gibbs minimization) at 1.5 bar and constant
Hz/COz =2.

The most important findings of the experimental investigations and the conclusions derived for the

process model can be summarized as follows:

e The reaction is catalyzed substantially through the high temperature stainless steel tube walls:
As a result, it is essential to assure inert tube walls in order to conduct kinetic experiments. For
the Aspen Plus® model it was decided that the risk of a reverse reaction of the RWGS product
in a heat exchange is too high such that the product gas should be cooled down rapidly, for

example in a waste-heat boiler. This also reduces the risk for metal dusting.

e Equilibrium was reached at comparably low residence times: For the Aspen Plus® model it was

assumed that equilibrium is reached at the outlet of the reactor.

e No indication for carbon formation even at severe operating conditions observed: No
limitation of the possible operating window for the technical and economic analysis is
predefined. Still, it is worth to mention that the experimental investigations were limited to a
rather low pressure of 1.5 bar. Further experiments would be needed to proof the findings at

elevated pressure.
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Appendix 3: Left: Transient product composition at p = 1.5 bar, T= 600 °C, H,/CO, =2, CO,/CH,; =0.67
and the modified retention time Tmod = 41 Kgcatayst S /M>puignorm. Right: Comparison of the
experimental product composition (experiment) with the results obtained from the equilibrium
calculations with (eq., no C) and without (eq., with C) suppression of graphite carbon formation.
Operating conditions: p = 1.5 bar, H,/CO; = 2, and CO,/CH, = 0.67.
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Appendix 4: Experimental product composition (exp) and the results obtained from the equilibrium
calculations with suppression of carbon formation (eq) at varying methane content. Operating
conditions: p = 1.5 bar, Tmod = 41 Kgcatalyst S /M>kiuid,norm and Hz/CO, = 2.



B Reverse water-gas shift reactor

Reactor types:

There is no RWGS reactor available at the target scale, yet. However, a lot can be transferred from
methane steam reforming as this well-known process has a lot of similarities, e.g. regarding the
operating conditions and the reaction network (see Table 6 in Paper 2 for a list of similarities and
deviations). The reverse water-gas shift reaction is an endothermic reaction. Different strategies are

possible to provide the high-temperature heat for the endothermic reaction:

e Allothermal operation through combustion with air in a tubular fired furnace as applied for

several decades in steam methane reforming [75].

e Autothermal operation through combustion with oxygen inside the reactor, e.g. BASF/TKIS

[76].
e Electrical heating through induction or ohmic heating, e.g. Haldor Topsoe [77].

A comparison of these three possibilities showed that, for the investigated PtL process concept, the
allothermal operation with oxygen combustion and electrical heating are favored over autothermal
operation regarding the Power-to-Liquid efficiency [78]. It was found that electrical heating is favorable
at electrolyzer efficiencies below 83 %1y, while the allothermal operation is favored for very high
efficiencies [78]. Current electrolyzer efficiencies (= 67 %.nv) are well below this electrolyzer efficiency.
However, the TRL of the electrically heated RWGS was comparably low at the beginning of this work
whereas allothermal operation of methane steam reformers is a well-known and established
technique. Moreover, electrical heating leads to more severe operating conditions in the RWGS reactor
regarding carbon formation as more short chained hydrocarbons are recycled to the RWGS instead of
being combusted in the oxyfuel burner. Therefore, the allothermal type of operation was chosen for
the design of this process. Additionally, it is also worth to mention that, the preliminary studies indicate
that the technically optimum operating conditions of the electrically heated RWGS do not differ

substantially from the optimum operating conditions found in case of allothermal operation [78].
Reaction network and operating conditions:

The relevant reaction network in the RWGS reactor is similar to the reaction network in methane steam
reforming (see Appendix 5). The RWGS is an endothermic and equimolar reaction and thus favored at
high temperature and not affected by pressure. However, side-reactions such as carbon and methane
formation are indeed affected by pressure. The optimum with respect to maximizing the CO yield by
minimizing the CH, yield is straightforward. Maximum temperature and minimum pressure favor high

CO yields.
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Appendix 5: Reaction network for the RWGS unit including reaction enthalpies. DRM-dry reforming
of methane, SRM-steam methane reforming.

Catalytical requirements:

Most researchers target to develop catalysts that obtain the conversion via RWGS reaction while
suppressing the methanation reaction in order to have high carbon monoxide yields while having only
little methane production. A detailed list of catalysts investigated can be found for example in [79]. In
the process design of this thesis, however, the target is to allow for optimum RWGS reactor operation
with respect to the overall concept. The task for the RWGS is therein extended from converting only
CO; to CO to also reforming short chained hydrocarbons (mainly methane and little C2-C4 components
formed in the FT reactor). Therefore, the catalyst should also allow for reforming of these short-
chained hydrocarbons and must therefore in contrast be active for the methanation reaction.
Furthermore, Wismann et al. found that RWGS selective catalysts induce a higher carbon formation
potential than those that are also active for the methanation reaction [77]. Thus, a methanation active
catalyst seems more beneficial from a system level (reforming of methane) and unit level (suppression

of carbon formation).
Model:

Experiments using a monolithic, noble metal catalyst indicated that it is possible to reach equilibrium
composition at reasonable residence times (Ttmod = 41 Kgcatalyst S/ M3riuid,norm, S€€ Appendix A and [80]).
As a result, the RWGS reactor is modelled as a Gibbs reactor equaling the assumption of
thermodynamic equilibrium at the exit of the reactor. Moreover, the experiments showed that it is

possible to operate the RWGS at a broad range of methane concentrations without observing carbon

\



formation (see Appendix A). Thus, the whole pressure and temperature window was investigated. Still,
the operating conditions that lead to the formation of carbon in the form of graphite are highlighted

in Paper 2.

Metal dusting is a severe kind of high temperature corrosion where graphite enters the steel surface.
This results in a break-up of the bulk material to metal powder. The properties of the RWGS product
stream lead to an environment that is prone for material problems regarding metal dusting (high CO
concentration and 450-800 °C [52]). Therefore, a waste-heat boiler is used to rapidly cool down the
RWGS product to allow for safe operation. However, it is worth to mention that preliminary
investigations indicated that using the RWGS product gas for preheating the RWGS feed has the
potential to increase the PtL efficiency drastically (in that case from 39.9 % to 47.5 %) [78]. As a result,
it seems that there is a very large potential to increase the efficiency if the technical challenges of

metal dusting can safely be ruled out.
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C Fischer-Tropsch synthesis

Reactor types, catalyst and operating conditions:

The Fischer-Tropsch process targets to produce hydrocarbons from syngas. It is a well-established
technology that has been implemented and running at large industrial scale for several decades. As it
is highly exothermic, a good heat transfer is necessary in order to avoid e.g. hotspots in the reactor.
Established reactor types are slurry bubble column, fixed-bed and fluidized bed reactors. The main
challenge using slurry reactors is the separation of the product waxes from the catalyst particles. In
contrast to the slurry reactor, more attention needs to be paid in a tubular fixed-bed reactor regarding
the heat transfer. Dilution with inert components and lower once-through conversion reduces the risk
of problems induces by the high exothermicity. There are two types of operation modes regarding the
operating temperature of the FT reactor: low- and high-temperature FT meaning 200-240 °C and 300-
350 °C, respectively. The higher the temperature the shorter the chain length of the product. High
temperature FT is typically carried out using iron catalysts, whereas Fe and Co catalysts are both
common for low-temperature FT. Cobalt catalyzed synthesis tends to produce linear paraffinic
hydrocarbons whereas iron catalyzed FT also tends to produce a relevant amount of olefins (not
suitable for jet engines). The reaction is typically performed at elevated pressure, 20-30 bar. The
stoichiometric Hy/CO ratio is > 2, depending on the average hydrocarbon product chain length. Cobalt
catalysts require a H,/CO feed ratio between 2 and 2.3 (lower WGS activity) and iron catalysts between
0.5 and 2.5. In this work, a fixed-bed low-temperature system with Cobalt catalyst is chosen, based on
Shell’s FT plant in Bintulu, Malaysia (Shell Middle Distillate Synthesis, four FT reactors, each with a
capacity of 8,000 barrels per day). A list of commercial plants (2,500-140,000 barrel per day) and
testing units (3-1,000 barrel per day) with the applied reactor types, catalyst and temperature modes

is available for example in [81] (this work: 1,900 barrel per day).
Model:

The Anderson-Schulz-Flory (ASF) distribution is a well-acknowledged approach to describe the FT
product distribution. It relies on the chain growth probability a. From this the weight fraction of a
certain carbon number can be estimated: w, = n (1- a)? /™. In this work, the chain growth probability
is calculated based on the equation proposed by Vervloet et al. [55], see Paper 1. Therein, a is
calculated based on temperature and H,/CO ratio. The overall process is setup to establish a constant
inert gas content and H,/CO ratio in the feed of the FT reactor independent of the RWGS operating
conditions. However, in order to identify robust optimum RWGS operating conditions, local sensitivity
analyses are conducted that investigate the impact of different FT operating conditions (temperature,

inert gas content and CO conversion) on the optimum RWGS operating conditions.
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