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Abstract

This thesis evaluates the behavior of sulfur oxides in pulverized fuel (PF) fired air and oxy-fuel
systems. Sulfur oxides are responsible for certain operational problems and considerable gas
cleaning requirements in air as well as oxy-fuel firing. A better understanding of the related
issues will allow for a technical and economical optimization of the oxy-fuel combustion
technology. A range of experimental investigations studying the stability and retention of
sulfur oxides in ashes and deposits, acid gas (SO2, SO3, and HCl) control in air and oxy-fuel
combustion by dry sorbent injection, and SO3 formation were conducted. The experimental
work is in parts supported by theoretical considerations and thermodynamic equilibrium
simulation.
Studies for different coals and lignites showed that in practically relevant oxy-fuel configurations
the exclusion of airborne N2 from combustion leads to an increase of the SO2 concentrations in
oxy-fuel, compared to air firing, by a factor of about 3.4 to 4.2, referring to dry, and of about 2.9 to
3.5, when referring to wet flue gas conditions. The increased SO2 levels in oxy-fuel combustion
are responsible for an increased stability of sulfates in oxy-fuel power boiler systems so that
for example the decomposition temperature CaSO4 rises by about 50 to 80 ◦C, depending on
flue gas atmospheres. The enhanced stability of sulfates in deposits at high temperatures when
operating with increased SO2 levels was experimentally demonstrated. Compared to air firing,
a considerable increase of the sulfur retention in the ash by 10 to 12 percentage points has
been observed for oxy-fuel recycle combustion of Lusatian lignites. This leads to lower SO2

emissions and higher SO3 levels in process ashes and deposits. The results indicate that for
fuels, such as the used lignites, the temperature level at which fouling by sulfatic deposits
is problematic may be shifted to higher temperatures in oxy-fuel combustion and that the
sintering of deposits by sulfation may be more pronounced. In contrast, in air and oxy-fuel
combustion experiments with a hard coal with a low sulfur retention potential differences in
the SO3 contents and degrees of sulfation of ashes and deposits were small. Besides higher
SO3 contents and sulfation degrees, no other significant changes between the deposit samples
from air and oxy-fuel combustion were identified. Experiments on dry sorbent injection in
air and oxy-fuel mode showed that an increase of the average flue gas residence time in the
furnace by flue gas recirculation and, to a lesser extent, the higher sulfate stability enhance the
desulfurization efficiency in oxy-fuel recycle combustion considerably. SO2 capture efficiencies
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in oxy-fuel recycle combustion of 50 % to more than 80 % at moderate molar sulfur to calcium
ratios between 1.7 and 2.9 were reached, when injecting CaCO3 and Ca(OH)2 together with the
fuel or directly to the furnace. Under comparable injection conditions, the oxy-fuel performance
was by as much as 29 percentage points higher than in air firing. Also an efficient SO3 and
HCl control by DSI could be demonstrated. Experiments on formation of SO3 show that higher
SO2 levels in oxy-fuel firing are the most important parameter responsible for the observed
increase of the SO3 concentrations.
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Kurzfassung

Diese Arbeit untersucht das Verhalten von Schwefeloxiden in Luft- und Oxy-Fuel-Staubfeue-
rungen. Bei der Luft- wie auch der Oxy-Fuel-Verbrennung sind Schwefeloxide für bestimmte
Betriebsprobleme sowie einen erheblichen Rauchgasreinigungsbedarf verantwortlich. Ein
besseres Verständnis von deren Verhalten ermöglicht eine weitergehende technische und
wirtschaftliche Optimierung des Oxy-Fuel-Verbrennungsverfahrens. Im Rahmen der Arbeit
wurden eine Reihe von experimentellen Untersuchungen zur Stabilität und zur Einbindung von
Schwefeloxiden in Aschen und Belägen, zur Bildung von SO3 und zur Abscheidung der sauren
Gase (SO2, SO3 und HCl) im Luft- und Oxy-Fuel-Betrieb durchgeführt. Die experimentellen
Arbeiten werden teilweise auch durch theoretische Überlegungen und thermodynamische
Gleichgewichtssimulationen ergänzt.
Die durchgeführten Untersuchungen mit unterschiedlichen Stein- und Braunkohlen ergaben,
dass die SO2-Konzentrationen in praktisch relevanten Oxy-Fuel-Systemen, aufgrund des bei
der Verbrennung fehlenden Luftstickstoffs, um einen Faktor von ca. 3,4 bis 4,2, bezogen auf
trockenes und von ca. 2,9 bis 3,5, bezogen auf feuchtes Rauchgas, ansteigen. Die erhöhten
SO2-Gehalte bei der Oxy-Fuel-Verbrennung bewirken je nach Gasatmosphäre eine erhöhte
Stabilität von Sulfaten, sodass beispielsweise die Zersetzungstemperatur von CaSO4 um ca.
50 bis 80 ◦C ansteigt. Die Erhöhung der Sulfatstabilität in Belägen bei hohen Temperaturen,
durch erhöhte SO2-Konzentrationen, wurde experimentell demonstriert. Im Vergleich zur
Luftfeuerung, wurde bei der Oxy-Fuel-Verbrennung mit Rauchgasrezirkulation von Lausitzer
Braunkohle, eine Erhöhung der Schwefeleinbindung in die Asche um 10 bis 12 Prozentpunkte
beobachtet. Die bessere Schwefeleinbindung ist für niedrigere SO2-Emissionen und höhere
SO3-Gehalte in Aschen und Belägen verantwortlich. Die Ergebnisse deuten darauf hin, dass im
Oxy-Fuel-Betrieb bei Brennstoffen wie den verwendeten Braunkohlen das Temperaturniveau,
bei welchem die Verschmutzung durch sulfatische Beläge problematisch ist, hin zu höheren
Temperaturen verschoben und, dass das Versintern von Belägen durch Sulfatisierung verstärkt
ist. Im Gegensatz dazu, waren die Unterschiede, in Bezug auf SO3-Gehalte und den Grad der
Sulfatisierung von Aschen und Belägen aus Luft- und Oxy-Fuel-Verbrennungsversuchen mit
einer Steinkohle mit niedrigem Potential zur Schwefeleinbindung, klein. Neben den erhöhten
SO3-Gehalten und Sulfatisierungsgraden, wurden keine weiteren signifikanten Änderungen
zwischen den Belagsproben aus Luft- und Oxy-Fuel-Verbrennung beobachtet. Versuche zur
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Eindüsung trockener Sorbentien im Luft- und Oxy-Fuel-Betrieb zeigten, dass die Erhöhung
der mittleren Rauchgasverweilzeit in der Brennkammer durch die Rauchgasrezirkulation und,
zu einem geringeren Anteil, die erhöhte Sulfatstabilität, die Entschwefelungseffizienz im Oxy-
Fuel-Betrieb mit Rauchgasrückführung deutlich verbessern. Bei der Eindüsung von CaCO3 und
Ca(OH)2 zusammen mit dem Brennstoff oder direkt in die Brennkammer konnten im Oxy-Fuel-
Betrieb mit Rauchgasrezirkulation und moderaten molaren Schwefel-zu-Kalzium-Verhältnissen
zwischen 1,7 und 2,9, SO2-Abscheideeffizienzen von 50 % bis zu mehr als 80 % erzielt werden.
Dabei war die Abscheideleistung bei vergleichbarer Sorbenseindüsung im Oxy-Fuel-Betrieb um
bis zu 29 Prozentpunkte besser als bei konventioneller Luftverbrennung. Auch eine effiziente
SO3- und HCl-Abscheidung mittels Trockensorbenseindüsung konnte demonstriert werden.
Versuche zur Bildung von SO3 zeigen, dass die im Oxy-Fuel-Betrieb erhöhte SO2-Konzentration
der wichtigste Parameter hinsichtlich der Erhöhung der SO3-Konzentrationen ist.
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1 Introduction

1.1 CO2 capture by oxy-fuel combustion

To reduce the impact of anthropogenic greenhouse gas emissions on the earth’s climate, CO2

capture technologies for thermal power generation have been developed that concentrate the
generated CO2 for processing and subsequent storage or utilization. Oxy-fuel combustion
is one of these CO2 capture technologies. To obtain a concentrated CO2 rich gas stream, in
oxy-fuel operation, the fuel is burned with a mixture of oxygen and recirculated flue gas, instead
of air. The mixing of O2 with recirculated flue gas is, among other issues, necessary to lower the
temperature in the furnace, which otherwise would exceed the limits of construction materials
of boilers [1].
Oxy-fuel combustion technologies for power plant application have been investigated for
approximately two decades. This ultimately led to the construction of several oxy-fuel pilot
and demonstration plants [2] (e.g. in Schwarze Pumpe, Germany [3] and in Callide, Australia
[4]). These activities can be seen as the result of a first wave of carbon capture and storage
(CCS) projects that were initiated several years ago. Unfortunately, in recent years a significant
reduction of new projects in the field of CO2 capture in general and in oxy-fuel combustion in
particular could be observed. This is an effect of the reduced availability of funding in many
countries, due to the global financial crisis that started in 2007, and in certain countries also a
decline in the ambitions of CCS policies. Globally, and particularly in Europe, this has led to
the cancellation of a number of CCS demonstration projects that had already reached advanced
development stages. It seems that this situation has in addition deteriorated the perception of
policy makers in respect to the viability of CCS technologies. This may have further reduced
the political drive to foster the application of such technologies [5].
The current status of the implementation of CCS technologies can be related to the targets
introduced in the IEA’s “2 degree (2DS)” scenario1 [6]. This is also the maximum tolerable level
of increase, according to the international Paris Agreement [7]. To date (December 2019), this
agreement has been ratified by 187 parties, including all member states of the EU [8]. According
to the 2DS scenario, the total mass of CO2 that would need to be captured and stored in 2025

1This is an energy system pathway with a probability of minimum 50 % of keeping the global temperature increase
until 2100 below 2 ◦C compared to preindustrial temperature levels.



2 Motivation and objectives of this thesis

and 2060 is estimated to 400 Mt
a and 6.8 Gt

a , respectively. When this is contrasted versus the
mass of CO2 that was captured and stored in 2017, of somewhat over 30 Mt

a , the urgency of a
rapid deployment of CCS in the power sector and other energy intensive industries becomes
evident [6]. It is obvious that an enormous acceleration in the global efforts in respect to the
implementation of CCS is necessary to reduce anthropogenic CO2 emissions and keep the
goal of limiting the global warming below 2 ◦C. The oxy-fuel technology could contribute
to a rapid deployment of CCS in the power industry, since the process has been successfully
demonstrated. In pilot and demonstration scale, all major challenges of the technology could
be controlled. Issues that require further research are mainly related to optimization of the
process in respect to component lifetime, operability, availability, flexibility, efficiency, and
cost. This thesis focuses on certain aspects of these issues that are related to the behavior of
sulfur oxides in the pulverized fuel (PF) fired oxy-fuel process.

1.2 Motivation and objectives of this thesis

Due to a lack of dilution of the flue gas by airborne N2 in oxy-fuel operation, the concentrations
of CO2, but also of other flue gas components, such as SO2 and H2O, increase considerably.
From experimental investigations, increases by a factor of around 4, referring to the contents
of CO2 and SO2 in dry flue gas, have been reported [1, 2, 9, 10]. The increased partial pressure
of SO2 stabilizes sulfates thermodynamically, which leads to a better sulfur capture in ash and
deposits and in turn to lower energy based SO2 emissions [11–17].
A better understanding of the fate of the flue gas impurities SO2 and SO3 in oxy-fuel coal
combustion is an important issue, since those components impact the power plant process
design, construction, and operation in various aspects. Sulfur oxides in gaseous, solid, and liquid
forms are known for their corrosivity at high and low temperatures in the boiler, downstream
equipment, and in oxy-fuel flue gas recirculation lines, and they play a key role in furnace
slagging and in fouling of convective heat exchangers, SCR catalysts, and regenerative gas
preheaters. Moreover, sulfates in process ashes may impact the utilization of those byproduct
streams. The liquefaction of CO2 and the subsequent transport of supercritical CO2 in pipelines
require a high degree of removal of SO2 and SO3 in upstream unit operations of an oxy-
fuel power plant [18]. A sound understanding of the formation and reduction of these flue
gas impurities in the oxy-fuel combustion process is therefore crucial for a technically and
economically optimal design of an oxy-fuel power plant and its impurity control equipment.
The present thesis aims to contribute to this, covering the objectives listed below:

1. Assessment of the expected increase of the SO2 levels in relevant oxy-fuel configurations,
compared to air firing, for different coal qualities and analysis of the impact of this
increase on the thermodynamic stability of sulfates in relevant ash systems.
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2. Comparative experimental assessment of SOx retention in deposits and ashes in air and
oxy-fuel combustion.

3. Evaluation of the performance of dry sorbent injection (DSI) for SOx and HCl control in
air and oxy-fuel combustion.

4. Assessment of the impact of oxy-fuel combustion on the formation of SO3.

5. Provision of a broad, comparative, air-versus-oxy-fuel data basis on sulfur retention in
ash and deposits, SO3 formation, and dry sorbent injection performance.

While part of these objectives have been previously studied by others, other aspects have not
or only partially been covered. The increase in the SO2 levels in oxy-fuel, compared to air
combustion, has been discussed by others (e.g. [9]). However, such studies did not assess the
sensitivity of this increase in respect to important process parameters, such as the oxygen
excess, the air ingress, and the required partial cleaning of the primary recycle gas. Also,
such studies generally focused on the dry flue gas composition that is relevant in respect
to the produced CO2 quality, but not for the thermodynamic stability of sulfates in oxy-fuel
systems. This dissertation covers these aspects. The study on the increase of SO2 levels in
oxy-fuel combustion is linked to a comparative assessment on the impact of the different
combustion modes on the thermodynamic stability of sulfates in the ash. Similar investigations
have been conducted by others [19, 20], but they only considered one oxidizing combustion
atmosphere. In the present thesis, this is extended to wider ranges of oxidizing and reducing
flue gas atmospheres that have been assessed, applying a newly developed thermodynamic
phase mapping technique. The conducted studies focus in particular on ash systems that
were identified to be relevant to the deposit formation when combusting Lusatian lignite. The
comparative, experimental, air and oxy-fuel studies of this thesis on the retention of SOx in
furnace and boiler deposits go beyond what has been previously reported by others. Only very
few studies managed to obtain comparable samples from both combustion environments (e.g.
[21–23]). In this thesis, a significant number of ash and deposit samples from both combustion
modes with various fuels is assessed comparatively to identify relevant differences.
Studies on dry sorbent injection for acid gas control in air and oxy-fuel operation were so far
either very limited and not comprehensively documented [24], or did only rely on modeling
and experiments conducted in small scale, with simulated O2/CO2 atmospheres but without
flue gas recirculation [11]. In a very recent publication by Liu et al. [25] summarizing the
current understanding of SO2 control by DSI in oxy-fuel combustion, the authors highlight
that experimental investigations “concerning desulfurization in O2/CO2 combustion have
been limited, and many unknowns about in-furnace desulfurization in O2/CO2 pulverized coal
combustion need to be studied” . Theoretical considerations on the effects of recycle combustion
on DSI performance and a comprehensive experimental study in this context that includes
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pilot scale DSI experiments in oxy-fuel recycle combustion are part of this thesis. These DSI
studies also cover low temperature sorbent injection and control of SO3 and HCl.
The comparative experimental studies of this dissertation in respect to the formation of SO3 in
air and simulated oxy-fuel combustion, in which the oxidant gas composition and fuels have
been purposely altered in order to better understand the impact of these parameters on the SO3

formation in oxy-fuel combustion, are extending the work by others. Those studied the same
issue only in simulations, in small scale laboratory experiments without actual fuel combustion,
or without a systematic alteration of the oxy-fuel combustion atmospheres and fuels [26–29].

1.3 Previously published results included in this thesis

During the course of this dissertation project, a number of publications and conference presenta-
tions have been prepared that the author of this thesis has authored as the lead or as a co-author.
To some extent, these publications have been used as a basis of this thesis. Only text passages
thereof that were originally written by the author of this dissertation have been incorporated
here. Nonetheless, such text passages have been updated and modified but correspond in
parts to the original publications. All experimental data and results that have been previously
published have been carefully assessed to ensure that the data evaluation (e.g. reference O2

levels or the settings to evaluate FTIR spectra) is consistent throughout this thesis. For that
reason, the results presented here may slightly deviate from the ones that were published
previously. The following paragraph lists those own publications that were incorporated in
this thesis.
Parts of the background chapter 2 are based on the respective sections of a comprehensive
review paper on oxy-fuel combustion in power production [2], on a book chapter on SOx

mitigation technologies for combustion systems [30], and on a report on the state of the art in
science and technology in respect to dry sorbent injection technologies [31]. Moreover, also
previously published text passages and results by the author of this thesis from other own
publications on impurities and especially on the SOx emission behavior and control by DSI
[32–39], and the behavior of ashes and deposits [40–43] in air and oxy-fuel combustion are
included in the background, methodology, and results chapters and the annex of this thesis.
Part of the descriptions in the methodology chapter are based on the respective sections of
papers on mercury emissions and removal in oxy-fuel combustion [35, 44]. The experiments
described in these papers were the same as the ones on SO3 formation included in this thesis. All
publications mentioned above, with the exception of [2, 30, 43], were produced and submitted by
the author of this thesis as lead author that conducted the bulk of the work of these publications
with support mainly in the execution of experiments and the analysis of samples. Publications
[2, 30, 43] were led by other authors with significant contribution and full responsibility for
certain parts or sections of the work by the author of this thesis. Only these sections were used
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as a basis for this dissertation.
Besides the publications mentioned above, students have supported the conduction of experi-
ments and evaluation of results included in this dissertation in the framework of their student
theses [45–52]. These theses were conducted under the supervision of, and in close cooperation
with the author of this dissertation and part of the results and data that was reported therein
are also used within this thesis. All results previously included in such student theses were
carefully assessed and the corresponding data has been re-evaluated for this dissertation so
that the results evaluation is done in a consistent manner throughout the thesis.



2 Background

This chapter aims to introduce fundamentals of key processes of relevance to this thesis with a
focus on the fuel and flue gas side (i.e. PF, dry bottom, air and oxy-fuel combustion). In addition,
a comprehensive overview on the formation and retention of sulfur oxides (SOx) in ashes and
their control, with a special focus on oxy-fuel operation, is given. Also, information on the
sulfur oxide and hydrochloric acid (HCl) control by dry sorbent injection (DSI) is included.
More detailed information on topics that are only briefly covered can be found in text books
on power plant technology and combustion, such as the one by Spliethoff [53], and in review
papers (e.g. oxy-fuel: [2, 54]; ashes/deposits: [55, 56]; DSI: [57, 58]).

2.1 Pulverized fuel (PF) combustion

2.1.1 Introduction to PF combustion in power plants

In steam power plants, electric power and in certain cases steam is produced. Combined heat
and power plants produce heat in addition. In steam power plants fired with coal and other
fuels the fuel is combusted with oxygen from the combustion air to release its latent heat
generating hot flue gases. This heat is then transfered convectively and by radiation to steam
that is the working fluid of the power plant’s steam cycle process. The generated steam drives
a steam turbine that converts its thermal energy into mechanical energy that is transferred to
a generator, which finally produces electrical energy. Each of these energy conversion steps
is subject to energy losses, the majority of which are related to the steam cycle that requires
condensation of steam. The released heat needs to be rejected by a cooling system if it cannot
be used otherwise. In addition to that, significant losses occur in the steam generator, mainly,
due to the non-recoverable heat of the flue gases leaving the steam boiler and, due to the power
plant’s consumption of auxiliary power [53].
Steam power plants can be driven by the combustion of pulverized coal and lignite, which is
one of the most common, and in case of modern plant layouts, one of the most efficient forms
of heat provision from solid fuels. Large hard coal fired plants built recently in Germany reach
overall electrical efficiencies of up to about 46 % [59, 60]. Power plants operated with raw
lignite are, due to the higher moisture content of the fuel, less efficient, with the best plant
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in Germany reaching just above 43 % [61]. Such high efficiencies have been accomplished
by continuous improvement of the power plant design over decades. While coal fired power
plants in the late 1980s reached efficiencies somewhat below 40 %, the efficiency gain since
then is to a large extent accomplished by increasing the power plant’s steam conditions up to
maximum pressures of about 270 bar and temperatures of the superheated and reheated steam
of around 600 ◦C, or slightly above. The increase of the steam conditions went along with an
increase of the size of individual power plant blocks that reach now up to about 1100MW in
Europe and up to about 1300MW in the USA [53].

2.1.2 Fundamentals of fuel conversion in PF power plants

Solid fuels contain moisture, combustibles, and ash forming components. The combustion of
fuels with air in PF fired systems involves the drying that generally starts already during the
fuel milling. After the injection of the pulverized fuel to the furnace (particle sizes are typically
below 100 to 200 µm), the particles heat up rapidly (with heating rates in the range of 104 to
106 K

s ). In the furnace they undergo the completion of their drying and to some extent in parallel
a pyrolysis, in which the volatile fraction of the fuel (i.e. hydrocarbons) is released in form of
gaseous products. This is followed by the ignition of the released volatiles (at temperatures
of 500 to 700 ◦C), their combustion, and finally the combustion of the residual char. In PF
combustion, drying and pyrolysis take place in under 0.1 s and volatiles combustion essentially
occurs instantaneously at the rate of their release. The heterogeneous char combustion requires
another 1 to 2 s. This time requirement is governing the furnace dimensions that are necessary to
provide a sufficient residence time for a complete combustion before flue gases reach convective
heat exchangers. The main products that are formed when oxidizing the combustibles of the
fuel are CO2 and H2O [53, 56].
During combustion of the fuel also a range of pollutants are formed, the most important of
which are carbon monoxide (CO), nitrogen oxides (NOx), SOx, and particulate matter. The
impurities can be categorized in products of incomplete combustion, such as CO, hydrocarbons
and soot, and products formed from impurities contained in the fuel, such as SOx, mercury,
and chlorine compounds. The bulk of particulate matter formed in coal combustion originates
from the ash minerals in the fuel. NOx formed in combustion processes can originate from
nitrogen, contained in the fuel and in the combustion air, via different formation pathways (i.e.
thermal, fuel, and prompt NOx formation) [53].

2.1.3 Typical process configuration of conventional PF power plants

Figure 2.1 shows schematically the typical layout of a conventional, dry ash removal, pulverized
hard coal power plant with the steam generator and systems for flue cleaning as they are found
in plants in Western Europe. The coal is milled and in parallel dried by preheated air (300 to
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Figure 2.1: Schematic of a conventional pulverized coal power plant (APH: Air preheater;
OFA: Over fire air; ECO: Economizer; DeNOx: Selective catalytic NOx reduction unit; FGD:
Flue gas desulfurization; EVAP: Evaporator; RH: Reheater; SH: Superheater).

400 ◦C), or in case of raw lignite boilers, by recirculated flue gas (approx. 1100 ◦C) that is fed
to the mill and is also used to pneumatically transport the coal dust to the burners. Multiple
burners are arranged at furnace walls or corners in various arrangements. In the furnace,
the coal is burned with preheated combustion air, producing ash and hot flue gases at peak
temperatures in the range of 1400 to 1600 ◦C in hard coal fired plants and somewhat lower
for raw lignite fired systems. For complete combustion of the fuel, preheated secondary air,
and in case of air-staging for primary NOx reduction, tertiary over-fire air is added. The hot
flue gases and particles heat the furnace walls that represent the evaporator of a steam cycle,
mainly by radiation. In the evaporator, liquid demineralized boiler feed water is evaporated.
In that way, flue gases are cooled down to reach furnace outlet temperatures of around 1100
to 1300 ◦C in hard coal fired systems. For lignites, they range from about 950 to 1100 ◦C. The
furnace is designed to achieve stable ignition, complete burnout, and, as far as possible, to
prevent slagging and corrosion of the furnace walls, and slagging, fouling, and corrosion of
convective heat exchangers. After the furnace, flue gases enter the convective heat transfer
section of a boiler. These heat exchangers are arranged so that flue gases with the highest
temperature, directly after the furnace, are used for superheating of high pressure steam which
is then directed to the high pressure turbine. Colder flue gases after the superheater are used for
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reheating of medium pressure steam that is fed to the reheater from the high pressure turbine
outlet. The reheater is followed by the economizer which is used for preheating the boiler
feed water before it enters the evaporator. The economizer cools the flue gases from about
450 ◦C to about 350 ◦C. The feed water fed to the economizer is preheated to a temperature of
200 to 300 ◦C with steam extracted from the turbine, to maintain the economizer outer wall
temperature at a level that securely prevents condensation of acids and moisture. The high
pressure superheated steam pipework is, beside the turbine, one of the most stressed systems of
a power plant. In conventional power plants, it is usually designed for a service life of 200 000 h.
The heat exchangers in power plants can be arranged in a one- or two-pass construction,
with certain advantages of both designs depending on fuel and site specific conditions [53].
Exemplary, a two-pass boiler construction is shown in figure 2.1.
The power plant’s boiler is followed by units that control impurities in the flue gas, such as
dust, NOx, and SOx, to tolerable levels, according to the emission regulations. A typical flue
gas cleaning system in a Western European PF power plant involves a secondary NOx control
system (i.e. a selective catalytic NOx reduction - SCR - unit) in hard coal fired plants. Lignite
fired systems were so far able to maintain their legal NOx emission limits by primary measures,
such as flue gas recirculation, and air staging (also applied in form of low NOx burners). The
SCR process requires temperatures in the range of 300 to 350 ◦C, which is the reason for its
common placement in a high dust arrangement, directly after the economizer, but before the
air preheater and the fly ash separation system. The air preheater recovers part of the heat
contained in the hot flue gases leaving the SCR reactor to preheat the combustion air. In that
way, flue gases are cooled to about 130 ◦C. For ash separation, fabric filters and electrostatic
precipitators (ESP) are available, with ESP systems being the most common system in large
European PF boilers, due to the favorable ash resistivities of the used fuels. Besides the fly ash
(approx. 80-90 % of the ash) that is produced at the ash removal unit, in addition, bottom ash
(approx. 10-20 % of the ash) is generated at the boiler. The final flue gas cleaning stage is a wet
scrubber that removes SO2 and other acid gases, using a limestone slurry as absorption liquid.
In this wet system, flue gases cool to about 45 to 50 ◦C and gypsum is produced as a by-product.
After the FGD, flue gases are fed to the stack. In modern plants that use evaporative cooling
towers, often, no dedicated stack is used, but flue gases are fed to the cooling tower and are
released together with evaporated water [53].

2.1.4 Ashes and deposits in PF power plants

Ash formation: Ash that is formed in combustion of coal, originates from minerals and
inorganic elements contained in the fuel. Minerals may be present in the fuel in form of distinct
mineral particles, separate to the coal particles (i.e. excluded minerals, such as sand), in form of
salts, dissolved in the fuel moisture, and in form of minerals that are finely dispersed in the coal
(i.e. included minerals, such as pyrite) [56]. In addition, inorganic elements may be organically



10 Pulverized fuel (PF) combustion

bound in the coal matrix (e.g. alkalis and earth alkalis: potassium, sodium, magnesium, calcium)
[53, 55]. Typical elements that make up for the bulk of coal ashes from PF fired systems are
aluminum, calcium, iron, potassium, magnesium, manganese, phosphorous, silicon, sulfur, and
titanium.
During combustion, minerals and inorganic matter undergo transformations, such as fragmen-
tation, melting, coalescence, evaporation, condensation, and agglomeration that ultimately
form the ash particles. The formation of individual ash particles is linked to the composition
and hence, to the properties of the different inorganic matter compounds contained in the
fuel (e.g. their melting and evaporation temperatures). In addition, it is governed by the
local conditions in the furnace (oxidizing/reducing conditions, temperatures). The different
mechanisms involved in ash formation influence the size of the formed ashes, with ash formed
by fragmentation, melting, fusion, and agglomeration, typically reaching sizes of 1 to 20 µm
and such formed by evaporation and condensation, yielding very fine ashes in the range of
0.02 to 0.2 µm. Usually, the ash forming elements in a fuel are not homogeneously distributed,
and hence, also the ash that is formed consists of various classes of ash particles [53, 56].

Ash deposits in the boiler: Fly ash that is formed in the furnace, is entrained by the flue
gases and transported together with vaporized inorganic compounds through the boiler and
its radiative and convective heat exchangers. As highlighted before, one challenge in furnace
design is to ensure sufficient residence times and temperatures for a complete fuel burnout.
Another limitation is, to avoid considerable melting/softening of the ash, which would cause
excessive formation of deposits on the heat exchangers. Usually deposition phenomena in
boilers can be categorized in slagging, which occurs in the furnace or close to the furnace exit
by formation of liquid deposits, and fouling, which relates to deposition of solid ash particles
that can be loosely attached or partially sintered. The formation of deposits on heat exchangers
is problematic, due to their detrimental effect on the heat transfer from flue gas to steam.
The reason for this is their low thermal conductivity. Moreover, they can block the flue gas
path, which reduces convection at certain parts of the heat exchangers, and also increases the
pressure drop of a boiler. Other problematic issues involve damages by large dropping deposit
pieces and corrosion phenomena that are caused by interactions between heat exchanger
materials, deposits, and the flue gas atmosphere. Most relevant to high temperature corrosion
in the boiler are mechanisms that involve reactions with chlorine (HCl and alkali salts) and
sulfur (alkali iron and alkali aluminum sulfates). It is possible to clean a boiler to certain extents
from deposits by soot blowing (i.e. cleaning with an air or steam blast) and other techniques.
Generally, deposits formed by fouling can be easier removed by such measures, compared to
more heavily fused slagging deposits. However, over time also those can become more sintered
and hence, more difficult to remove. Combustion engineering measures to reduce slagging
and fouling in boilers involve lowering and homogenizing furnace temperatures to reduce ash
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melting and vaporization. In addition, the boiler design can be adapted to consider problematic
properties of the fuel, e.g. by a reduction of the furnace outlet temperature or an adaption of
the spacing and arrangement of convective heat exchanger tubes [53, 55, 56, 62].
The formation of deposits on heat exchanger tubes is governed by the composition and the
particle size of fly ash and the local temperature and velocity of the flue gas as well as the flue
gas composition. It requires the transport of a particle to a tube, the penetration of the particle
through the boundary layer around the tube, and its final deposition on the tube surface by
forces that keep the particle attached to the tube (e.g. Van der Waals forces, surface tension or
friction). Transportation of ash to boiler tubes can occur by a range of mechanisms: Inertial
impaction happens to large ash particles (> 10 µm) that, due to their inertia, cannot follow the
flow of flue gases around a heat exchanger pipe and hence, impact the pipe. It is often reported
to be the dominant deposition mechanism in terms of weight gain if the tube surface is sticky
enough so that particles hitting the tube are not re-entrained. Another deposition mechanism
is governed by thermophoresis. This term describes the diffusional transport of fine particles
(i.e. in the range of about 0.1 to 10 µm) from hot to colder temperatures, due to the temperature
gradient in the surrounding environment. A third important mechanism is due to diffusion
of inorganic compounds in vapor phase towards a heat exchanger pipe along a concentration
gradient followed by condensation or chemical reaction of the vapor on the tube surface. The
condensation and reactions reduce the gas phase concentration of the compound at the tube
surface and therefore, maintains the concentration gradient. Due to their low condensation
temperatures, this mechanism is most important to alkali compounds (e.g. KCl, NaCl, K2SO4,
Na2SO4). An important chemical reaction to bind gas phase compounds on the surface is
sulfation. Chemical reactions between deposited material and vapor phase compounds can
lead to transformations in the deposits to form melts (e.g. low temperature eutectics of sodium,
iron, calcium, etc.) that increase the stickiness of the surface for other particles or induce the
sintering of deposited ashes, e.g. by formation of sulfates. Other deposition mechanisms that
have been reported are “eddy impaction”, caused by eddy currents in the vicinity of pipes that
accelerate small particles, so that they can impact through the boundary layer around a tube,
or electrophoresis that happens due to an electric field affecting ash particles [53, 55, 56, 62].
The buildup of a deposit on a superheater tube is assumed to proceed in different stages. Firstly,
a relatively clean tube develops an initial deposit layer. For the buildup of this initial deposit
layer, condensation and thermophoresis play an important role, since the pipe is originally
clean, relatively cold, and not sticky. Molten or partly molten particles approaching such a
clean tube by their inertia cool rapidly and often solidify before their impact. Since the surface
of a clean tube is not sticky, the particles have a low probability to adhere to it and may instead
bounce back. When the initial deposit layer grows, its outer surface temperature rises and
becomes eventually more and more sticky, once it exceeds melting temperatures of certain
ash compounds. Once a tube has developed such a sticky outer surface, the contribution
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of ash deposition by inertial impaction becomes more important compared to condensation
and thermophoresis. This can be explained by a significantly higher probability of larger ash
particles to adhere to a sticky tube compared to a clean one. With rising surface temperature
of the outer deposit surface, it can become more and more molten and more sticky. In that way
fully liquid deposits can form, e.g. on superheater tubes [53, 55, 56, 62].

Ash utilization: Ashes from PF combustion can be utilized as long as their composition
and properties fulfill requirements, defined in standards for certain applications. One of the
most common (i.e. about 75 % of the ashes from hard coal firing are utilized in that way) and
economically most attractive fly ash utilization routes, is the utilization in concrete production.
For this application, the fly ash needs to comply with standard EN 450 [63]. Ashes need
to have a siliceous character (sum of the contents of SiO2, Al2O3 and Fe2O3 > 70 · 10−2 kg

kg ),
with pozzolanic properties2, and a suitable hardening behavior and strength of the produced
concrete material. Certain chemical3 and physical properties are set as prerequisites for fly ash
utilization according to EN 450. Suitable ash qualities can replace cement in the production of
concrete, which explains their relatively high value. Lignite ashes do in most instances not
conform to standard EN 450, due to their calcareous character (high CaO and SO3 contents).
Most of the lignite ashes are used in open pit lignite mines for backfilling or landscaping
activities. Ashes that do not fulfill EN 450 (application in concrete production) may be used
in production of cement if they comply with standard EN 197 [64]. This standard allows for
blending of fly ashes with siliceous and calcareous character together with cement clinker in
ratios of 6 to 35 · 10−2 kg

kg , to produce different cement qualities. The requirements of EN 197 are
somewhat less stringent than those of EN 450. For example, depending on the cement class to
be produced, the sulfate content (expressed as SO3) can be up to 4 · 10−2 kg

kg . Other lower value
fly ash utilization routes include application as hydraulic road binders, fillers, base materials
for mortar and brick production, additives for soil improvement, and others [53, 63, 64].

2.1.5 Introduction to the oxy-fuel combustion technology

Oxy-fuel combustion is a process in which a fuel is combusted in a mixture of oxygen and
recirculated flue gas, instead of air. One characteristic of the oxy-fuel technology is that, due to
the exclusion of airborne nitrogen from combustion, in its flue gas the concentrations of CO2,
but also of other flue gas components, such as SO2 and H2O, are increased. The NOx formation
is also altered being affected by O2 injection conditions, burner configuration, and airborne N2

exclusion from the combustion [2, 65].
The changes in the flue gas composition in oxy-fuel combustion have certain impacts on the

2The ability to from calcium silicate hydrates at room temperature, similarly to cement.
3E.g. loss on ignition for category A fly ash below 5 · 10−2 kg

kg , content of SO3 below 3 · 10−2 kg
kg , content of Cl below

0.1 · 10−2 kg
kg , content of reactive CaO below 10 · 10−2 kg

kg )
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fuel conversion and heat transfer in the boiler. Fuel pyrolysis and char burnout reactions are
affected by higher CO2 and H2O levels. In addition, higher oxidant O2 levels that are often used
in oxy-fuel, compared to air combustion, affect the fuel conversion [2]. A significant difference
between air and oxy-fuel combustion is due to the different thermodynamic properties of the
CO2 and H2O rich oxy-fuel flue gas and the N2 rich flue gas in air firing, with considerably
higher heat capacities and emissivities of the oxy-fuel flue gas [66]. On basis of these changed
properties, also the adiabatic flame temperature and the radiative and convective heat transfer
change. However, the oxy-fuel technology allows to tune the heat transfer by adjusting the
flue gas recirculation ratio and thereby the O2 level in the oxidant gas and the flue gas flow
rate through the boiler. On that basis, oxy-fuel process parameters can be selected that allow
for similar heat transfer characteristics in the boiler as in air firing. Depending on the fuel and
the recycle configuration (dry/wet), an oxidant O2 level in the range of about 27 to 28 · 10−2 m3

m3 ,
wet reaches such conditions [2, 10]. Since, due to the increased oxidant O2 level, the flue gas
production is reduced in oxy-fuel, compared to air firing, the residence time of the flue gases in
a furnace and boiler of the same size is higher in oxy-fuel combustion.
The PF oxy-fuel combustion technology has been developed rapidly in the past years with a
number of industrial pilot and demonstration projects that were conducted successfully. These
include Vattenfall’s 30MW (thermal) [3], CIUDEN’s 20MW (thermal) [67], and HUST’s 35MW
(thermal) [68] pilot plants in Germany, Spain, and China, and CS Energy’s 30MW (electric) [4]
demonstration project. These projects have demonstrated the oxy-fuel technology’s feasibility
with thousands of operational hours and provided a comprehensive understanding of its
performance. For example, at Vattenfall’s pilot plant, CO2 purities over 95 · 10−2 m3

m3 , dry and
an CO2 overall removal ratio of 92 % were reached [69].

2.1.6 Detailed discussion of the oxy-fuel PF process

PF oxy-fuel power plant process configurations: In oxy-fuel combustion usually between
about 60 and 80 · 10−2 m3

m3 , wet of the flue gas is recirculated to the boiler together with the fuel
and oxygen from an air separation unit (ASU) [70–76]. Compared to an air fired system, an
oxy-fuel power plant has a considerably lower electrical efficiency, which is mainly due to the
high energy consumption of the ASU for O2 provision and the CO2 processing unit (CPU). A
recent study by Babcock & Wilcox [77] states that with not fully optimized integration of the
oxy-fuel power plant system that is expected in retrofit applications, an efficiency penalty of
around 10-11 percentage points (on GCV basis) can be expected. With optimal integration, this
could be reduced to about 6-7 percentage points (on GCV basis). Other studies focusing on
newly built oxy-fuel power plants report energy penalties of about 10 % (on NCV basis) for
non-optimized systems and around 7.5 % (on NCV basis) for an optimized system [66].
There are a number of different configurations possible to include gas cleaning units in the oxy-
fuel system with three basic design concepts that have received greater attention by industries
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Figure 2.2: Schematic of an oxy-fuel PF power plant: a), b), and c) show various recycle
options; numbers 1, 2, 3, 4, and 4´ show possible locations for dry sorbent injection (DSI).

and researchers [44, 75, 78–81]. Those are included in figure 2.2 that shows the oxy-fuel process
schematically with (a) flue gas recirculation after ash removal, (b) flue gas recirculation after
SOx removal, and (c) flue gas recirculation after moisture removal.
Removal of ash before recirculation of flue gases can be considered essential in order to avoid
extremely high ash concentrations in the process that would lead to problems, due to erosion
and fouling. Therefore, the recirculation after the removal of particulates in a fabric filter or
ESP (a) can be considered as the “dirtiest” of the practically relevant flue gas recirculation
configurations. Even though filters and ESPs can remove impurities other than ash (e.g. SO3

[38, 44, 82]), a large part of the sulfur in the flue gas as well as the moisture is recirculated to the
boiler in this configuration. This leads to relatively high levels of SO2 and H2O in the furnace.
Depending on the sulfur retention potential of the ash (i.e. the calcium, magnesium, potassium,
and sodium content), high SOx levels in the oxy-fuel recycle system without SOx removal can
also lead to a more efficient sulfur retention in the ash and therefore, higher sulfur levels in
the ash which may have negative implications on ash utilization [41, 42]. In configuration a),
DeSOx and H2O removal units can be designed much smaller than in the other configurations,
since they handle only the flue gas stream exiting the oxy-fuel recycle loop. This stream is
considerably smaller than the gas stream within the recycle loop and, due to the absence of
airborne N2, corresponds to only about one fifth of the flue gas flow of a comparable air fired
combustor. This is fundamentally different in process configurations b) and c), where SOx (b)
and SOx and moisture (c) are removed from the recirculated flue gas. The larger gas stream
that is to be handled in the respective gas cleaning equipment requires larger unit sizes and
therefore, higher investment costs. On the other hand, the separation of SOx within the recycle
leads to much lower SOx levels in the boiler which is desirable in respect to boiler fouling and
corrosion and can also minimize problems associated with low temperature acid corrosion in
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the recycle lines. In addition, it may be beneficial for an oxy-fuel power plant to be capable
to keep the legal emission limits during conventional air fired operation periods. This may,
for example, be required during start-up and shut-down. Due to the much smaller design
of a gas cleaning system in process configuration a) the system may not be capable to keep
the legal emission limits (e.g. for SOx). Configuration b) may provide additional flexibility
in that context. If H2O is removed from the recycled gas, also water concentrations in the
boiler are decreased. Water makes up for a large part of the flue gas in an uncleaned recycle
configuration (i.e. system a), with reported oxy-fuel H2O concentrations of up to 28 · 10−2 m3

m3 ,
wet in pre-dried lignite combustion [36]. A removal of H2O within the recycle can reduce the
water concentration in the boiler by a factor of approx. 4-5. However, the removal of H2O from
the flue gas that is done by cooling and condensation, leads to much lower temperatures of the
recirculated gas. Due to flue gas cooling, low temperature heat is generated that is difficult to
utilize and hence, often is lost. A similar effect is observed with the application of a wet FGD
system that is also related to excessive flue gas cooling and therefore, an energy penalty.
The selection of a recycle configuration for an oxy-fuel power plant depends to a large extent
on the sulfur content of the combusted coal [66]. McDonald [80] and Lockwood [66] discussed
different process configurations that are suitable for low, medium, and high sulfur coals. They
concluded that for low sulfur coals, recirculation after particulates removal (system a), for
medium sulfur coals recirculation after a desulfurization step (system b), and for high sulfur
coals, recirculation after desulfurization and moisture removal (system c), would be most
suitable. For the final design of the Futuregen 2.04 90MW (electric, net) oxy-fuel fired power
plant that was planned to use a medium sulfur coal blend, configuration b) with a circulating
dry scrubber (CDS) for desulfurization was foreseen [77]. A partial desulfurization by DSI may
also allow the application of higher sulfur fuels in configuration a).
Stakeholders from research and industry generally agree that, in all relevant oxy-fuel recycle
configurations, the recirculated flue gas that is fed to the mills for coal drying and conveying
(i.e. the primary recycle gas) needs to be desulfurized, dried, and reheated [73, 74, 80, 81, 83].
Drying and reheating of the recirculated gas is necessary, so that the gas is capable to dry the
coal. The desulfurization of the gas should be done in order to avoid SO3 or SO2 induced low
temperature corrosion in the recycle lines and mills that would occur if temperatures drop
below the sulfuric acid or water dew point, respectively [80].
Since recycled NOx is reburned efficiently when passing the flame zone [17, 65], the recirculation
of NOx poses no critical operational problems to the oxy-fuel combustion process and hence,
NOx reduction units (i.e. SNCR, SCR) are not strictly needed in an oxy-fuel recycle loop.
However, in industrial practice, an oxy-fuel power plant would possibly be operating with
conventional air firing during certain periods, such as start-up and shut-down. Depending on

4The FutureGen 2.0 oxy-fuel project has been stopped just before starting construction in 2015, due to a lack in
public co-funding.
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the local emission regulations, it may be necessary for an oxy-fuel power plant to have flue
gas cleaning equipment, such as SCR, SNCR, and wet FGD, available in order to keep emission
limits during air fired operation. Different regulatory situations in various countries are to
some degree reflected in the actual or planned designs of oxy-fuel pilot and demonstration
plants. For example, in Australian (CS Energy’s ‘Callide’ project [81]) or US oxy-fuel projects
(FutureGen 2.0 designs [77, 80]) no SCR system was included, while in European projects, SCR
systems were foreseen as an option (e.g. Vattenfall’s oxy-fuel pilot plant “Schwarze Pumpe”
[84]; Design of Vattenfall’s oxy-fuel demonstration project [85]) or plants have been built with
a fully operational SCR system, such as CIUDEN’s 20MW (thermal) oxy-fuel system [86].
An important part of the design of an oxy-fuel recycle system is the addition of oxygen to
the process. Even though, explosion hazards in 21/79 · 10−2 m3

m3 , dry mixtures of O2 and N2

(i.e. air) and O2 and CO2 (i.e. oxy-fuel) are comparable, the addition of O2 to the primary gas
poses a general risk of increased O2 concentrations in this gas stream in events, such as mill
start-up and shut-down, and failures of equipment, such as the recycle gas fan [87]. Therefore,
in practical systems no O2 is added to the primary gas, supplied to the mills. It should however
be noted that the primary recycle gas does contain few percent of O2 that originate from the
O2 excess of combustion. Instead, O2 can either be added to the secondary recycle gas or it
can be directly injected to the furnace via pure O2 annuli or lances of the burner. Moreover, a
hybrid operation with partial O2 premixing to the secondary recycle and additional direct O2

injection via the burner is possible [2, 88–90]. The direct O2 injection and the hybrid injection
showed positive effects on the combustion behavior in pilot tests by Vattenfall [88].

Factors affecting the purity of the generated CO2: The product of the oxy-fuel combus-
tion process is a CO2 rich flue gas stream that is subsequently cleaned and liquefied for transport
and storage. To reduce the energy requirement for CO2 compression and liquefaction, high
CO2 purities of the oxy-fuel flue gas are desirable [91]. This purity depends on the extent of air
ingress, the oxygen excess in combustion, and the purity of the used oxygen. Depending on
these factors, the recirculated flue gas after drying may contain around 5-30 % of the ballast
gases O2, N2, and Ar [69, 85, 88, 89, 92–94]. In addition, impurities, such as CO, NOx, SOx, and
mercury that origin from the fuel or its combustion are present in the oxy-fuel flue gas, but
their concentrations are usually much lower. Nonetheless, these components are problematic,
due to their corrosivity, so that they need to be removed.
One measure to obtain high CO2 purities in the oxy-fuel combustion process is the application
of highly pure O2 (i.e. 99.5 · 10−2 m3

m3 , dry). However, in future commercial oxy-fuel projects
an economic optimum for oxygen purity from the ASU is around 95 · 10−2 m3

m3 , dry [85, 88].
The approx. 5 · 10−2 m3

m3 ,dry of N2 and Ar that are supplied with the O2 feed will lead to an
increase on the ballast gas in the flue gas in a similar order of magnitude. The ingress of air to
an oxy-fuel combustion process is another source of ballast gas that can lead to a considerable
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contamination of the CO2 purity and therefore, an increased energy requirement for CO2

purification [91]. Since N2 from air leakage accumulates in the recycle loop, even small leaks
with only little air ingress can lead to a considerable flue gas contamination [88, 92, 95].
Another source of dilution of the CO2 purity is O2 that originates from the operation of the
combustion process with excess oxygen. To achieve a high burnout and low CO concentrations
in the flue gas, O2 needs to be supplied in excess to balance imperfect mixing in the furnace.
This implies that CO2 contamination by few percentage points of excess oxygen cannot be
avoided in oxy-fuel combustion processes. In Vattenfall’s oxy-fuel pilot plant “Schwarze
Pumpe” stoichiometric ratios of combustion between approx. 1.1 and 1.2 were necessary to
avoid excessive CO generation [89]. A difference between air and oxy-fuel combustion is
that different oxidant O2 concentrations imply different excess O2 concentrations to reach the
same combustion stoichiometry (see also section 4.2.1.4). Higher oxidant O2 concentrations
that are equivalent to low flue gas recirculation ratios are desirable to reduce gas streams
in the process and therefore, plant dimensions and auxiliary fan power. On the other hand,
at high oxidant O2 concentrations, a complete combustion of the fuel without generation of
high CO concentrations requires considerably higher excess O2 concentration levels [88] and
therefore, leads to increased contamination of the CO2 rich flue gas by O2. This problem can
be counterbalanced by an enhancement of the oxy-fuel firing system so that it can be reliably
operated at a stoichiometry lower than the ones applied in conventional air fired systems.
For example, after optimization, Vattenfall’s oxy-fuel pilot plant “Schwarze Pumpe” could
be successfully operated with 2.5 · 10−2 m3

m3 , wet excess O2 at an oxidant O2 concentration of
31 · 10−2 m3

m3 , wet (i.e. nO2,loc ≈1.1) [88].
The flue gas that leaves the oxy-fuel recycle loop is fed to a CO2 processing unit. In this system,
it is compressed and impurities, such as H2O, NOx, SOx, and mercury, are removed according
to the requirements of the CPU system and the downstream handling (i.e. pipeline transport,
geological storage, or CO2 utilization). A removal of part of the impurities before compression
(i.e. in the low pressure oxy-fuel system) may be mandatory or economic (e.g. the bulk of SOx

and H2O). The cleaned and compressed CO2 rich stream is finally liquefied in the CPU. Ballast
gases that cannot be liquefied in the CO2 liquefaction system need to be vented.

2.2 Formation and impacts of sulfur oxides in PF boilers

2.2.1 Sulfur, alkalis, and earth alkalis in fuels

Sulfur in coal and lignite: Fossil fuels contain sulfur in various forms, such as sulfides
(especially pyrite: FeS2), sulfates (e.g. CaSO4), as organically bound sulfur, and to a small
portion as elemental sulfur. The sulfur content of coals varies significantly [53, 96]. Central
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European lignites contain between 0.2 up to about 5 · 10−2 kg
kg of sulfur5 [96]. In hard coals,

sulfur levels up to 11 · 10−2 kg
kg

6 have been reported [97], even though contents in coals used
in Western European power plants are often much lower. Coals can be categorized in low
sulfur (γS < 1 · 10−2 kg

kg ), medium sulfur (1 · 10−2 kg
kg < γS < 3 · 10−2 kg

kg ), and high sulfur coals

(γS > 3 · 10−2 kg
kg )

7 [97]. Due to the costs for gas cleaning and other issues related to the sulfur
contained in coals, the prices for higher sulfur coals are lower than those for low sulfur coals.
Coals imported to Europe usually are from the low and medium sulfur category. The form in
which sulfur is present in coals is influenced by the coalification degree, with younger coals
and lignites showing higher contents of sulfur in organic form or in form of sulfates. Generally,
the bulk of the sulfur in fuels is present as pyrite and organically bound sulfur [53, 97].

Alkalis and earth alkalis in coal and lignite ash: Besides other elements, coals contain
alkalis and earth alkalis (most importantly potassium, sodium, calcium, magnesium) that can
react with sulfur in the furnace and downstream equipment. These elements can be present in
coal in dissolved form within the moisture (dissolved salts, such as NaCl or KCl), as organically
bound compounds (i.e. bound in the coal matrix), as included (e.g. calcium oxalate), and as
excluded minerals (e.g. limestone; clays and alumino-silicates rich in potassium, sodium, and
calcium). The form in which those elements occur in coals depends also on the coalification
degree, with younger fuels, such as lignites, containing more organically bound alkalis and
earth alkalis, and in general, more elements that are water soluble and can therefore be depleted
during coal aging. This explains the often lower contents of alkalis and earth alkalis in older hard
coals. Sodium, potassium, magnesium, and calcium can represent more than 60 · 10−2 mol

mol of
the inorganic matter contained in lignites, while in hard coals this number is often considerably
below 20 · 10−2 mol

mol . The organically bound alkali and earth alkali elements in lignites are
usually more reactive than alkalis and earth alkalis in hard coals. An exception to this are alkali
salts found in hard coals that have been exposed to salt water [53, 56, 62, 98].

2.2.2 Sulfur oxides in flue gases, ashes, and deposits

2.2.2.1 SO2 and SO3 formation and retention in ash

Formation of SO2: During combustion, sulfur contained in the fuel is oxidized almost
completely, forming mainly sulfur dioxide, following reaction 2.1 [53, 99]:

S + O2 SO2 (2.1)

5Adolphi [96] does not give the fuel reference state related to this concentration.
6Chou [97] does not give the fuel reference state related to this concentration.
7Chou [97] does not give the fuel reference state related to these concentrations. Since these ranges are indicative
and the dry and ash free reference state allows to compare different fuels, this reference state is considered in the
following.



CHAPTER 2: Background 19

O2: 20 % O2: 50 % O2: 80 % pure O2

ySO2
 in 

10−6 m3/m3

ySO2
 in 

10−6 m3/m3

nO 
 
,glob2

nO 
 
,glob2

O2 + CO25000 O2 + N25000

4000 4000

3000 3000

2000

1000

0 0

1000

2000

0.7 51 1.70.7 1 1.7 5

Figure 2.3: Influence of nO2,дlob on SO2 concentrations ySO2 (not corrected to the same
O2 level) in coal combustion, for various O2 contents in CO2 (left) and N2 based (right)
oxidants at 1000 ◦C. Gray circles indicate typical operation regimes for air and oxy-fuel PF
combustion (graphic plotted on basis of [100]; equivalence ratio replaced by stoichiometric
ratio).

In air and oxy-fuel firing, the most important parameters influencing the extent of SO2 for-
mation are the sulfur content of the fuel, the availability of oxygen (i.e. stoichiometric ratio
of combustion - nO2,дlob , nair ), the alkaline and earth alkaline content of the fuel’s ash, and
the temperature-residence-time-profile of the combustion process. Since SO2 is formed by
combustion of the fuel’s sulfur, it is obvious that the SO2 concentration increases with a rising
sulfur content of the coal. In combustion tests using coal under N2/O2 and CO2/O2 atmospheres,
Hu et al. [100] found a significant influence of nO2,дlob on the SO2 concentrations in the flue gas
(see section 4.2.1.4 for the definition of nO2,дlob). The effect can be seen in figure 2.3 that shows
experimentally measured flue gas SO2 concentrations versus nO2,дlob . The SO2 concentrations
in figure 2.3 are not corrected to the same O2 level and hence, are subject to a variable dilution
of flue gases with excess oxidant gas at different nO2,дlob values8.
Starting from fuel-lean mixtures, the SO2 concentration rises with decreasing nO2,дlob until
it reaches a maximum at nO2,дlob values of around 0.85. This is caused to large extent by a
decreasing dilution of the flue gas by excess oxidant gas but also by a reduced sulfur retention
in the ash when decreasing nO2,дlob . The reduction of the sulfur retention in the ash can be
explained by the fact that the capture reactions of sulfur require O2 (see reaction 2.3), which
is less available at lower combustion stoichiometries. The increase of the SO2 concentration
with decreasing nO2,дlob is more pronounced at high O2 contents in the oxidant gas than at O2

8The article by Hu et al. [100] also provides plots on fuel mass specific SO2 emissions that are not subject to
variable flue gas dilution.
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concentrations of 20 · 10−2 m3

m3 , dry and is found in N2 as well as in CO2 atmospheres. At the
same level of nO2,дlob the dilution of the flue gas by excess oxidant gas is strongly influenced
by the O2 concentration in the oxidant gas (it is more pronounced at lower O2 concentrations
in the oxidant gas; see also section 4.2.1.4). When decreasing nO2,дlob further below values of
around 0.85, the SO2 concentration falls. The reason for this is that at such low stoichiometries,
not enough oxygen is available for a complete oxidation of the sulfur to SO2 and hence, other
sulfur species, such as H2S, are formed.

Retention of SO2 in the ash: Alkaline and earth alkaline compounds can take up SOx from
the flue gas to form solid sulfates. Therefore, the content of those compounds in the coal ash
influences the SO2 flue gas concentration, in air as well as oxy-fuel fired systems, substantially.
The most important desulfurization reaction chain includes firstly a calcination of CaCO3 to
CaO (reaction 2.2) and subsequently, a sulfation of CaO with SO2 and O2 (reaction 2.3). Both
these (reversible) reactions are shown below [11]:

CaCO3 CaO + CO2 (2.2)

CaO + SO2 +
1
2
O2 CaSO4 (2.3)

CaCO3 + SO2 +
1
2
O2 CaSO4 + CO2 (2.4)

A similar reaction chain exists for MgCO3. SO2 can also be captured by reactions with potassium
and sodium compounds, forming K2SO4 and Na2SO4. The direct desulfurization of CaCO3,
shown in equation 2.4, is generally assumed to be of minor importance in conventional PF
combustion but, due to the greater stability of CaCO3, may be of greater importance in CO2 and
SO2 rich oxy-fuel atmospheres [101], even though the contribution of this reaction pathway
might still be limited [25]. The SO2 capture in the ash under air as well as under oxy-fuel
conditions depends, besides the alkaline and earth alkaline content of the ash, on the level of
the SO2 in the flue gas (i.e. the SO2 partial pressure) and therefore, on the sulfur content of
the coal [102]. Higher SO2 partial pressures influence the stability of sulfates and the diffusion
of SO2 towards and reactions with alkali and earth alkali compounds positively [103]. In
addition to the SO2 level, also the temperature (see figure 2.4a) and the residence time of flue
gases in the temperature range relevant for desulfurization (see figure 2.4b) is determining the
desulfurization efficiency ηSO2,дlob in a PF combustion system.
It can be seen from figure 2.4 that there is an increase in the efficiency of desulfurization with
increasing sulfur content of the coal and hence, increasing SO2 levels in the flue gas. At certain
temperatures, there is a desulfurization maximum (in air firing at approx. 1100 ◦C, in oxy-fuel
combustion at approx. 1200 ◦C; temperature levels established by Liu et al. [11] for exemplary
air and O2/CO2 systems without consideration of particle sintering). Such a maximum can be
explained as follows: Initially, the desulfurization reactions run more and more efficiently with
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rising temperatures. However, depending on the SO2 partial pressure CaSO4 decomposes at
high temperatures, whereby SO2 is released (reverse reaction 2.3). At high temperatures, the
decomposition reaction reduces the efficiency of the flue gas desulfurization until the CaSO4

decomposition outbalances its formation and no SO2 is captured anymore. From figure 2.4
another effect can be seen: The flue gas desulfurization efficiency in O2/CO2 (i.e. oxy-fuel)
atmosphere, compared to air firing, is increased by a factor of about 4 to 6 and obviously runs
over a wider temperature range with higher maximum temperatures [11]. This rise in the
desulfurization efficiency is explained by a (compared to air combustion) increased residence
time of the flue gases at temperatures suitable for efficient desulfurization, due to flue gas
recirculation in oxy-fuel operation. Section 4.1.3 of this thesis covers and illustrates the effect
in greater detail. The positive effect of increased flue gas residence times on the desulfurization
efficiency in oxy-fuel recycle combustion was not proven experimentally by Liu and coworkers
[11, 104, 105] but was proposed based on simulation results, obtained from an air and oxy-fuel
in-furnace desulfurization model. In addition to the increased residence time of SO2 molecules
in oxy-fuel recycle combustion, the substantial increase in SO2 concentrations under oxy-fuel
conditions suppresses the decomposition of CaSO4 and shifts it to higher temperatures [11, 19,
54]. This extents the reaction volume inside a boiler in which desulfurization can occur and is
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(b) ηSO2,дlob versus residence time
Figure 2.4: (a) Calculated temperature dependency of the desulfurization efficiency
ηSO2,дlob at a combustion stoichiometry of nO2,дlob = 1.2, 8 s residence time (once-through),
a molar Ca/S ratio αCa/S = 5, and a 10 µm CaCO3 particle diameter for coal combustion in
O2/CO2 atmosphere with a recirculation rate ξrec of 0.84 and for air combustion, and (b)
calculated dependency of the desulfurization efficiency ηSO2,дlob on the residence time at
1400 K, a combustion stoichiometry nO2,дlob =1.2, a molar Ca/S ratio αCa/S = 5, and a 10 µm
CaCO3 particle diameter for coal combustion in O2/CO2 atmosphere with a recirculation
rate ξrec of 0.84 and for air combustion.
(Adapted with permission from Energy Fuels, Vol. 15 (2), Liu, H.; Katagiri, S.; Okazaki, K., Drastic SOx

Removal and Influences of Various Factors in O2/CO2 Pulverized Coal Combustion System, pp 403–412.,
[11]; Copyright (2001) American Chemical Society.)
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beneficial for SO2 capture [11]. The higher SO2 partial pressure in oxy-fuel firing, in addition,
has a positive impact on the desulfurization reaction kinetics and on the diffusion of SO2 from
bulk flue gas to CaO rich particles [106]. Besides, in oxy-fuel combustion also the elevated CO2

partial pressure may have a positive impact porosity of CaO rich particles and therefore, the
desulfurization efficiency may be enhanced [25, 107, 108].
To sum up, the retention of sulfur in the ash in oxy-fuel systems is enhanced, compared to
air firing, but this also depends on a variety of individual factors, which differ between fuels,
plants, and combustion settings, and therefore, the predominance of the effect differs in different
experiments [41, 42]. Fleig et al. [12] found in tests at a 100 kW (thermal) test rig with low
sulfur lignite a 67 % conversion rate of sulfur from the fuel to SO2 for air combustion and
between 41-46 % in oxy-fuel firing. In a review of other published literature, Fleig et al. [109]
showed that increased sulfur retention in the ash and hence, lower fuel sulfur to SO2 conversion
efficiencies were also found by several other researchers.

SO2 levels in oxy-fuel combustion: As mentioned above, the exclusion of N2 in oxy-
fuel combustion leads to an increase of SO2 concentrations by a factor of around 4. Thus,
in oxy-combustion extremely high SO2 levels can occur. SO2 concentrations up to above
20 000 · 10−6 m3

m3 , dry were measured during oxy-fuel combustion of a sulfur rich coal [15]. In
contrast to the SO2 concentrations, due to the improved sulfur capture in the ash, the energy
based SO2 emissions (i.e. SO2 mass flow related to energy supply by fuel, e.g. in mg SO2/MJ) in
oxy-fuel operation are lower than in air firing [1, 10, 54, 110]. However, high SO3 levels in the
ash, caused by an enhanced sulfur retention, may impact its utilization negatively.

SO3 formation and retention in the ash: During combustion and along the flue gas path,
SO3 is formed from SO2 in a homogeneous (bi- or trimolecular) gas phase reaction (equation
2.5) or in a heterogeneous, solids catalyzed reaction for example on iron oxides [99, 111].

SO2 +
1
2
O2 + M SO3 + M (2.5)

Generally, the extent of SO3 formation in air and oxy-fuel firing is significantly influenced by
the sulfur content of the coal (i.e. SO2 partial pressure in flue gas), the alkaline and earth alkaline
content of its ash, the availability of oxygen, the content of catalytically active compounds in
the ash, the temperature-residence-time-profile of the flue gas in the plant, and the application
of SCR equipment [53, 99]. The sulfur content of the coal affects directly the SO2 partial pressure
and therefore, indirectly the SO3 levels and is one of the most important parameters influencing
the concentrations of SO3 in the flue gas (see also figure 4.37 in the results chapter with results
on SO3 formation in air and oxy-fuel combustion from this thesis and from others). Hochbruck
highlights a directly proportional correlation between the SO2 and the SO3 levels [112]. It is
obvious that higher SO2 levels in oxy-fuel firing are related to higher SO3 concentrations [26,
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38]. The O2 concentration in the flue gas has also a direct effect on the SO3 formation rate,
which increases with increasing oxygen content [20, 26, 29, 112–114].
The SO3 formation in the boiler and down to temperatures of approx. 500 ◦C is influenced
by the presence and amount of catalytically active compounds (e.g. Fe2O3), with higher
contents leading to higher SO3 formation [29, 111–113]. Catalytic SO3 formation is highly
dependent on temperature, with a maximum of the SO2 to SO3 conversion at about 700 ◦C [29,
115]. The catalytic SO3 formation takes place on entrained fly ash particles as well as on ash
deposits in the boiler [116]. Laboratory studies on the SO2 to SO3 conversion on fly ashes9 in
simulated air and oxy-fuel atmospheres did not show significant differences in the conversion
efficiencies [29, 113]. The homogeneous just as the catalytic SO3 formation, clearly shows
a temperature-dependent behavior [26, 29]. Both are relatively slow [29, 111–113], which
is the reason why in practical firing systems no equilibrium concentrations of SO3 can be
observed. Therefore, the temperature-residence-time-profile of the flue gas in a plant is another
key parameter influencing the formation of SO3 [26, 29, 99]. In addition to the mentioned
points, the installation of an SCR unit can significantly increase SO3 concentrations. SO2 to SO3

conversion ratios of 0.5-2 % have been observed at SCR systems [111, 117]. Also the presence
of nitrogen oxides may have a positive impact on SO3 formation [112, 114].
Another important parameter determining the SO3 formation during combustion is the content
of alkaline and earth alkaline compounds in the ash. Similarly to the reactions with SO2, those
can capture SO3 in form of sulfates directly (see reaction 2.10) but also reduce the SO3 formation
indirectly by capturing SO2, the precursor of SO3. Since under oxy-fuel fired conditions, the
capture of SO2 in the ash is enhanced, this also affects indirectly the generation of SO3.

SO3 levels in air and oxy-fuel combustion: In practice, SO2 to SO3 conversion rates
between 1 and 5 % [16], with SO3 concentrations up to about 40 · 10−6 m3

m3 , dry in coal fired
air and over 180 · 10−6 m3

m3 , dry in oxy-fuel facilities were reported [15, 118]. This considerable
increase might be mainly a result of the increased SO2 concentration under oxy-fuel fired
conditions. In an experimental combustion study by Fleig et al. [26], no clear trends were
observed in respect to changes in the SO2 to SO3 conversion rates between air and oxy-fuel
firing.

H2SO4 formation and condensation: At temperatures below about 400 ◦C, gaseous sulfuric
acid (H2SO4) starts to form from the reaction of SO3 and water vapor and reaches complete
transformation of the SO3 at approximately 200 ◦C [119, 120]. The dew point of the formed
H2SO4 depends on the concentrations of H2O and SO3/H2SO4 in the flue gas. It can be calculated
based on those species’ partial pressures, according to Verhoff and Banchero [121], Okkes [122],
or by a more recent correlation by ZareNezhad [123]. In power plants, H2SO4 dew points

9Fly ashes used by Belo [29, 113] have been obtained in experiments of this thesis, introduced in sections 3.3.4
and 4.2.3.
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typically range between 95 and 160 ◦C. With increased H2O and SO3/H2SO4 concentrations in
oxy-fuel operation, considerably higher dew point temperatures than in air firing are reached
(i.e. 20 to 30 ◦C higher [109]). When temperatures fall below the H2SO4 dew point gaseous
H2SO4 starts to condense. In power plants, relevant temperatures are found in the region
of fly ash filters and precipitators and air preheaters, where substantial problems due to low
temperature corrosion10 and fouling, can occur [53, 123]. Fouling is caused by the condensation
of sulfuric acid on cold surfaces. The liquid that is formed acts then as a sticky surface at
which fly ash can deposit. It is known that ashes rich in CaO and MgO reduce temperatures
at which low temperature fouling becomes problematic. The removal efficiency of H2SO4

by condensation on cold air preheater surfaces can be significant [53]. To control sulfuric
acid induced fouling and corrosion problems, air preheater outlet temperatures are selected
high enough to minimize problems cause by acid condensation. Depending on the sulfur
and CaO and MgO content of the fuel, these temperatures are in a range of 120 to 140 ◦C for
hard coal and somewhat higher (140 to 170 ◦C) for lignite fired systems [53]. The heat that
remains in the flue gases after the air preheater cannot be recuperated and hence, lowers a
power plant’s efficiency. In oxy-fuel plants the recycle lines are also critical in respect to low
temperature H2SO4 corrosion [66]. At temperatures below the H2SO4 dew point, SO3/H2SO4

can also be separated from gas phase effectively by condensation on fly ash particles [117].
Such temperatures can for example be found at ESPs and filters.

2.2.2.2 Sulfur oxides in deposits

The role of sulfur oxides in slagging, fouling, and corrosion: Sulfur oxides can react
with components of the ash, most importantly alkali and earth alkali species to form sulfates.
This may happen with the entrained ash but also with ash that has been deposited on heat
exchanger surfaces. In this context, SOx plays an important role in slagging and fouling. For
example, from lignite fired systems, slagging by low temperature CaS/CaSO4 eutectics is a
known phenomenon. Another problematic deposit system is characterized by an eutectic
mixture of NaSO4 and NaCl with melting temperatures as low as 625 ◦C. Via reactions between
alkali sulfates (e.g. K2SO4), iron oxide, aluminum oxides (i.e. Fe2O3, Al2O3), and sulfur trioxide,
complex alkali iron and alkali aluminum tri-sulfates can form. Those are liquid and stable
at temperatures between about 550 and 700 ◦C and are known to attack even highly alloyed
heat exchanger materials. The corrosion by such sulfatic melts is known to be inhibited by
earth alkalis in the ash. High temperature corrosion problems by alkali metal tri-sulfates may
be counteracted by lowering the heat exchanger (i.e. steam) temperature or if this option is
not available, by the application of more corrosion resistant materials or coatings, and by fuel
additives. The sulfation of alkali chlorides contained in deposited ash (i.e. NaCl, KCl) that

10H2SO4 is highly hygroscopic and takes up moisture from the flue gas, forming an electrolyte that is known for
its high corrosivity to low alloyed steels used in the respective sections of power plants.
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releases chlorine, is responsible for chlorine-induced high temperature corrosion [53].
As introduced in section 2.1.4, sulfatic deposits in liquid phase play also an important role in
the mechanism of ash deposition on boiler tubes when they form a sticky layer that holds
other solid ash particles that hit this layer. Moreover, the sulfation of ash deposited on heat
exchanger tubes by gaseous SO2 and SO3 can be responsible for heavy sintering of deposits
[62]. This occurs on convective heat exchangers if flue gas and outer deposit temperatures
are below the sulfate decomposition temperature (for CaSO4 this is between about 1100 and
1200 ◦C in air firing). An optimization of the cleaning intervals of soot-blowers can help to
reduce sintering of deposits. SO3 plays also an important role in fouling of SCR catalysts by
ammonium sulfate and ammonium hydrogen sulfate [53] and is responsible for problems in
respect to air preheater fouling.

Sulfur oxides in ashes and deposits in oxy-fuel combustion: It can be stated that, even
though a considerable number of publications is available dealing with deposits in oxy-fuel
combustion, only few of them include systematic experimental comparisons of air and oxy-fuel
ashes and deposits. Generally, the altered flue gas composition and changes in the temperature
profile of an oxy-fuel fired process can impact the formation and transformation of ashes and
deposits. Previous studies indicated that the changes in firing mode may not necessarily change
the ash transformation behavior [124, 125]. Available literature on transformation of carbonate
minerals (e.g. CaCO3) suggests that under oxy-fuel conditions carbonate decomposition tem-
peratures are significantly increased [124], which means that they may be stable in deposits at
somewhat higher temperatures. However, temperatures in the furnace and in parts of the boiler
are still well above the carbonate decomposition temperatures, which limits the effect of their
increased stability in oxy-fuel combustion. Moreover, in coal fired systems, usually a significant
amount of sulfur is present which, due to their thermodynamic stability, causes the formation
of sulfates preferentially to carbonates. However, for low sulfur and high alkali and earth alkali
fuels carbonate formation in boilers cannot be ruled out [20]. In fact, higher degrees of ash
and deposit sulfation and stable sulfates at higher temperatures than in air firing have been
observed in oxy-fuel combustion by the author of this thesis [41, 42] (see also sections 4.2.1.1,
4.2.1.3 and 4.2.1.2) but were also mentioned by others [9, 126]. A thermodynamic equilibrium
study on the differences in respect to ashes and deposits between air and oxy-fuel firing by
Schnurrer et al. [19] showed that higher SO2 levels in oxy-fuel operation shift the temperature
regions in which SOx containing species are stable to higher temperatures. The temperature
shifts that were observed in this study are in a range of 30 to 60 ◦C.
Wigley et. al [124] also highlighted that mineral transformation can be altered considerably if
combustion temperatures are changed in oxy-fuel firing. Thus, not only the altered flue gas
atmosphere may play a decisive role in oxy-fuel ash/deposit formation and transformations
but also changes in flue gas flow rates and thermal properties. Nonetheless, to date and with
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the oxy-fuel process configurations that are currently favored (i.e. ξrec ≈ 0.7), no significant
changes are expected. Few researchers studied the deposition behavior in air and oxy-fuel
combustion of coals comparatively and made partly opposing observations (i.e. increased as
well as decreased deposition) [127–129]. The observations have been explained by all these
researchers on basis of changes in the velocity, particle trajectories, particle sizes, and molten
ash viscosities between air and oxy-fuel firing. In these studies, the crystallographic and
chemical analyses of ashes did not show significant differences between the combustion modes.
Comparative air and oxy-fuel investigations at Vattenfall’s oxy-fuel pilot plant “Schwarze
Pumpe” showed that chemical compositions and morphology of superheater deposits were
similar [21, 22, 130]. Deposition rates in the same study were increased in oxy-fuel, compared
to air fired combustion. Adams et al. observed slightly finer ash particle sizes in deposits from
oxy-fuel combustion with one of three tested fuels [23].
To sum up the experiences in respect to differences of oxy-fuel deposits, compared to air firing,
the statement given in 2010 by Toftegaard at al. [54] that “investigations reported till now
indicate that the changes to depositions in an oxy-fuel plant, compared to an air fired unit, will
not be of essential significance to the plant operation” seems to be still valid with an exception
in respect to sulfates for coals that have a significant sulfur capture potential (i.e. high alkali
and earth alkali contents). For such fuels, higher contents of sulfates in ashes and deposits
need to be expected and such sulfates may occur at higher temperatures.

Corrosion by sulfur in oxy-fuel combustion: Sulfur oxides in deposits can also cause
corrosion of heat exchanger materials. In corrosion studies with material samples that were
firstly exposed to oxy-fuel combustion atmospheres and then further reacted in similar at-
mospheres in a laboratory oven, no indications of high temperature sulfur corrosion even in
high SO2 atmospheres have been detected, even though the deposits attached to the boiler
materials were rich in sulfates [131, 132]. It was speculated that the sulfur-binding capacity
of compounds in the deposits (e.g. earth alkalis) may capture SOx diffusing towards the heat
exchanger surface and hence, play a protective role in respect to sulfur corrosion [131]. Also
others did not find evidence of increased corrosion rates at moderate levels of SO2 (i.e. up
to 3200 · 10−6 m3

m3 , dry) in comparative air and oxy-fuel laboratory corrosion studies [133] and
in experiments at Vattenfall’s oxy-fuel pilot plant “Schwarze Pumpe” [21, 130]. However, in
experiments burning a high sulfur coal, without recycle gas desulfurization, reaching very
high SO2 levels (i.e. 17 642 · 10−6 m3

m3 , dry) [23, 134], an extreme increase in the wastage rate11

of an austenitic steel was observed. This was associated to the presence of molten alkali metal
trisulfates. However, it was stated by the authors of that study that in an industrial oxy-fuel
system one would not allow such high SO2 levels.
In general, it can be stated that high temperature sulfur corrosion by sulfate melts is expected

11For this study, an electrochemical online corrosion probe was used.
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to occur in oxy-fuel combustion similarly to air firing [66]. The temperature range in which
this mechanism is active may be shifted to higher temperatures, due to increased SO2 and
SO3 partial pressures in oxy-fuel combustion [19, 135, 136], and the effect may be more severe
especially at very high levels of SOx. This can be counterbalanced by burning lower sulfur fuels
and/or desulfurization of the recirculated flue gas.

2.2.2.3 Legal and technical SOx emission limits

Legal sulfur oxide emission limitations in conventional PF plants: European emission
limits for power plants are regulated in directive 2010/75/EU on industrial emissions [137]. The
regulations in this directive have to be transferred to national laws in the member states of the
European Union keeping all emission limits set therein. National laws may however set stricter
emission limits than the ones stated in directive 2010/75/EU. This is the case for Germany. In
Germany, large pulverized coal fired power plants need to follow the emission limits set by the
13th ordinance on the implementation of the federal immission control act (ordinance on large
combustion plants and gas turbine plants: 13. BImSchV [138]). The compliance to the emission
limits for SOx

12 needs to be validated by continuous emission monitoring13. The German and
the corresponding European Union emission regulations for new, large, pulverized coal and
lignite fired power plants for SOx and required minimum desulfurization efficiencies ηSOx ,lim

are given in table 2.1. Depending on the thermal power Pth of the facilities, different emission
limits apply.
For older plants and plants operating for less than 1500 h per year, less strict regulations exist
on European and also on German national level. For example, for the newest generation of
German PF power plants with a thermal power above 300MW that have been authorized
between November 2002 and January 2013 and went in operation between November 2003
and January 2014, the daily average SOx emission limit is 200 mg

m3 , (STP) and the half hourly
average limit is 400 mg

m3 , (STP). In addition, the plants need to keep a minimum desulfurization
efficiency ηSOx ,lim of 85 %. The German and European emission limits for large, solid fuel fired
plants14 refer to a flue gas at an oxygen level of 6 · 10−2 m3

m3 , dry [137, 138].
In other countries, much less strict emission limits apply. For example, in New South Wales,
Australia15, four of five of the large coal fired power stations have so called reporting limits for
SO2, while one plant has no such limitation at all [139]. These reporting limit values require the
power plants to operate a continuous SO2 emission monitor and file non-compliance reports16

if the reporting limit is exceeded. The SO2 reporting limit for the respective power stations is

12In the context of the German emission regulations, SOx refers to the sum of SO2 and SO3, expressed as SO2.
13If a continuous emission monitor for SO2 is operated, the concentration of SO3 can be determined by calibration
measurements and can be further considered in the emission data by calculation.

14Except for waste incinerators that fall under a different ordinance.
15In Australia no federal emission limitations for power plants exist and emissions are regulated on a state level.
16These have to give details on dates, times, durations, and reasons of the exceedance and any actions taken to
address future exceedances [139].
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Table 2.1: Current (as of December 2017) SOx (i.e. sum of SO2 and SO3 expressed as
SO2: ySOx ,lim) daily and half hourly average emission limits (referring to an oxygen level of
6 · 10−2 m3

m3 , dry) and minimum desulfurization efficiencies ηSO2,lim for new, large, PF fired
power plants in Germany and the corresponding European Union emission limits.

Germany EU

domestic lignite† other solid fuels solid fuels

ySOx ,lim ηSOx ,lim ySOx ,lim ηSOx ,lim ySOx ,lim

Pth daily 1/2 hourly daily 1/2 hourly daily

MW mg
m3 , (STP)

mg
m3 , (STP)

mg
m3 , (STP)

50 - 100 - - 93 % 400 800 - 400

100 - 300 300 600 93 % 200 400 85 %†† 200

> 300 400 800 97 % 150 300 85 %†† 150

† These limits apply to domestic lignites that, due to their sulfur content, cannot keep the emission limits for
other solid fuels with a proportionate effort.
†† In case, the 85 % desulfurization requirement would lead to SOx emissions below 50 mg

m3 , (STP), a minimum
desulfurization efficiency ηSO2,l im that corresponds to a SOx emission of 50 mg

m3 , (STP), needs to be maintained.

1760 mg
m3 , (STP). In addition, all coal fired power plants in New South Wales need to follow a

concentration limit for sulfuric acid mist (i.e. H2SO4, expressed as SO3) of 100
mg
m3 , (STP) [139].

Technical limitations in respect to sulfur oxides in conventional PF plants: Since in
conventional PF power plants, the SOx level in the boiler can usually only be controlled on
basis of the fuel selection, boilers need to be designed in a way that allows them to withstand
the respective SOx levels and the negative impacts of SOx in respect to slagging, fouling, and
corrosion. A number of engineering measures, such as selecting more corrosion resistant
steels or accepting a higher material wastage, the application of soot blowing and other heat
exchanger cleaning techniques, and lowering furnace outlet and/or steam temperatures, are
available to control such issues. However, these measures are associated to an increase of
equipment and operational costs of a power plant and/or a reduction of the power plant’s
efficiency. Even with such measures in operation, a power plant’s availability may be negatively
impacted by a higher sulfur fuel, compared to a low sulfur one. In practice, the sulfur content of
coals combusted in conventional power plants is in most cases not strictly limited for technical
reasons but rather by balancing fuel cost and power plant equipment and operational costs
as well as availability. The sulfur content of coal blends used in power generation generally
is in a range of 0.5 to 2.5 · 10−2 kg

kg
17 [140] and hence, a sulfur content of maximum about

2.5 · 10−2 kg
kg can be considered as a techno-economic optimum for application of coals in

today’s conventional power boilers. This is not a strict limit and, depending on fuel availability
17Nalbandian [140] does not give the fuel reference state related to this concentration range.
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and other circumstances, also fuels with much higher sulfur levels may be combusted.
For power plants that import hard coals, the selection of coals with a certain sulfur content is
rather flexible. Most of such power plants use different coal qualities that they blend on-site
depending on the limitations of the power plant’s design (especially of the DeSOx system). For
example, when power plants operate in part load their DeSOx systems may not reach their
SO2 capture capacity limits. During such periods, power plants may use more of the cheaper,
higher sulfur coals available on-site in their coal blend. Plants that use domestic locally sourced
coal and lignite are less flexible in respect to adjusting their fuel’s sulfur content [140].

Limitations in respect to sulfur oxides in oxy-fuel fired PF plants: Conventional air
and oxy-fuel PF plants differ from each other considerably in respect to their gaseous emissions.
In an oxy-fuel plant, the bulk of the CO2 rich flue gas is cleaned and liquefied, while in an air
fired system, a large flue gas stream is emitted to the atmosphere, after gas cleaning to keep
legal emission limits. During normal oxy-fuel operation, an oxy-fuel plant’s CPU will also emit
a relatively small gaseous stream that is vented to the atmosphere. The bulk of this stream
are gases that cannot be liquefied in the CO2 liquefaction unit (i.e. Ar, O2, N2). Moreover, this
stream contains SOx and NOx. Due to its different composition compared to combustion flue
gas and the much smaller mass flow, compared to a conventional power plant’s flue gas stream,
current power plant emission regulations may not be applicable to this stream and modified
regulations may be required in future. As mentioned previously, oxy-fuel power plants will also
need to emit nitrogen rich flue gas via a conventional stack during start-up and shout-down.
It is likely that during such times, SOx emission limits similar to the ones mentioned in the
emission regulations for conventional power plants would apply.
In addition to that, the SOx content of the liquid CO2 produced in the CPU will be limited.
While in a report by IEAGHG from 2011 [141], SO2 and SO3 levels in the CO2 produced
by an oxy-fuel fired plant below 50 · 10−6 mol

mol and 20 · 10−6 mol
mol , respectively, are anticipated

for pipeline transport and geological storage, for Vattenfall’s “Schwarze Pumpe” oxy-fuel
pilot project considerably lower values are mentioned [142]. Roland Ritter [142], who was
involved in Linde’s activities at the CO2 processing and liquefaction unit of this pilot plant,
gave limits in respect to the SO2 and SO3 contents in the produced liquid CO2 of 2.5 · 10−6 mol

mol
and 0.5 · 10−6 mol

mol , respectively
18. At the CPU of Vattenfall’s oxy-fuel pilot plant, concentrations

of these two components below the detection limit of the used analyzer (i.e. close to nil) were
reached. Similarly low values were reported for the Callide oxy-fuel project, using a CPU
system by Air Liquide [66]. The low SO2 and SO3 limits highlight that practically all sulfur
oxides present in the oxy-fuel flue gas need to be removed from the flue gas. Depending on the
levels of SOx in the flue gas and the available atmospheric pressure desulfurization equipment,
a partial SOx removal before flue gas compression may be obligatory or economically beneficial

18This corresponds to CO2 quality 2.7 that can be used in enhanced oil and gas recovery and for sequestration.
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for an oxy-fuel power plant.
In addition to the CO2 quality, also the operation of the oxy-fuel boiler and recycle system and
its auxiliaries may require a limitation of the SOx level, to limit slagging, fouling, and corrosion.
The research by Fry et al. [134] and Adams et al. [23] gave indications that very high SOx

levels in oxy-fuel combustion may not be tolerable. Due to the lack of extensive experimental
data, it is difficult to define strict, technical SOx limits for oxy-fuel boilers. Mancuso et al.
estimated the limit to be around 2000 to 3000 · 10−6 m3

m3 of SO2 and highlighted that without
recycle desulfurization, this limit would require fuels with below 0.5 · 10−2 kg

kg
19 of sulfur [143].

A general assumption that can be made and is also supported by McDonald, who was involved
in the US Futuregen 2.0 project, working for Babcock & Wilcox Inc. [144], is that SOx levels
that are currently acceptable in conventional coal boilers can also be tolerated in oxy-fuel
systems. This means that oxy-fuel power plants would either be restricted to the utilization
of low sulfur coals (i.e. below approx. 1 · 10−2 kg

kg , waf) or require a means of desulfurization
within the recycle loop to control the SOx level in the boiler and downstream equipment (see
also section 2.1.6).

2.3 Control of gaseous sulfur oxides in PF combustion

The control of the flue gas impurities SO2 and SO3, and in case of chlorine rich fuels, also
HCl is an important issue in air fired systems, due to legal emission limits, and in oxy-fuel
combustion, since those components impact the power plant process design, construction, and
operation in various aspects. Available technologies can be classified into five categories: Dry
sorbent injection (DSI) systems, spray drier absorbers (SDA), circulating dry scrubbers (CDS),
regenerative DeSOx, and wet flue gas desulfurization (WFGD) processes. These technologies
are incorporated in the combustion process at different locations between boiler and stack, as
can be seen in figure 2.5 (regenerative DeSOx is not shown here). Details about other but less
common flue gas desulfurization processes can be found in the literature [145].
WFGD systems are generally installed after filters, while CDS and SDA systems are placed after
air preheater but before filters. DSI technologies can be employed either in the furnace, in the
economizer region of the boiler, after the SCR system but before APH, after APH but before
filters, or after the ash removal system but before a secondary by-product filter. The following
pages focus on processes that allow for a control of gaseous SO2, SO3, and HCl levels. Section
2.3.1 briefly introduces wet and semi-dry desulfurization processes (e.g. WFGD, SDA, CDS,
regenerable FDG) while section 2.3.2 presents dry desulfurization technologies for SOx and
HCl control in greater detail since experiments studying DSI are part of this thesis.

19Mancuso et al. [143] does not give the fuel reference state related to this concentration.
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Figure 2.5: Schematic showing the placement of different desulfurization systems (dashed)
in a conventional power plant system. Options a) and b) show the alternatives SDA and
CDS that are both placed at the same location, upstream the particulates control device.

2.3.1 Wet and semi-dry DeSOx processes

2.3.1.1 Wet flue gas desulfurization

Wet desulfurization systems using widely available and inexpensive CaCO3 as sorbent are the
most common SOx control systems applied in power plants around the world. WFGD units are
generally placed after particulate removal and use a limestone slurry as sorbent in a complex
process covering several reactions and phase transfers [146, 147]. In a scrubber, SO2 from the
flue gas is contacted with the alkaline limestone slurry in which it dissolves and reacts forming
solid gypsum (CaSO4 · 2 H2O). The SO2 absorption in the scrubber is controlled mainly by gas-
and liquid-phase diffusion. Since it is placed downstream of ash removal systems, the WFGD
process is not impacting the fly ash quality. In air fired processes, WFGD systems reach SO2

removal efficiencies greater than 99 %. However, fine SO3/H2SO4 droplets can slip through
wet scrubbers. The desulfurization in most wet scrubbers uses the limestone-forced oxidation
process [30, 148], with the net desulfurization reaction 2.6.

CaCO3 + SO2 + 2H2O +
1
2
O2 CaSO4 · 2H2O + CO2 (2.6)
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2.3.1.2 Semi-dry desulfurization processes

CDS units are placed between the air/recycle gas preheater and the filter of a plant. In the CDS
process, the flue gas reacts with a mixture of dry Ca(OH)2, ash, and recirculated by-products in
a circulating fluidized bed, before passing through a fabric filter for solids removal [79]. Solids
collected in the filter are recirculated, to increase the utilization degree of the sorbent. Since
the reaction products of the desulfurization process are removed together with fly ash, fly ash
quality is impacted by this process. The CDS desulfurization efficiency is enhanced by water
addition to the scrubber for humidification and to keep the reaction temperature closely (i.e.
10 to 15 ◦C) above the water dew point temperature [149]. CDS systems can achieve a high
SO2 removal efficiency (up to 98 %) and have been applied to power plants with sizes between
approx. 50 and 350MW (electric) [30, 79]. The CDS process can also capture acid gases other
than SO2 efficiently (i.e. HCl, HF, SO3) [77, 79]. The desulfurization reactions taking place in a
CDS system between the sorbent Ca(OH)2 and SO2 are shown in equations 2.7 and 2.8 [77]. As
by-product calcium sulfite hemihydrate (CaSO3 ·

1
2 H2O) is formed.

Ca(OH)2 + SO2 CaSO3 + H2O (2.7)

CaSO3 +
1
2
H2O CaSO3 ·

1
2
H2O (2.8)

SDA systems are similar to the CDS process and are placed at the same location in the power
plant process (i.e. between air/recycle preheater and filter). The desulfurization reactions are
essentially the same as in the CDS system (equations 2.7 and 2.8). Similar to CDS, unreacted by-
product is recycled to the SDA scrubber to enhance the sorbent utilization [53]. In conventional
air firing, SDA systems are employed for small and medium sized plants (up to 400MW, electric)
burning low to medium sulfur coals (i.e. γS ≤ 2 · 10−2 kg

kg , waf) [150]. Different to CDS, in SDA
systems, Ca(OH)2 is injected to an absorber vessel in form of an aqueous slurry, resulting in
SO2 absorption and chemisorption in the slurry droplets that evaporate in the hot flue gas.
The evaporation of the droplets is critical for an optimal SDA operation. Incomplete droplet
evaporation can cause fouling problems, while a too rapid evaporation decreases the SO2

removal efficiency, since SO2 absorption benefits from the presence of a liquid phase. This is
why the SDA process temperature is controlled to approach closely to the water saturation of
the flue gas. In the absorber, a mixture of dry calcium sulfite and calcium sulfate is formed that
is removed together with the ash in a fabric filter so that the fly ash composition is impacted
by SDA. For air fired operation, SO2 removal efficiencies of 70–98 % have been reported that
are strongly dependent on parameters, such as the sorbent properties and the sulfur content of
the coal [145]. SDA systems are also known for their efficient SO3 removal.
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2.3.1.3 Regenerable desulfurization processes

Regenerable desulfurization systems are installed after ash removal and are characterized by a
regeneration of sorbents after absorption of SOx so that the sorbents can be recycled back to
the absorber. The obtained sulfur (e.g. in form of SO2) is processed to obtain a product, such
as elemental sulfur or H2SO4 that can be sold [149]. Due to the complexity of the process,
the high operation and maintenance costs, and the limited value of the by-products only few
regenerable FGD systems have been installed in commercial plants.

2.3.1.4 Wet and semi-dry DeSOx processes in oxy-fuel combustion

Flue gas desulfurization techniques that are used in conventional air fired combustion systems
can in principle also be applied to the oxy-fuel process. Issues that may generally impact
the performance of any FGD process in oxy-fuel combustion are the increased CO2, SO2,
and SO3 levels, as well as altered gas velocities, gas and particle travel times (including flue
gas recycling), and temperature-profiles of the process. Due to these changes, modifications
of conventional air fired FGD applications may be required for an optimal operation. FGD
technologies for oxy-fuel fired processes that have been discussed include the DSI, CDS, SDA,
and WFGD processes [80]. In addition, the SO2 removal in a direct contact cooler upstream
the CO2 compression by addition of NaOH to the cooling water [81, 151, 152] and different
desulfurization processes at elevated pressures during or after compression were considered
and tested [94, 142, 153].
In oxy-fuel PF combustion, FGD units can be placed inside and/or outside the recirculation loop.
The FGD location in the system ultimately impacts the size of the equipment and (together
with the fuel sulfur content) the SOx levels in the flue gas that needs to be treated. Moreover,
it impacts other components of the combustion process by changing the composition and
temperature of flue gases. In oxy-fuel combustion, also the combination of different FGD
technologies may be a beneficial solution. For instance, in a process configuration with
expectedly high SO3 concentrations, a dedicated SO3 cleaning step (e.g. by DSI) could be used
to reduce SO3 levels in the recycle loop, while SO2 control is done via WFGD [80]. Also the
combination of a partial desulfurization within and an additional flue gas cleaning step outside
the recycle loop may be a good solution. Inside the recycle loop, DeSOx technologies without
excessive flue gas cooling and its associated energy penalty (e.g. SDA, CDS, DSI) can be used.
Outside the recycle loop, a cleaning unit can be operated before (e.g. direct contact cooler) or
after (e.g. high pressure scrubber) the flue gas compressor as an additional flue gas polishing
step.
Published results on the application of SDA and CDS systems in oxy-fuel firing are not available.
Nonetheless, the design of the 90MW (electric, net) FutureGen 2.0 oxy-fuel demonstration
project in the USA was changed from the originally planned layout with a WFGD to a CDS
system for DeSOx. It was stated that a CDS system is optimally suited for this application since
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it can achieve a high SO2 removal efficiency at a lower cost, compared to a WFGD system [79].
Moreover, it is attractive for the oxy-fuel process, due to its efficient SO3 removal. Also a SDA
system has been proposed in one of the initial flow sheets for the FutureGen 2.0 project, but
this approach was not followed further on [80]. For WFGD operation in oxy-fuel fired systems,
comprehensive details are available since this process was extensively tested in Vattenfall’s
oxy-fuel pilot plant [82, 88, 154–156]. The plant’s oxy-fuel WFGD used a wet scrubber that is
(different to conventional absorbers in air firing) equipped with a separate sulfite oxidation and
degassing tank. This is necessary to avoid contamination of the oxy-fuel flue gas by oxidation
air that is in conventional systems directly added to the wet FGD sump. The process behavior
of this system was similar to air fired conditions. A high SO2 removal efficiency (> 99 %) was
achieved, even when combusting high sulfur lignite (i.e. SO2 up to 20 500 mg

m3 , STP ) and the
gypsum quality reached specifications required for construction applications.

2.3.2 Dry sorbent injection (DSI)

In DSI processes, dry sorbents are injected to the process at various possible locations (see figure
2.5) and are removed in dust collectors of combustion systems together with the fuel ash or in
a separate filter. The correlations introduced in section 2.2.2.1 in respect to SOx retention in the
ash, generally apply also to SOx retention with injected dry sorbents. For DSI processes, usually
no dedicated reactor is required, but reactions take place directly in the existing boiler, flue gas
duct, and downstream particulate removal equipment. This makes DSI processes for SO2, SO3,
and HCl control very suitable for retrofit applications. The type of the installed particulate
removal system (ESP, cyclone, or fabric filter) can have a strong impact on the performance of
the DSI process [157]. Generally, the combination of a DSI process with a fabric filter can show
an improved desulfurization performance, due to the better gas-solid contact compared to ESP
or cyclone systems [57, 158]. In all injection locations, a homogeneous dispersion of the dry
sorbent within the flue gas is crucial, to ensure that acid gases present in the gas get in contact
to the injected sorbent [159, 160]. For DSI applications in PF combustion, the flue gas-sorbent
contact times for adsorption and chemisorption are usually in a range of few seconds. This
is why DSI desulfurization processes need to proceed rapidly, and improvements that can
accelerate the SOx and HCl capture reactions (e.g. increase of porosity and/or specific surface
area) have a significant impact on the overall process performance. An approach that is often
applied to improve the sorbent utilization is a separation and re-injection of unreacted sorbent
with and without additional processing, which increases the gas-sorbent contact time [57, 58].
If a certain SO2, SO3, or HCl removal efficiency needs to be reached, a combination of different
injection approaches (e.g. in-furnace Ca(OH)2 injection and low temperature sodium based
sorbent injection) can be a viable solution [57, 58]. Moreover, the combination of DSI with
other flue gas cleaning techniques can be applied to solve particular operational problems, such
as a SO3 slip of a wet FGD scrubber that is controlled by a dedicated injection of Ca(OH)2 to
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the scrubber.
Acid gases react competitively with calcium and sodium based sorbents [161, 162]. The reactivity
of the different acid gases and the stability of the reaction products at different temperatures
governs their capture. Lime producers generally state that at lower temperatures, the reactivity
of acid gases for the reactions with Ca(OH)2 decrease in the order HF, SO3, HCl, SO2, with SO2

being much less reactive compared to the other gases [162–164]. At higher temperatures, SO2

seems to be most reactive followed by the other gases in the order HF, SO3, HCl [162, 164].

2.3.2.1 Dry sorbents for flue gas cleaning

Sorbents for DSI applications to mitigate acid gas emissions are usually basic materials that form
sulfates or chlorides, when reacting with SOx and HCl, respectively. The required large amount
of sorbent for industrial scale flue gas cleaning applications and associated sorbent costs as well
as the sorbent reactivity and availability limit the selection of sorbent materials in practice to
alkaline and earth alkaline compounds of sodium, magnesium, and, most importantly, calcium
as well as mixtures thereof. Basic sorbents that react with SO2, SO3, and HCl, generally can also
react with CO2 to form carbonates. Since in flue gases, CO2 concentrations are considerably
higher than SO2, SO3, and HCl concentrations20, it is important for the performance of a DSI
sorbent that it reacts fast with SO2, while reacting slowly with CO2 in the temperature window
in which it is applied [157].
Possible candidates for DSI processes are the naturally occurring minerals limestone, dolomite,
nahcolite, and trona21 and derivatives thereof [157, 165]. Generally, the performance of sorbents
benefits from a large internal and external sorbent surface area and from the accessibility of
the internal surface by pores big enough to allow diffusion of acid gas molecules [165, 166].
Therefore, sorbents are generally milled or produced with a small particle size. Hydrated
lime/calcium hydrate (Ca(OH)2) can be produced with much higher porosities and surface
areas than limestone [157]. Ca(OH)2 with its higher reactivity often offsets its higher price,
compared to limestone, due to a better DeSOx efficiency. Sodium based sorbents have received
increased attention for the dedicated removal of SO3 from flue gas [167, 168]. This development
is driven by the increased application of SCR systems in the USA that caused an increase of
SO3 emissions.

2.3.2.2 DSI for SO2, SO3, and HCl control

Figure 2.6 aims to summarize key information, presented in more detail in the following
sections. It shows typical injection locations and temperatures for different sorbents, target
acid gas components, and important physical, chemical, and thermodynamic fundamentals

20In air fired operation: Up to about 18 · 10−2 m3

m3 , dry CO2 vs. maximum few 1000 · 10−6 m3

m3 , dry of acid gases; In
oxy-fuel operation: CO2 and SO2 levels increased by a factor of 3-5.

21Nahcolite and trona are the naturally occuring ores from which NaHCO3 and Na2CO3 are produced.
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of the respective DSI processes. Three temperature ranges are commonly considered for the
injection of dry sorbents in industrial combustion processes: Injection to the furnace at approx.
1100 to 1250 ◦C (also co-injection with fuel), injection near the economizer in the boiler at
approx. 450 to 550 ◦C, and injection upstream of the general or an additional dust removal
system at temperatures from approx. 200 to 250 ◦C to close to the water dew point temperature
in the flue gas [57]. At the different injection locations, different sorbent types are usually used:
Before filter hydrated lime or sodium based sorbents, such as trona, can be injected for acid
gas control. Limestone and hydrated lime can be co-injected with the fuel or into the furnace
at around 1100 ◦C. Each of the injection temperatures can, due to preferential reactivities, be
associated with the primary abatement of a particular impurity (solid arrows in figure 2.6)
but may also remove other impurities as a co-benefit (dashed arrows in figure 2.6), e.g. the
injection at high temperatures to the furnace will primarily reduce SO2 emissions but can also
reduce SO3 and HCl levels. In the bottom of figure 2.6, the most important physical, chemical,
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Figure 2.6: Schematic showing typical injection locations and temperatures for different
sorbents, primary (solid arrows), and secondary (dashed arrows) target acid gas com-
ponents and the most important physical, chemical, and thermodynamic basics of the
respective DSI processes.



CHAPTER 2: Background 37

and thermodynamic limitations for the application of DSI at different temperatures are shown.
These limitations are fundamentally responsible for the selection of injection locations and
temperatures for different sorbents. For example, the injection of sodium based sorbents, due
to their fouling behavior, is limited to lower temperatures. The performance of calcium based
sorbents will be negatively impacted by sorbent particle sintering above approx. 1100 ◦C [53,
169] and CaSO4 decomposition above approx. 1200 ◦C. Co-injection of sorbents with the fuel
may suffer from these limitations, but also is a very cost efficient way to introduce sorbents
homogeneously to a combustion system.
A more detailed discussion on DSI desulfurization reaction mechanisms when sorbents are
injected to the furnace can be found in a review paper by Cheng et al. [169]. Fundamental
studies on the reactions of CaO, CaCO3, and Ca(OH)2 with HCl and SO2 are included in a
dissertation by Balekdjian [166].
A comparison of data on DSI performances from different studies is often difficult since different
authors generally work with different reactor systems, sorbents, fuels, and test conditions.
These parameters can significantly impact the performance of DSI. Here, data on sorbent
performance is only reported for experiments that seemed reasonably similar to the ones
conducted in this thesis, even though, differences between the experimental conditions always
occur.

SOx control by in-furnace sorbent injection: For DSI into the furnace, mainly sorbents
on basis of calcium, magnesium, or mixtures of both (e.g. dolomite) are used. When limestone
is injected directly into the furnace or co-injected together with the fuel, it experiences high
temperatures which cause its rapid calcination (see reaction 2.2). Similarly, hydrated lime
rapidly dehydrates to CaO when injected into the furnace (reaction 2.9). It is assumed that the
rapid decomposition of limestone and hydrated lime, with an instantaneous release of CO2 and
H2O, is responsible for an increase of the porosity and a fragmentation of sorbent particles,
which improves their sorption properties [53, 166]. The CaO formed from CaCO3 or Ca(OH)2
then reacts with SO2 and SO3 (reactions 2.3 and 2.10). Also a sulfation of Ca(OH)Cl and CaCl2
that forms via reactions between the sorbent and HCl in the flue gas has been reported [170].
The calcination and dehydration reactions of magnesium compounds and dolomites are similar
to the ones of calcium. However, the reactivity of magnesium for desulfurization is much lower,
so that most of the magnesium leaves the furnace unreacted [57].

Ca(OH)2 CaO + H2O (2.9)

CaO + SO3 CaSO4 (2.10)

The efficiency of the two-step DeSOx process with calcium based sorbents is temperature
dependent. At temperatures above approx. 1250 ◦C (depending on SO2 partial pressure), CaSO4

becomes unstable and decomposes [57], while at temperatures above 1100 ◦C the porous CaO
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Figure 2.7: Effect of sorbent type (i.e. limestone and hydrated lime) and molar injection
stoichiometry αCa/S on in-furnace desulfurization efficiency ηSO2 (adapted from [57]).

particles start to sinter, which reduces their porosity and therefore, reactivity [53, 169]. With
dropping temperatures and proceeding sulfation, at temperatures between 870 and 900 ◦C
efficient sulfation stops, which is associated to the reaction kinetics, increased diffusional
resistances, and a reduced surface, due to the formed CaSO4 product layer, crystal growth, and
sintering [57]. The equilibrium of the sulfation reaction (i.e. with enough SOx, a full sulfation
of the sorbent would be accomplished) cannot be reached by in-furnace injection in industrial
combustion processes. Therefore, injection of sorbents needs to be performed at an over-
stoichiometric ratio (i.e. Ca/S molar ratio above 1). In practice, sorbent utilization of in-furnace
DSI is often relatively low (10-25 %) and a large excess of sorbent needs to be injected [171].
The SOx removal efficiency that can be achieved by DSI to the furnace depends on the sorbent
type, the injection temperature, the temperature-time-history of the flue gas, the calcined
sorbent’s surface area and particle size, and the initial SO2 level [57]. The dependency of the
SO2 removal of the Ca/S molar ratio is illustrated schematically in figure 2.7. The SO2 removal
performance of hydrated limes is higher than that of limestones. At a molar Ca/S ratio of 2,
hydrated lime furnace injection can reach 40-60 % SO2 removal in pilot and full scale tests, while
with limestone only about 20-40 % can be accomplished [57, 58]. Experiments studying sorbent
co-injection to PF fired lignite boilers yielded somewhat lower desulfurization efficiencies of
20-40 % for Ca(OH)2 and 15-30 % for CaCO3 [102]. In-furnace DSI can be optimized for a better
sorbent utilization and SO2 capture efficiency with a humidification and cooling of the flue
gas by water injection before the particulate collector [57, 58]. This leads to an additional SOx

removal with unspent sorbent on the dust separation system.
The injection of dry sorbents to the furnace can also reduce SO3 emissions considerably [58],
via a reduction of SO2 the precursor of SO3, and, via the reaction of the injected sorbent with
highly reactive SO3. This may take place at high temperatures, but also at lower temperatures
at which SO2 capture is kinetically limited. SO3 reduction efficiencies greater than 98 % were
reported from in-furnace injection of hydrated lime [172].
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SOx control by economizer sorbent injection: At gas temperatures found near the econ-
omizer section of a boiler (around 450 to 550 ◦C) only Ca(OH)2 can be applied as a sorbent
since these temperatures are too low for the calcination of limestone. At these temperatures,
the dehydration of Ca(OH)2 (reaction 2.9) is relatively slow. This enables a direct reaction
between hydrated lime and SO2 in the flue gas, without a dehydration step (reaction 2.7) [57].
This reaction is competing with the reaction of abundant CO2 with Ca(OH)2 to form CaCO3.
At temperatures below 550 ◦C however, the very fast reaction 2.7, in which sulfite (CaSO3) is
formed dominates. At higher temperatures, the dehydration of Ca(OH)2 is accelerated, enabling
a more efficient carbonation of the formed CaO, at the expense of the sulfite reaction. The
sulfite formation is only fast in a narrow temperature window of approx. 450 to 550 ◦C. The
majority of the CaSO3 that will be found in the fly ash if it is not further oxidized to CaSO4,
may require special treatment of the ash [58]. SO2 removal efficiencies with hydrated lime
injection to the economizer may be in a similar range to those of an injection into the furnace
(e.g. about 50 % at a Ca/S molar ratio of 2.2) [157]. Also the removal of SO3, whose formation
is nearly finished at temperatures below 500 ◦C, can be expected to be efficient with DSI in the
economizer region of boilers.

SOx control by low temperature sorbent injection: Ca(OH)2 and sodium based sorbents,
such as trona, can be injected also at lower temperatures after the air preheater and before
the dust collector of a power plant. To avoid contamination of the coal combustion fly ash
with sorbent based material, an application is possible in which the sorbent is injected after
the primary fly ash collector of a plant but before a secondary particulate removal system
(i.e. a fabric filter) [58, 146]. Also in low temperature sorbent injection, over-stoichiometric
amounts of sorbent need to be used. The necessary excess is lower for sodium based sorbents
and particularly for SO3 control with those sorbents, compared to calcium based materials. The
basic desulfurization reactions between Ca(OH)2 and SO2 and SO3 can be found in reaction
equations 2.7 and 2.11. At temperatures below 400 ◦C the primary reaction products of the
desulfurization reactions with SO2 and SO3 are CaSO3 ·

1
2 H2O and CaSO4 · 2 H2O, respectively.

Ca(OH)2 + SO3 CaSO4 + H2O (2.11)

Details on reactions of sodium based sorbents, such as trona, with SO2 and SO3 can be found
in [30]. An efficient reaction of trona and other sodium carbonates with acid gases involves
a calcination reaction, which requires temperatures greater than approx. 135 ◦C. During this
reaction, the sorbent is converted to Na2CO3, releasing H2O or both, H2O and CO2. This
reaction leads to particle fragmentation and a porosity increase, leading to an increased reactive
surface area [57, 173]. The injection of sodium based sorbents at higher temperatures may
suffer from the formation of sticky sodium rich melts causing fouling and corrosion problems.
This generally limits the application of sodium based sorbents to temperatures below approx.
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800 to 850 ◦C [174].
Low temperature DSI can be employed for SO2 removal (which simultaneously removes SO3) or
primarily to control SO3. When only SO3 needs to be controlled, the amount of sorbent that is
injected is considerably lower than in SO2 control applications. For SO2 control, humidification
and cooling of the flue gases to temperatures closely (i.e. less than 10 ◦C) approaching the
saturation temperature of water in the flue gas is generally carried out to improve the sorbent
performance. At an approach to saturation of 30 ◦C, Ca(OH)2 injection obtained a SO2 reduction
of 24 %, while at an approach temperature of 10 ◦C, 50-54 % of the SO2 was captured (both
with molar Ca/S ratios of 2) [57]. At low temperatures, sodium based sorbents such as trona
or NaHCO3, show considerably higher SO2 removal efficiencies than calcium based sorbents.
SO2 removal efficiencies of 67 and 80 % were obtained at a stoichiometric ratio of 1 for the
two sorbents, respectively [57]. The SO2 removal efficiencies, reported above correspond to
results obtained with fabric filters. ESP systems can yield considerably lower performances (by
10-30 %) [57].
For DSI control of SO3, also sodium and magnesium based sorbents can be injected downstream
of the economizer and SCR and upstream of the air preheater to remove SO3 that is responsible
for ammonia bisulfate formation and air preheater plugging [167, 168, 171]. With sodium
based sorbents good SO3 removal performances can be obtained reducing SO3 concentrations
to below 2 · 10−6 m3

m3 , dry. The injection of powdered Ca(OH)2 at low temperatures after the
air preheater for SO3 control can yield high SO3 removal efficiencies (60-80 %) but requires a
higher excess of sorbent (e.g. Ca/SO3 of 8-17, depending on lime) [171].

Dry sorbent injection for HCl control: Sorbents used for SOx control, generally also re-
move HCl efficiently. At temperatures above the CaCO3 and Ca(OH)2 calcination temperatures,
these sorbents are calcined to CaO (reactions 2.2 and 2.9) which then reacts with HCl to form
CaCl2, according to reaction 2.12 [53, 175]. At temperatures at which Ca(OH)2 is stable, also
a direct reaction between Ca(OH)2 and HCl, according to equation 2.13, may be possible.
However, various authors [159, 175–178] highlighted that Ca(OH)Cl seems to be an important
intermediate product in a reaction path, involving reactions 2.14 and 2.15. Dal Pozzo et al. [179]
state that Ca(OH)Cl as final reaction product seems to dominate at lower temperatures, while at
temperatures in the range of 500 ◦C and above, CaCl2 is the main product. A further pathway
to capture HCl involves the reaction of CaSO3 ·

1
2 H2O and HCl that can release captured SO2.

In contrast to CaSO3 ·
1
2 H2O, CaSO4 and CaSO4 · 2 H2O are stable in respect to reactions with

HCl [176]. Partanen et al. [178, 180] showed in TGA studies that at higher temperatures (650
and 850 ◦C) in presence of SO2 the sulfation of CaO and CaCO3 suppresses the chlorination of
the sorbents strongly. Similar observations were made by Lin and Chyang [181]. On the other
hand, Partanen et al. [178, 180] found that the presence HCl in the gas atmosphere considerably
improved the sulfur capture with limestone. This effect was explained by the formation of a
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molten CaCO3-CaCl2-CaSO4 and at higher temperatures a molten CaCl2-CaSO4 phase, which
reduces diffusional resistances of the solid product layer and alters the particle morphology so
that additional sorbent material becomes accessible to the acid gases. The positive effect of such
melts is also active at temperatures below the calcination temperature of CaCO3. When sodium
carbonate based sorbents are used to control HCl, they should be injected at temperatures
above 135 ◦C to allow for sorbent flash calcination, which increases the sorbent’s surface area
and therefore, its performance. The calcination product Na2CO3 then reacts with HCl [173].

CaO + 2HCl CaCl2 + H2O (2.12)

Ca(OH)2 + 2HCl CaCl2 + 2H2O (2.13)

Ca(OH)2 + HCl Ca(OH)Cl + H2O (2.14)

Ca(OH)Cl + HCl CaCl2 + H2O (2.15)

In industrial practice, with calcium based as well as with sodium based sorbents, HCl removal
ratios greater than 95 % can be achieved at relatively moderate injection stoichiometries [162,
164, 173, 182–184]. Unfortunately, the authors of such publications, who represent commercial
sorbent manufacturers, do not give sorbent injection stoichiometries and only insufficient
information to allow for a calculation of those. For one of these publications [164], injection
ratios relating the sorbent and acid gas mass flows are given. Assuming that the only relevant
acid gas species in this context was HCl, the molar calcium to Cl2 ratios can be estimated. In
these experiments (yHCl ≈ 200 · 10−6 m3

m3 ) with injection of a highly porous Ca(OH)2 sorbent
upstream both, a fabric filter and an ESP system, a HCl removal efficiency of 90 % was reached
at αCa/2Cl values of 1.35 and 1.2 for the two ash separator systems, respectively [164].

2.3.2.3 Process alterations and problems due to dry sorbent injection

DSI has undesired effects to power plants. The furnace and boiler injection of dry sorbents can
result in convective tube fouling [57, 58, 169, 185], even though the formed deposits are often
relatively soft so that they can be removed by soot blowing [58]. Fouling problems induced
by DSI may also occur at air preheaters, flue gas ducts, and particulate removal systems [58,
171]. This can be particularly problematic with DSI upstream of ash separators when flue gas
temperatures are closely approaching the water saturation temperature in the flue gas [57].
DSI increases the particulate loading in the flue gas and thus, it may happen that particulate
removal systems cannot keep the respective emission limits anymore [160]. The extent of the
increase of the ash loading depends on the application. If DSI technologies are used primarily to
reduce SO3 levels or if only low levels of HCl and SO2 are present in the flue gas, the DSI sorbent
feed rates are low and the impact on the flue gas particulate loading is limited. However, if
significant SO2 removal extents are desired and higher sulfur coals are combusted, a significant
increase of the particulate loading is to be expected [186]. In addition to the increased ash
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loading, DSI changes the particle size distribution (PSD) of the ash generally reducing the
average particle size of the ash and by-product mixture and can also change the cohesivity
of ashes. This can impact downstream particulate removal equipment leading to particulate
(re-)entrainment in ESP systems and increased dust cake pressure losses in fabric filters [158,
186]. Sorbent injection can also change the particulate resistivity of the ash and by-product
mix. The ash resistivity may be increased or decreased, depending on the particular application
(e.g. in-furnace or low temperature sorbent injection, type of sorbent) [172, 186, 187]. This can
impact the ESP ash collection efficiency.
Sodium based sorbents show a high solubility in water, which may have negative impacts on
ash utilization and disposal limiting the ash saleability or increasing disposal costs [160, 167,
168], when limits in the respective standards (e.g. [63, 188]) are exceeded. The products of the
desulfurization reaction with calcium based sorbents are not easily leachable and therefore,
produced by-products are less problematic [157]. However, the ash saleability may still be
impacted by the application of such sorbents if the content of CaO, free CaO, chlorine, and
sulfur for the utilization of fly ashes in concrete or cement are exceeded [63, 188, 189] (see
also section 2.1.4). To avoid contamination of fly ash, DSI downstream of a primary fly ash
separator but upstream a secondary particulate removal system is possible [146].

2.3.2.4 Dry desulfurization processes in oxy-fuel combustion

Published information on the application of DSI in oxy-fuel firing is limited and especially
experimental data from test facilities of significant scales, with actual flue gas recirculation
instead of a simulation of the oxy-fuel combustion atmosphere, is missing. Liu and his coworkers
[11, 104, 105, 190–192] have studied reactions relevant to desulfurization in O2/CO2 and in
O2/N2 atmospheres experimentally and developed desulfurization models for oxy-fuel recycle
combustion that predict a very efficient desulfurization in such systems (see also p. 21). As
introduced in section 2.2.2.1, the desulfurization efficiency is positively impacted by longer
residence times and higher SO2 concentrations. Both these parameters are increased in practical
oxy-fuel systems and hence, a better desulfurization performance is expected in oxy-fuel
operation. The published experimental work by Liu and coworkers [11, 104, 105, 190–192] did
not involve experiments testing DSI desulfurization in an actual oxy-fuel recycle combustion
system. The predicted effect of a significantly enhanced desulfurization performance in oxy-fuel
operation was first validated in oxy-fuel recycle experiments by the author of this dissertation
[37, 39] and section 4.2.2 of this thesis summarizes the findings comprehensively.
Other work on DSI in oxy-fuel operation has been focusing on an application of the DSI
technology for SO3 control [24]. Public information from this study is very limited and the used
sorbents are not specified, even though SO3 removal efficiencies up to 95 % by DSI were reported
with no significant difference of the performance in air and oxy-fuel firing. The observed SO3

removal was better when the sorbent was injected not into the furnace but downstream at SCR
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inlet temperatures. In oxy-fuel process designs for the Futuregen 2.0 demonstration project,
DSI has been considered for control of excessive SO3 levels that may trigger low temperature
corrosion [80]. In a proposed layout for high sulfur coal oxy-fuel combustion, a dry trona
injection is placed after the gas preheater and before the fabric filter.



3 Methods

Throughout this thesis SI units are used. In order to ease comprehension of reported values for
a reader who is more familiar to units such as volumetric and mass percentages and parts-per-
million, SI units are used with pre-factors keeping the same numeric dimensions, i.e. 10−2 m3

m3 ,
10−2 kg

kg , and 10−6 m3

m3 . As far as possible, for gas concentrations and volumetric flow rates
reported in this thesis information on their wet or dry reference state is given. Also for fuel
analyses, the analysis reference state (i.e. raw, dry, dry and ash free) is usually given. In few
instances, reporting data from others, such indications are not possible due to a lack of the
respective information.

3.1 Experimental combustion rigs

3.1.1 20 kW combustion rig (BTS-VR)

Certain experiments of this thesis were carried out at the electrically heated, once-through
combustion rig BTS-VR that is shown schematically in figure 3.1. The system is designed
for a maximum thermal power of approx. 20 kW and is fed with fuels by a gravimetrically
controlled screw feeder. The fuel is transported to the furnace pneumatically with a small
amount of carrier gas (approx. 1.5 m3

h , STP , dry). It is introduced to the furnace via the core
pipe of the top-mounted burner that is surrounded by two concentric ring annuli for primary
and secondary oxidant gas introduction. Carrier, primary, and secondary gas streams can
be controlled independently with help of mass flow controllers. They can be supplied with
air or mixtures of CO2 and O2, to simulate oxy-fuel combustion atmospheres. In order to
simulate recirculation of impurities, such as SO2, NO, Hg, and moisture, those components can
be added to the secondary gas line. When steam was injected, the line was trace heated to avoid
condensation of water. Addition of SO2 and NO was done with help of mass flow controllers
that were supplied by gas bottles containing those components in pure form. Hg vapor was
provided with a system that can saturate a small nitrogen gas stream in a temperature-controlled
elemental Hg evaporation vessel. The addition of steam was realized with help of a flow-type
water evaporator supplied with a defined mass flow of liquid water via a peristaltic pump. This
mass flow was determined on basis of the weight loss of the water tank that was measured
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by a balance. The accuracy and stability of this steam generation system was successfully
crosschecked versus H2O concentration measurements with help of an FTIR gas analyzer.
The furnace has a length of 2.5m and a diameter of 0.2m. Its electrical heating is divided into
five zones that can be operated individually up to temperatures of 1400 ◦C. The furnace of
BTS-VR offers access for sampling of flue gases, deposits, and ashes and for sorbent injection
via a lateral port in a distance of 1.5m from the burner and via the furnace exit. A sorbent
injection probe can be introduced from the furnace exit counter-currently to the gas flow (see
also figure 3.6). The flue gas production in all experiments of this thesis was kept constant
at about 11.5 m3

h , STP , wet. At the exit of the furnace, the majority of the produced flue gas
(about 9.5 to 10 m3

h , STP , wet) was extracted into a main flue gas duct, with the remainder being
directed to an exhaust system. Since the bottom part of the BTS-VR furnace, with its provisions
for introduction of sampling and DSI probes, is difficult to seal gas tight, this overflow of gas
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Figure 3.1: Schematic of the 20 kW combustion test facility BTS-VR. The locations at
which dry sorbents have been injected in DSI experiments are highlighted by dashed
arrows and marked with i), ii), and iii).
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is required to avoid ambient air from being introduced into the main flue gas duct. This is of
particular importance for experiments investigating SO3 formation and DSI that are included
in this thesis. Those experiments rely on reliable gas concentration measurements along the
main flue gas duct. The flue gas duct of BTS-VR is electrically trace heated to reduce heat losses
and maintain a temperature and residence time profile that is similar to the one of a power
plant. Also the facility’s fabric filter is electrically heated to maintain operating temperatures
in a range of about 200 ◦C. In the experiments included in this thesis, a number of different
experimental settings were tested that are introduced in detail in sections 3.3.1, 3.3.4, and 3.3.3.1.

3.1.2 500 kW combustion rig (KSVA)

The500 kW (thermal) atmospheric, pulverized coal combustion test rig (KSVA, see figure 3.2) can
be operated in air and in oxy-fuel combustion mode with flue gas recirculation. In the conducted
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Figure 3.2: Schematic of the 500 kW (thermal) combustion test facility KSVA. The valves
A), B), and C) allow to operate the plant in air as well as oxy-fuel mode. The locations
at which dry sorbents have been injected in dedicated experiments are highlighted by
dashed arrows and marked with i), ii), and iii).

experiments, KSVA was operated at a load of about 300 kW (thermal), which corresponds to
fuel feed rates of about 40 kg

h for hard coal and about 60 kg
h for lignite. The KSVA plant is not

electrically heated which implies a relatively long start-up and heating phase (approx. 10 to
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20 h) to prepare for experiments. Therefore, for all experimental campaigns included in this
thesis the facility has been continuously operated in a 24 h-3-shift mode for durations of around
100 h. The plant’s furnace has a total length of approx. 7m and an internal diameter of 0.8m
(see figure 3.6b). The milled fuel is fed to the top mounted burner pneumatically by air or,
in oxy-fuel operation, by CO2, using a gravimetric feeding system. At the burner, the fuel is
mixed with oxidant gas (i.e. air or oxygen enriched recirculated flue gas). The KSVA facility
is equipped with an air/oxidant gas pre-heater and an ESP. In oxy-fuel operation, flue gas is
recirculated wet after the electrostatic precipitator (ESP), preheated in the oxidant preheater,
mixed with O2 from a tank, and supplied to the burner. Certain experiments reported in this
thesis (oxy-fuel combustion of lignite L2) were conducted without premixing of O2 and instead,
with direct injection of pure O2 via separate nozzles of the burner. There are measuring ports all
along the furnace (see figure 3.6b) that can be used for gas composition, temperature, and other
measurements and to sample fly ash and deposits from the furnace with dedicated sampling
probes. A permanent flue gas sampling and analysis system is installed at the furnace exit for
continuous measurement of the flue gas composition (O2, CO, CO2, SO2, and NOx). H2O can
be measured after the ESP.

3.1.3 30MW oxy-fuel pilot plant “Schwarze Pumpe”

Several authors previously described Vattenfall’s oxy-fuel pilot plant and its process configura-
tion [3, 155, 193, 194]. The pilot plant was operated between 2008 and 2014 and was located in
Lusatia (Eastern Germany), next to the 1600MW (electric) lignite fired power plant “Schwarze
Pumpe”. The facility was fired by a single, 30MW (thermal), top-mounted burner and was
equipped with an ASU, flue gas cleaning equipment (i.e. ESP, WFGD), a flue gas condenser,
and a CPU. The system could be operated in air and oxy-fuel mode. For oxy-fuel combustion it
employed a flue gas recirculation downstream the ESP (as in the KSVA facility) and upstream
WFGD (i.e. recycle option a in figure 2.2). This implies that wet sulfur rich flue gas is recircu-
lated to the boiler leading to considerably increased SO2 levels in oxy-fuel operation, compared
to air firing. The gas for fuel feeding was cleaned and dried recirculated flue gas.
During the tests reported in this thesis the lignite L3 was combusted under oxy-fuel conditions
in a mixture of recirculated flue gas and O2. Fly ash and deposits were sampled from measuring
ports in the first and second draft of the plant’s boiler in a distance of approx. 0.5m from the
furnace wall. The boilers first draft has a quadratic cross-sectional area of approx. 16m2 and a
height of approx. 9.5m. Figure 3.3 displays the boiler’s first and second draft schematically,
with the locations of sampling ports used in the present study. Samples were taken from level 4
in the first draft and level 8 at the entry of the second draft just before the first convective heat
exchanger (SH1). During the sampling campaign reported in this thesis flue gas was sampled
just downstream of the ESP and its composition was continuously analyzed. In addition, SO3

measurements have been conducted at two locations upstream the ESP: Directly before ESP
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SH1

SH2

ECO5

sampling 
ports

sampling
level 4

sampling
level 8

Figure 3.3: Schematic of the first and second draft of the boiler of the oxy-fuel pilot plant
“Schwarze Pumpe” with the ash and deposit sampling ports used in this study. SH1, SH2,
and ECO5 indicate different convective heat exchangers placed in the second draft.

at a flue gas temperature of about 180 ◦C and in the third draft between the economizer heat
exchangers at a gas temperature of approx. 330 ◦C.

3.2 Used materials

3.2.1 Fuels

For this thesis, three different lignites (L1, L2, L3) and four different hard coals (high-volatile
bituminous coals: C1, C2, C3, C4) have been used in experiments at different facilities. In table
3.1, NCV, proximate, and elemental analyses of these fuels are presented. The investigations
on the stability of sulfates in ashes and deposits and on the self-retention of sulfur within the
fuel’s ash were conducted with 3 different batches of pulverized, pre-dried Lusatian lignite.
Investigations at IFK’s 20 kW (thermal) BTS-VR rig were conducted using the lignite L2. Ex-
periments at the 500 kW (thermal) KSVA were using both lignite qualities L1 and L2. The test
campaign at Vattenfall’s 30MW (thermal) oxy-fuel pilot plant was performed combusting the
lignite L3. The L2 lignite is of a comparable quality to the L3 lignite. These two lignites are
relatively low in ash and sulfur (approx. 6 · 10−2 kg

kg and 0.7 · 10−2 kg
kg , respectively), compared

to the L1 lignite quality (18.8 · 10−2 kg
kg and 1.98 · 10−2 kg

kg , respectively) that represents a more
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Table 3.1: Net calorific value (NCV), proximate, and elemental analyses of the fuels used
in this thesis.

NCV W A V Cfix C H N S O Cl
J
g 10−2 kg

kg

fuel raw db daf

L1 18300 9.1 18.8 59.5 40.5 66.0 7.1 0.7 1.98 24.3 n.d.

L2 21200 9.8 5.6 57.4 42.6 66.5 4.7 0.7 0.56 27.6 n.a.

L3 21100 8.8 6.2 57.6 42.4 65.1 5.3 0.6 0.81 28.1 0.02

C1 18000 3.9 32.5 36.0 64.0 73.8 4.3 1.1 0.32 20.5 n.d.

C2 25000 1.5 23.0 50.6 49.4 78.3 6.7 1.1 0.67 13.2 0.01

C3 26700 3.7 9.8 35.9 64.1 77.2 5.2 2.0 0.72 14.9 0.02

C4 30400 1.6 9.4 38.7 61.3 81.9 5.2 1.6 2.67 8.3 0.30

W = water, A = ash, V = volatiles, Cfix = fixed carbon, n.a. = analysis not available, n.d. = not determinable

O calculated by difference: γO = 1 − γC − γH − γN − γS − γCl (all γi in daf state)

Used standards: NCV - DIN 51900-1 [195]; Cfix - DIN 51734 [196]; W - DIN 51718 [197]; A - DIN 51719 [198]; V -
DIN 51720 [199]; C, H, N - DIN 51732 [200]; Cl - DIN 51727 [201]; S - DIN 51724-1 [202]; O - DIN 51733 [203]

typical Lusatian lignite quality for power production.
The high-volatile bituminous coals C1, C222, and C3 were used for experiments at the 20 kW
BTS-VR rig for studies on the SO3 formation in air and oxy-fuel operation. These three coals
were supplied from Australia and are comparable23 to the coal qualities previously tested by
IHI [10] (air and oxy-fuel tests in 1.2MW (thermal) scale, with flue gas recirculation) in the
framework of the Callide oxy-fuel project. These three coals differ considerably in their ash and
sulfur contents. The ash contents of coals C1, C2, and C3 are in a proportion of roughly 3 to 2
to 1, with coals C1 and C2 showing very high ash contents of 32.5 · 10−2 kg

kg and 23.0 · 10−2 kg
kg .

The sulfur contents are in a proportion of about 1 to 2 to 2 and are relatively low (approx.
0.3 · 10−2 kg

kg and 0.7 · 10
−2 kg

kg ). The fuel C4 is a high sulfur and chlorine hard coal (2.67 · 10−2 kg
kg

and 0.30 · 10−2 kg
kg , respectively), mined in the USA. This coal quality was selected for testing

of DSI for SO2, SO3, as well as HCl control at IFK’s 20 kW BTS-VR and 500 kW KSVA test
rigs. In addition, with this coal a limited number of experiments investigating SO3 formation
were conducted at BTS-VR. An analysis of this fuel for water soluble anions showed besides
the expected considerable content of chloride, no significant amounts of bromide, iodide, and
fluoride.
All tested fuels were also analyzed for their main ash forming oxides24, according to DIN 51729

22For a bituminous coal, coal C2 has a relatively high volatile content. Nonetheless, due to its high calorific value
it is classified as such.

23Some differences in the compositions occurred, due to variations of the coals across the mine sites with time.
24I.e. Al2O3, BaO, CaO, Fe2O3, K2O, MgO, Mn2O, Na2O, P2O5, SiO2, SO3, SrO2, TiO2.
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Table 3.2: Analyses of the fuels used in this thesis for main ash forming elements by
inductively coupled plasma optical emission spectrometry (ICP-OES).

Al2O3 CaO Fe2O3 K2O MgO MnO Na2O P2O5 SiO2 SO3 TiO2

fuel 10−2 kg
kg , db

L1 7.1 9.9 9.6 1.2 2.8 0.0 0.2 0.1 57.6 11.0 0.5

L2 3.9 28.1 25.4 0.7 9.1 n.a. 0.1 0.0 13.2 19.3 0.2

L3 3.9 20.5 20.3 0.7 8.2 0.2 0.3 n.d. 29.7 15.9 0.3

C1 26.2 1.2 6.8 0.4 0.7 n.a. 0.1 0.2 59.0 3.0 2.4

C2 21.5 0.4 1.2 0.4 0.7 n.a. 0.2 0.0 64.5 7.2 3.9

C3 22.1 6.7 10.9 0.9 1.7 n.a. 1.2 1.7 31.8 21.8 1.2

C4 20.6 3.8 14.6 2.4 1.0 0.0 0.7 0.2 52.5 3.0 1.1

n.a. = analysis not available, n.d. = not determinable

[204]. The results are shown in table 3.2. The ashes of the lignites L2 and L3 have a relatively
high content of CaO, Fe2O3, SiO2, and SO3. These four compounds account for more than
85 · 10−2 kg

kg of the ashes. The contents of earth alkalis (calcium, magnesium) in the ashes are
responsible for the high sulfur self-retention potential of the fuels. The molar earth alkali
(α(Ca+Mд)/S ) and, to a lesser extent, alkali (α(Na2+K2)/S ) to sulfur ratios can serve as indicators
for the sulfur retention potential of the fuels. Those were calculated, according to equations 3.1
and 3.2, and they are listed in table 3.3.

α(Ca+Mд)/S =
γA,db

γS ,db
·MM ,S ·

*.
,

xCaO ,A

MM ,CaO
+

xMдO ,A

MM ,MдO

+/
-

(3.1)

α(Na2+K2)/S =
γA,db

γS ,db
·MM ,S ·

*.
,

xNa2O ,A

MM ,Na2O
+

xK2O ,A

MM ,K2O

+/
-

(3.2)

γCa+Mд,db = γA,db ·
*.
,
xCaO ,A ·

MM ,Ca

MM ,CaO
+ xMдO ,A ·

MM ,Mд

MM ,MдO

+/
-

(3.3)

γK+Na,db = γA,db · 2 ·
*.
,
xK2O ,A ·

MM ,K

MM ,K2O
+ xNa2O ,A ·

MM ,Na

MM ,Na2O

+/
-

(3.4)

γFe ,db = γA,db · xFe2O3,A ·
2 ·MM ,Fe

MM ,Fe2O3

(3.5)

α(Ca+Mд)/S of the lignites L2 and L3 are 2.5 and 1.5, respectively. The ash of lignite L1 shows a
similar character with a considerable CaO, Fe2O3, and SO3 content. However, the ash of this
fuel contains much more SiO2 and Al2O3. Presumably, the reason for this is a contamination of
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Table 3.3: (Ca+Mg)/S and (2Na+2K)/S ratios of the used fuels.

L1 L2 L3 C1 C2 C3 C4

α(Ca+Mд)/S 0.9 2.5 1.5 1.9 0.4 0.8 0.1

α(Na2+K2)/S 0.06 0.03 0.03 0.28 0.11 0.14 0.05

the lignite by inerts, such as sand and clay. The higher sulfur content of lignite L1 leads to a
lower but still considerable α(Ca+Mд)/S ratio of 0.9.
All hard coals’ ashes contain considerably higher amounts of Al2O3 than the lignite ashes,
indicating a higher content of alumino-silicatic minerals. Such minerals as well as silicates
frequently contain earth alkali and alkali elements. Alkalis and earth alkalis contained in
silicates and alumino-silicates are often relatively stable and therefore, not or less available
for sulfation reactions between the flues gas and the ash. This should be considered when
assessing the α(Ca+Mд)/S ratios of these fuels. It is possible that even though the hard coals C1
and C3 show considerable α(Ca+Mд)/S ratios of 1.9 and 0.8, respectively, their sulfur retention
potential may be low. This is particularly true for coal C1, the high α(Ca+Mд)/S ratio of which is
mainly caused by its very high ash and low sulfur content. The coals C2 and C4 have a very
low sulfur self-retention potential with α(Ca+Mд)/S ratios of only 0.4 and 0.1, respectively. This
is positive in respect to the DSI tests performed with the C4 coal that can be assumed to be
practically unaffected by SO2 retention in the ash.
In addition to earth alkalis, also alkali compounds may react with SO2 and SO3. Due to the
higher availability of earth alkalis, generally those dominate the desulfurization. However,
for SO3 capture also alkalis may be relevant. Therefore, for the hard coals for which SO3

formation was studied, also the earth alkali γCa+Mд,db and in addition, the alkali γK+Na,db

contents were calculated, according to equations 3.3 and 3.4 (see table 3.4). One sees that
coal C4 has the highest alkali content followed by coals C3, C1, and C2. Again it should
be highlighted that particularly for the high ash coals C1 and C2, a considerable portion of
the alkalis may be relatively stable within silicates and alumino-silicates and therefore, not
accessible for desulfurization reactions. In respect to possible catalytic SO3 formation, also the
iron content of the fuels is of interest. The respective values were determined, according to
equation 3.5, and can be found in table 3.4. Coal C1 has the highest iron content of 1.5 · 10−2 kg

kg ,

followed by coals C4, C3, and C2, with contents of 1.0 · 10−2 kg
kg , 0.7 · 10

−2 kg
kg , and 0.2 · 10−2 kg

kg ,
respectively.

Table 3.4: Alkali, earth alkali, and iron contents of the tested hard coals.

unit C1 C2 C3 C4

γK+Na,db

10−2 kg
kg , db

0.12 0.10 0.15 0.22

γCa+Mд,db 0.42 0.16 0.57 0.31

γFe ,db 1.5 0.2 0.7 1.0
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3.2.2 Sorbents

Two different sorbents have been tested in experiments investigating SO2, SO3, and HCl control
in air and oxy-fuel firing. Table 3.5 summarizes key characteristics of those sorbents. Both are
industrial products for dry flue gas cleaning, i.e. finely milled limestone and highly porous
hydrated lime. The sorbent analyses were provided by the sorbent manufacturer. Standards
used for these analyses were not provided. Analyses of the sorbents used in the experiments
showed that their moisture content was below 0.5 · 10−2 kg

kg , and thus, assuming dry sorbents
in the calculation of αCa/S and αCa/2Cl is justified.
The tested sorbents CaCO3 and Ca(OH)2 are considerably differing in their composition and
properties, with CaCO3 being relatively fine (D90 of 24.2 µm) and Ca(OH)2 being coarser (D90 =
39.3 µm). In contrast, the specific surface area of Ca(OH)2 is 16 times the one of CaCO3 and the
porosity in the meso-porous range is by almost 2 orders of magnitude higher. The sorbents can
be considered exemplary for a cheap, less advanced (CaCO3) and a more expensive, advanced
sorbent (Ca(OH)2). It should be kept in mind that when CaCO3 is injected into a furnace above
its calcination temperature (approx. 780 ◦C and 880 ◦C in air and oxy-fuel firing, respectively),
the sorbent calcines rapidly releasing CO2. This release leads to the formation of a porous
structure in and a fragmentation of the sorbent particles, increasing their reactive surface. Also
Ca(OH)2 calcines when injected at elevated temperatures, releasing H2O (Ca(OH)2 calcination
at approx. 420 ◦C).
The two tested sorbents consist not entirely of CaCO3 and Ca(OH)2. While the CaCO3 sorbent
contains other components to an extent of 1.5 · 10−2 kg

kg , Ca(OH)2 contains 0.4 · 10
−2 kg

kg of other
compounds. Moreover, the two sorbents contain both, CaCO3 and Ca(OH)2. This leads to mass
specific partial amounts of calcium nCa,Sorb of the two sorbents that differ from the ones of the
pure substances. The mass specific partial amount of calcium (i.e. nCa,Sorb = NCa,Sorb/mSorb) is

Table 3.5: Analyses of particle sizes, surface areas, porosities, and CaCO3 and Ca(OH)2
contents of the sorbents used in DSI experiments in this thesis.

sorbent
CaCO3 Ca(OH)2 D50 D90 yD>32µm aBET vpor ,tot vpor ,meso Dpor

10−2 kg
kg , db µm 10−2 m3

m3
m2

g , db
cm3

g , db nm

CaCO3 98.3 0.3 6.4 24.2 4.3 2 0.005 0.001 11.1

Ca(OH)2 6.4 93.3 7.5 39.3 14.3 32 0.186 0.098 20.9

D50/D90: Diameter for which 50/90 · 10−2 m3

m3 of the particles of the sample have a smaller size

yD>32µm : Volume fraction of particles of the sample that are bigger than 32 µm
aBET : Specific surface area determined according to the BET method

vpor ,tot : Total porous volume in the pore size range between 1.7 and 100 nm
vpor ,meso : Porous volume of pores in the meso-porous size range between 10 and 30 nm
Dpor : Mean pore diameter
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0.009 85 kmol
kg for the CaCO3 sorbent and 0.013 22 kmol

kg for the Ca(OH)2 sorbent. These values
have been used for calculating the molar ratios αCa/S and αCa/2Cl (see section 3.3.3.6) that are
important in respect to the DSI experiments.

3.3 Conducted experiments

The experiments that are presented in this thesis can be separated in three categories:

(i) Experiments studying the stability of sulfates in ashes and deposits of lignite combustion
and the retention of sulfur in the ash that reduces emissions of SOx with the flue gas:
These tests were conducted in the electrically heated test furnace BTS-VR and at the
KSVA test rig that is equipped with a flue gas recirculation system and hence, allows for
experiments under industrially relevant air and oxy-fuel recycle conditions. In addition,
some experiments involved Vattenfall’s industrial scale oxy-fuel pilot plant “Schwarze
Pumpe”, from where ashes and deposits could be obtained.

(ii) Experiments investigating the application of DSI for control of acid gases in air and
oxy-fuel combustion were conducted at the BTS-VR and at the KSVA test rigs.

(iii) Experiments that were conducted at BTS-VR focusing on the formation of SO3 in air and
simulated oxy-fuel combustion of different hard coal qualities.

The following sections describe details of all the mentioned experiments.

3.3.1 Experiments investigating sulfate stability in deposits

Dedicated experiments have been conducted at BTS-VR to assess the impact of high SO2

concentration levels in oxy-fuel combustion conditions on the stability of sulfates in deposits.
During these experiments, the lignite L2 was combusted maintaining a flue gas production
of 11.5 m3

h , STP , wet, to have comparable gas residence times in the furnace in the different
experimental runs. The exit O2 level was kept constant at approx. 2.7 · 10−2 m3

m3 , dry. To
simulate oxy-fuel flue gas recirculation, the BTS-VR combustion rig’s top-mounted burner was
fed with a mix of dry CO2 and O2 with 28 · 10−2 m3

m3 oxygen. For the investigation of the impact
of high SO2 concentrations under oxy-fuel combustion conditions on ash and deposits, the
oxidant gas was doped with additional SO2. The SO2 concentrations reached 750 · 10−6 m3

m3 , wet
(850 · 10−6 m3

m3 , dry), when no additional SO2 was injected to the oxidant gas and 5530 · 10−6 m3

m3 ,
wet (6250 · 10−6m3/m3, dry), with injection of SO2

25. In the experiments with and without SO2

addition, deposits were sampled at two locations inside the furnace, 1.5m from the burner via a
lateral port and 2.5m from the burner via the furnace outlet, using an uncooled ceramic probe
(sampling time: approx. 2 h). A schematic of the BTS-VR furnace can be found in figure 3.6a.
25Measured inside the furnace, 1.5m from the burner, at 1200 ◦C.
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The electrically heated furnace was operated so that at the two deposit sampling locations
local temperatures of 1200 ◦C and 1100 ◦C were reached. The obtained deposit samples were
subjected to scanning electron micro-probe analyses.

3.3.2 Experiments investigating SOx retention in ash and deposits

3.3.2.1 Experimental parameters

Combustion parameters for the experiments studying SOx retention in ash and deposits at the
500 kW KSVA and the 30MW “Schwarze Pumpe” plants are summarized in table 3.6. In the
oxy-fuel experiments, oxidant O2 concentrations were between 25 and 28.9 · 10−2 m3

m3 , wet. In
most oxy-fuel experiments, oxygen was mixed with the recirculated flue gas before injecting
it via the burner. Only the oxy-fuel experiments with lignite L2 were conducted injecting
pure oxygen through dedicated nozzles of the burner. In air fired experiments, the exit O2

concentration was approx. 3.2 to 3.7 · 10−2 m3

m3 , dry, while in the oxy-fuel tests at KSVA it was
4.3 to 4.9 · 10−2 m3

m3 , dry, and in the 30MW oxy-fuel experiment it was 6.9 · 10−2 m3

m3 , dry. The
experiments represent typical air and oxy-fuel combustion conditions, and hence, the results
are suitable for a comparative evaluation. The higher oxygen concentrations ȳO2,oxid ,wet in
the oxidant gas in oxy-fuel experiments correspond to increased flue gas residence times in

Table 3.6: Combustion parameters for experiments studying SOx retention in ash and
deposits at the 500 kW KSVA and the 30MW “Schwarze Pumpe” pilot plant including
mode of O2 addition, thermal power P̄th , fuel feed

¯̇MRC , volumetric flow of clean CO2

for sensor purging and fuel dosing ¯̇VCO2 , volumetric fraction of air leakage ȳleak ,dry , and
overall O2 concentration in the oxidant ȳO2,oxid ,wet and in the flue gas exiting the furnace
ȳO2,out ,dry .

P̄th
¯̇MRC

¯̇VCO2 ȳleak ,dry ȳO2,oxid ,wet ȳO2,out ,dry

fuel mode O2 add. MW t
h

m3

h (STP ) 10−2 m3

m3

L1
air - 0.31 0.0606 - - 20.9 3.2

oxy premixed 0.31 0.0611 33 6.1 28.9 4.6

L2
air - 0.29 0.0490 - - 20.9 3.5

oxy direct 0.29 0.0495 42 7.1 25.0 4.9

C4
air - 0.33 0.0385 - - 20.9 3.7

oxy premixed 0.33 0.0385 38 6.1 28.0 4.3

L3 oxy premixed 22.6 3.8500 n.a. n.a. 28.5 6.9

yleak ,dry for KSVA tests estimated on basis of the measured H2O and/or CO2 concentrations in the flue gas

n.a. = analysis not available



CHAPTER 3: Methods 55

the furnace26. In table 3.6 also information on the volumetric flow of clean CO2 for sensor
purging and fuel dosing ¯̇VCO2 , and the volumetric fraction of air leakage ȳleak ,dry is given,
which is required for the calculation of sulfur retention in KSVA oxy-fuel experiments. For the
experiments conducted at the 30MW “Schwarze Pumpe” pilot plant, no information on V̇CO2

and yleak ,dry is available and those values could only be estimated.

3.3.2.2 Details on ash and deposit sampling

Ash and deposit samples and associated calculations: In experiments investigating SOx

retention in ash and deposits at the KSVA and the “Schwarze Pumpe” plants, process ashes
were sampled from the facilities’ air/gas preheater (GH), bottom ash (BA), and different ESP
precipitation fields (E1, E2, E3). In addition, entrained ash and deposits were sampled at various
locations in the furnaces of both facilities. Table 3.7 summarizes details on all samples of
entrained ash (A) and cooled (C) and uncooled (UC) deposits included in this thesis. The
sampling locations for the lignite fired experiments have been selected to represent flue gas

Table 3.7: List of and details on entrained ash (A) and cooled (C),and uncooled (UC)
deposit samples from the 500 kW KSVA and the 30MW “Schwarze Pumpe” pilot plant (i.e.
fuels, combustion modes, sampling levels, distances from burner, and ϑFG ).

furn. level bur. dist.

plant fuel mode m ϑFG samples

KSVA L1

air
Lev11 1.99 1110 ◦C U

Lev15 2.67 1020 ◦C U

Lev26 5.67 750 ◦C U

oxy
Lev11 1.99 1125 ◦C U

Lev15 2.67 1035 ◦C U

Lev26 5.67 750 ◦C U

KSVA L2

air
Lev11 1.99 1095 ◦C U, C, A

Lev26 5.67 750 ◦C U, C, A

oxy
Lev11 1.99 1055 ◦C U, C, A

Lev26 5.67 730 ◦C U, C, A

KSVA C4
air

L20
3.63 915 ◦C U, C

oxy 3.63 895 ◦C U

KSVA
C4, Ca(OH)2
furn. inj.

air
L20

3.63 940 ◦C U, C

oxy 3.63 925 ◦C U

OxyPP L3 oxy
Lev4 ≈ 5.5 1100 ◦C U, A

Lev8 ≈ 10 750 ◦C U, C, A

26On basis of the volume reduction, residence times in air firing can be estimated to be approx. 27 % (L1), 16 %
(L2), 25 % (C4), and 27 % (L3) below those in oxy-fuel firing
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temperatures in radiative (approx. 1100 ◦C) and convective sections (approx. 750 ◦C) of power
boilers. Sampling locations for coal C4 have been selected to be about 1.5m downstream the DSI
sorbent injection location to allow for a comparison of the deposit compositionwith andwithout
sorbent injection. The temperature at this location corresponds also to the convective section
of a power boiler. Temperature controlled deposit samples, so called “cooled deposits”, were
collected using a probe whose surface was controlled to temperatures ϑ Probe between 550 ◦C
and 650 ◦C to simulate superheater surface temperatures. Entrained ash and uncooled deposits
have been sampled at KSVA and the oxy-fuel pilot plant “Schwarze Pumpe” subsequently at the
same measurement ports, while cooled deposits were collected at neighboring sampling ports
at the same furnace levels. The obtained ash and deposit samples have been analyzed for their
chemical composition (i.e. main ash-forming oxides) and in addition, selected samples were
subjected to electron micro-probe analyses. Based on the chemical composition, the extent
of sulfation of the samples can be evaluated. For this purpose, molar Ca/S, Mg/S, Na2/S, and
K2/S ratios αi are calculated, according to equations 3.6, 3.7, 3.8, and 3.9. In these calculations,
γA,db refers to the ash content determined for the ash and deposit samples to account for any
unburned fuel in the samples.

αCa/S =
γA,db

γS ,db
·MM ,S ·

xCaO ,A

MM ,CaO
(3.6)

αMд/S =
γA,db

γS ,db
·MM ,S ·

xMдO ,A

MM ,MдO
(3.7)

αNa2/S =
γA,db

γS ,db
·MM ,S ·

xNa2O ,A

MM ,Na2O
(3.8)

αK2/S =
γA,db

γS ,db
·MM ,S ·

xK2O ,A

MM ,K2O
(3.9)

Limitations in respect to ash mass balances at KSVA: During the air and oxy-fuel ex-
periments with lignites L1 and L2 and coal C4 at KSVA, process ashes from all ash drains
(bottom ash, ash from gas preheater, ESP ash27) were collected and the sample masses were
determined, summed up, and compared against the ash input with the fuel. The recovery
ratios for the ash were relatively low (42-86 %) and deviations between corresponding air and
oxy-fuel tests carried out subsequently within one test campaign were high (e.g. 50 vs. 69 %
and 86 vs. 42 %, respectively). It can only be speculated for the reasons, e.g. too low sampling
durations and considerable ash accumulation in furnace and flue gas ducts. It is known from
the KSVA facility that several hours of experimental operation are required for the ashes in
the system to be moved to the respective ash discharge systems. Those ash travel times are

27The mass of ash accumulated in the fabric filter over several hours of operation was non-existent or very low
(few hundred grams) in the experiments and was not further considered.



CHAPTER 3: Methods 57

impacted by changed flue gas flow rates and corresponding gas velocities in flue gas ducts
in air and oxy-fuel operation. Changed gas velocities may also impact the ash fractionation
between bottom ash, gas preheater ash, and the different ESP ashes, which is an uncertainty
in the comparative assessment of the process ashes from air and oxy-fuel operation. Due
to the low ash recovery ratios and the observed deviations between combustion modes, no
experimentally determined process ash production rates etc. are included in this thesis. For the
same reasons, the assessment of process ash compositions is focusing on qualitative changes
in the character of sampled ashes, omitting a detailed quantitative evaluation. It should be
highlighted that all process ashes included in this thesis were carefully sampled at the end of
longer periods of stable operation (i.e. between 8 h and 20 h for all experiments except the air
fired DSI experiments that had to be stopped after approx. 3.5 h, due to a mill damage). To
avoid a possible contamination of the ash samples by carry-over of ash accumulated in the
flue gas ducts during previous experiments, the samples were always obtained from the top of
each ash container. In general, the qualitative results in respect to sulfur retention in ashes
from the experiments at KSVA are in agreement to the findings based on more reliable flue gas
concentration measurements.

3.3.3 Experiments investigating acid gas removal by DSI

Experiments investigating the control of the acid gases SO2, SO3, and HCl in air and oxy-fuel
conditions have been conducted at BTS-VR and KSVA. All DSI experiments in this thesis were
carried out combusting the coal C4. Initial experiments at the BTS-VR facility were conducted
with a range of dry sorbents (CaCO3, different Ca(OH)2 qualities, mixtures of Ca(OH)2 and
activated carbon, and trona) to identify most promising sorbents and injection locations for
subsequent tests at the KSVA facility that required much higher efforts. In this thesis, only
the results for sorbents that were tested at both facilities (BTS-VR and KSVA) are reported (i.e.
finely milled CaCO3 and highly porous Ca(OH)2). Results for other sorbents can be found in
[37, 39].

3.3.3.1 Experimental parameters in BTS-VR DSI tests

In DSI experiments, the fuel C4 was injected to the furnace of BTS-VR using part of the oxidant
gas as transport medium (approx. 1.5 m3

h , STP , dry). The remaining oxidant gas was provided
to the inner and outer annulus around the central fuel injection pipe in a split of 40 to 60 %,
respectively. In all experiments, the flue gas production in the furnace was kept constant at
approx. 11.5 m3

h , STP , wet, requiring a combustion of approx. 1.3 kg
h coal in air and 1.8 kg

h in
CO2/O2 firing. In experiments with sorbent injection to the furnace and upstream the filter,
additional gas for sorbent injection (approx. 0.5 to 0.8 m3

h , STP , dry) was added to the generated
flue gas. About 10 m3

h , STP , wet, of the gas leaving the furnace was extracted to the flue gas duct
and filter of the BTS-VR system (measured after filter), with the rest being vented to a separate
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exhaust system. In experiments with DSI upstream the filter, the gas flow through the filter was
maintained at 10 m3

h , STP , wet, and the flue gas extraction from the furnace exit was reduced
by the amount of sorbent injection gas accordingly. Volumetric gas streams V̇FG into which dry
sorbents were injected were either continuously measured (flue gas flow measurement at filter
outlet for experiments with sorbent injection upstream filter) or calculated based on oxidant
gas feeds and fuel composition (co-injection with fuel and injection to furnace).
In air fired as well as in oxy-fuel experiments, the facility was operated to keep the excess
oxygen concentration yO2,exc ,dry at the furnace exit at about 3 · 10−2

m3

m3 . This is equivalent to
a combustion stoichiometry nair of 1.17 and nO2,o−t of 1.09. Since the BTS-VR system is not
equipped with an actual flue gas recirculation system, oxy-fuel tests were carried out in a
simulated oxy-fuel combustion atmosphere. In these experiments, an overall O2 concentration
in the oxidant gas of 28 · 10−2 m3

m3 , wet, was maintained, with the remainder being mainly CO2

and additionally H2O, NO, N2, SO2, and Hg. Similar to the experiments studying SO3 formation
(see section 3.3.4 for more details) a certain removal efficiency from the recirculated gas was
assumed for the mentioned impurities. In the DSI experiments, SO2, H2O, and Hg28 were added
to the flue gas, simulating a removal of 80 % of the SO2, 50 % of the H2O, and 0 % of the Hg
contained in the recirculated gas (i.e. recirculation of 20 % SO2, 50 % H2O, and 100 % Hg).
In addition, NO was added to the oxidant gas to simulate a NO content of the recirculated
flue gas yNO ,dry of about 950 · 10−6 m3

m3 . N2 was added only for sorbent injection purposes (see
section 3.3.3.3). The required amounts of SO2, H2O, and Hg were calculated on basis of the fuel
analysis. The experimental settings in the DSI tests with coal C4 are consistent to the ones
in the experiments studying SO3 formation with the same fuel (i.e. tests C4-A and C4-8S0H).
More details on the experimental parameters can be found in tables 3.11 and 3.12.
In tests on DSI at the BTS-VR facility, the electrical heating zones of the furnace (see figure
3.6a) were operated according to table 3.8, with temperatures of 1300 ◦C at the first heating
zone, where the facility’s burner is located, and temperatures of 1150 ◦C and 1100 ◦C at the two
last heating zones of the furnace, where sorbent was injected.
During the DSI tests, the BTS-VR’s flue gas duct was heated by electrical trace heating to
reduce heat losses and simulate a temperature and residence time profile comparable to an
actual power plant. Indicative temperature profiles averaged over the air and CO2/O2 DSI

Table 3.8: Temperatures of the electrically heated BTS-VR furnace during all air and
oxy-fuel DSI experiments.

ϑBTS1 ϑBTS2 ϑBTS3 ϑBTS4 ϑBTS5

1300 ◦C 1250 ◦C 1200 ◦C 1150 ◦C 1100 ◦C

28Hg is not relevant to this thesis and hence, is not covered here in greater detail. It can be assumed that the very
low Hg concentration levels (maximum about 2.0 · 10−9 m3

m3 , dry) that were present in the oxidant gas during the
DSI experiments did not influence the results in respect to acid gas capture.
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Figure 3.4: Indicative temperature profile along the furnace, flue gas duct, and filter of
BTS-VR during air and CO2/O2 experiments studying DSI. The DSI locations are shown:
DSI1: co-injection with fuels, DSI2: furnace injection, DSI3: Injection upstream filter.

experiments, respectively, are presented in figure 3.429. Also the different sorbent injection
locations are included. The temperatures and residence times that sorbents experience when
traveling through a combustion system can have a considerable impact on the acid gas capture.
However, in all reported DSI experiments the temperature and residence time profiles were
similar and hence, all DSI experiments are assumed to be comparable.
The temperature profiles for the DSI experiments were obtained as described on page 71. As in
the experiments investigating SO3 formation (section 3.3.4.1), in CO2/O2 tests the temperatures
in the gas ducts were somewhat higher than in air firing, with otherwise same settings in both
modes. In DSI experiments, the average difference between air and CO2/O2 firing reached up
to almost 50 ◦C at the flue gas duct inlet and reduced to approx. 20 ◦C at the filter outlet. As in
the SO3 experiments at BTS-VR, temperature variations along the flue gas duct were observed
between individual tests. The flue gas duct inlet temperatures in the individual air fired DSI
experiments were in a range of about 525 ◦C to 625 ◦C and temperatures at the filter inlet ranged
from about 190 ◦C to 225 ◦C. In CO2/O2 experiments those temperature ranges were approx.
605 to 665 ◦C and 215 to 255 ◦C, respectively. An average temperature drop between filter in-
and outlet of 25 ◦C and 35 ◦C was observed in the experiments.

3.3.3.2 Experimental parameters in KSVA DSI tests

For DSI experiments at the KSVA test facility, the same coal (C4) as at the BTS-VR test rig was
used. The fuel was injected to the furnace of KSVA via the inner annulus of the burner using
approx. 30 m3

h , STP , dry, primary gas30. The remaining secondary oxidant gas31 was provided to

29Lines between temperature measurements (indicated by black dots) are linearly interpolated and the temperature
between burner and the first temperature measurement of the furnace ϑBTS1 is assumed to be constant.

30Dry air or dry CO2 in air and oxy-fuel firing, respectively.
31Air or recirculated flue gas mixed with oxygen.
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the outer annulus. In all experiments, the fuel feed was kept constant at approx. 38.5 kg
h , which

is equivalent to a thermal power of approx. 310 kW. In addition to the oxidant gases, other
gases were fed to purge flame detectors (approx. 8 m3

h , STP of dry air or dry CO2) and to inject
sorbents (approx. 10 to 13 m3

h , STP of dry air or dry CO2). The oxidant O2 level in oxy-fuel
firing was 28 · 10−2 m3

m3 , wet32. This corresponds to a flue gas recirculation ratio ξrec of about
50 %. When primary, purge, and sorbent injection gases33 are included in the calculation of the
recirculation ratio with a corresponding wet flue gas flow rate, the recirculation ratio for the
conducted experiments is approx. 71 %. Recirculation ratios and volumetric gas streams V̇FG
at different locations of the KSVA facility (required to calculate αCa/S and αCa/2Cl , see section
3.3.3.6) were determined using an Aspen Plus model (Version 8.6) of the test rig to calculate
mass balances for the different air and oxy-fuel DSI experiments, on basis of all gas streams and
the fuel feed entering the process. The model assumes a simplified fuel conversion to produce
only CO2, H2O, SO2, N2, HCl, and Hg. The process flow diagram used for the calculations of the
oxy-fuel configurations is schematically shown in figure 3.5. The air fired process flow diagram
is omitted here since it does not include any particularities. By fixing fuel feed, primary CO2,
purge, and DSI gas streams (air/CO2), air ingress, overall oxidant O2 concentration, and the
excess O2 level, the required recirculation and O2 feed gas streams were calculated.
The different oxidant O2 levels in both combustion modes at a constant coal feed imply a change
in the flue gas flow rate through the furnace. This value was approx. 352 m3

h , STP , wet, in air

filter

recycle, CO2, air & O2

flue gas 
out

recycle

ash out

combustorcoal in

ξrec

primary CO2

O2 in

DSI CO2/air

air ingress

purge CO2

Figure 3.5: Schematic process flow diagram used in Aspen Plus models for balancing
oxy-fuel process configurations for the DSI experiments at KSVA.

32Averaged over all feed gas streams, i.e. primary, secondary, purge, and sorbent injection gas.
33I.e. dry, clean, compressed air or CO2 from tank.
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firing and approx. 261 m3

h , STP , wet, in oxy-fuel firing. The volumetric flue gas flow rate to
the stack was about 125 m3

h , STP , wet, in oxy-fuel operation. The differences in flue gas flow
rates in the furnace and gas ducts are also associated to different residence times of the flue
gases in the system in air and oxy-fuel experiments. Since the temperatures in the system were
similar (see discussion below), the residence time in the air fired experiment can be estimated,
being approx. 26 % shorter than the one in oxy-fuel firing. The flue gas residence time in
the furnace of KSVA is estimated to be about 7.5 s in the conducted air and about 10 s in the
oxy-fuel experiments. The DSI via a lateral port at the furnace was located after approximately
30 % of that gas travel time. The excess oxygen concentration of the combustion was kept at
approx. 3 · 10−2 m3

m3 , dry, in air and at approx. 4 · 10−2 m3

m3 , dry, in oxy-fuel operation, equivalent
to a combustion stoichiometry nair of 1.17 in air and nO2,rec of 1.04 and nO2,o−t of 1.13 in oxy-fuel
firing (see section 4.2.1.4 for details on nO2,rec and nO2,o−t ).
For the KSVA DSI experiments, a number of temperatures were continuously measured along
the flue gas path during air and oxy-fuel DSI experiments (table 3.9). One observes certain
differences between air and oxy-fuel conditions for ϑLev4. It should be highlighted that this
temperature measurement is at a position close to the flame in the furnace. At this location
the temperature measurement is very sensitive to small fluctuations of the flame position that
are known to occur when changing the combustion mode from air to oxy-fuel. One can also
see that temperature ϑLev26 (close to the furnace outlet) and the temperatures measured at the
ESP in- and outlet are very similar in both combustion modes. Moreover, they were observed
to be very similar in individual air and oxy-fuel DSI experiments reported in this thesis. This
highlights that the results of the DSI experiments should not be strongly influenced by altered
temperatures between tests. In addition to the temperatures reported here, for dedicated DSI
tests also temperature profiles in the furnace were determined (see section 4.2.2.3).

Table 3.9: Average temperatures at various locations in the furnace and at the ESP of
KSVA measured during air and oxy-fuel DSI experiments.

Mode
ϑLev4 ϑLev26 ϑESPin ϑESPout

◦C

air 1020 780 219 181

oxy-fuel 802 800 205 179

ϑLev4: Temperature measured in the KSVA furnace at level 4.

ϑLev26: Temperature measured in the KSVA furnace at level 26.

ϑESPin : Temperature measured at the inlet of KSVA’s ESP.

ϑESPout : Temperature measured at the outlet of KSVA’s ESP.
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3.3.3.3 Details on sorbent injection approaches

Air, CO2/O2, and oxy-fuel recycle DSI experiments at BTS-VR and KSVA were carried out with
sorbent injection at 3 different locations: Sorbents were co-injected to the furnace together
with the fuel, injected to the furnace at a temperature of about 1100 ◦C, and injected upstream
the fabric filter of BTS-VR (ϑ = 206 to 236 ◦C) and the ESP of KSVA (ϑ = 205 to 219 ◦C). The
positioning of the sorbent injection probes for furnace injection at both reactors is shown in
figure 3.6. Since DSI sorbents tend to stick to the walls of transport and injection pipes with a
strong deflection (e.g. by 90°) such configurations were avoided in the conducted experiments.
This implies a different injection probe arrangement in BTS-VR and KSVA. At BTS-VR the
sorbent was injected to the furnace counter-currently with the probe being introduced upwards
via the furnace outlet, while at KSVA the sorbent had to be injected via a lateral port in

(a) BTS-VR furnace

burner

sorbent 
injection

flue gas

Lev11: 1990 mm
Lev12: 2160 mm

Lev8:   1330 mm

Lev10: 1670 mm

Lev15: 2670 mm

Lev20: 3630 mm

Lev4:     480 mm

Lev26: 5670 mm

(b) KSVA furnace
Figure 3.6: Schematics of the furnaces of (a) BTS-VR and (b) KSVA. The placement of
the sorbent injection probe at both furnaces is shown. Levels at which SO2 concentration
and temperature measurements inside the furnace of KSVA were conducted during DSI
experiments are marked by “x”. Also ports used for deposit sampling at both rigs are
shown. The port specifications given refer to their distances from the burner.
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orthogonal direction to the flue gas flow. Even though this has not been studied in detail, it can
be assumed that sorbent dispersion in both reactors is not exactly the same. The counter-current
injection might allow for a better and more homogeneous mixing of flue gases and sorbents.
The sorbent injection upstream of the particle separation devices of BTS-VR and KSVA was
arranged in a way so that the sorbent had a travel time of approx. 0.5 s before entering the
separator.
The sorbent dosing and dispersion at the two experimental systems was done similarly. At
BTS-VR, a volumetrically controlled sorbent feeder with a Venturi type powder dispersion
system (Topas SAG 410) was used that was placed on a balance to record the loss-in-weight
signal. For the experiments at KSVA, a Venturi nozzle was used for sorbent dispersion. However,
this nozzle was fed by a gravimetrically controlled screw feeder. The gravimetric control of
the screw feeder was working with an accuracy that was in a range of approx. +/-10 %. The
measurement of the sorbent weight loss signal for the experiments at BTS-VR was done using
a balance with a resolution of 0.05 g and a linearity of 0.5 g (Kern DS 8K0.05). Problems related
to the detection of the weight loss signal at BTS-VR were due to the small sorbent feed rates
required in some tests (down to below 10 g

h ; see section A.6) and difficulties to reliably decouple
forces induced by the sorbent feed line from the balance. The overall accuracy of weight loss
signals from BTS-VR experiments, used in this thesis, is estimated to be in the range of +/-3 g

h .
This highlights that experiments conducted at low sorbent feed rates are subject to a relatively
high uncertainty in respect to the loss-in-weight signal. In some instances, the loss-in-weight
signals recorded were not plausible, due to additional disturbances of the sorbent balance. In
these cases, sorbent feed rates had to be estimated, according to the volumetric set-point of
the sorbent feeder. For this estimation, a linear correlation between this set-point and the feed
rate was assumed that was calibrated with data from more reliable tests. This is justified, since
preliminary sorbent feeding and dispersion experiments showed such a linear correlation in
a relevant range of set points. In those preliminary experiments also settings of the Venturi
system for optimal sorbent dispersion were determined (i.e. dispersion gases and flow rates)
using a cold model system that allowed for an optical assessment of the dispersion quality on a
filter element. Optimized settings were selected for subsequent DSI experiments.
One observation that was made during the preliminary sorbent dispersion tests is that it
is impossible to use CO2 to feed Ca(OH)2 based sorbents due to a rapid reaction between
sorbent and gas (see section A.5). For this reason, in oxy-fuel and CO2/O2 experiments with
Ca(OH)2 injection, air or N2 had to be used as sorbent dispersion gas. In the respective oxy-
fuel experiments at KSVA with flue gas recirculation and in the sorbent CO2/O2 co-injection
experiments at BTS-VR, air was used as Ca(OH)2 dispersion gas, since in those experiments all
or part of this gas passes through the flame so that oxygen can participate in the combustion,
reducing the dilution by nitrogen. Oxy-fuel experiments with CaCO3 injection at KSVA used
CO2 as dispersion gas. The used sorbent injection gases are listed in table 3.10. One peculiarity
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Table 3.10: Sorbent injection gases used in DSI experiments at KSVA and BTS-VR.

KSVA BTS-VR

Sorbent Injection Air Oxy-Fuel Air CO2/O2

CaCO3
co-injection air CO2 air air

furnace/filter/ESP air CO2 air N2

Ca(OH)2
co-injection air air air air

furnace/filter/ESP air air air N2

of the Venturi dispersion principle is that the dispersion nozzle has to be allowed to suck in
the sorbent together with ambient air. According to the manufacturer of the used dispersion
nozzles (Topas GmbH) the ratio between pressurized transport gas for the Venturi nozzle and
the absorbed air is approx. 2. This number matches well the flue gas dilution that was observed
in DSI reference experiments34. On that basis, the total sorbent feed gas flow rate can be
estimated. It was approx. 0.5 to 0.8 m3

h , STP , dry, at BTS-VR and approx. 10 to 13 m3

h , STP , dry,
at KSVA.

3.3.3.4 Conducted measurements

The measurements of concentration levels ȳi of the acid gas components (i.e. SO2, SO3, or HCl)
in DSI experiments were conducted right after the fly ash separation devices of BTS-VR (fabric
filter) and KSVA (ESP). In the DSI experiments, SO2 and HCl were measured continuously and
SO3 discontinuously, with at least two, but in most cases three repetitive measurements that
were used to calculate average SO3 concentrations. At BTS-VR, the fabric filter was cleaned
before each representative measurement period, so that at the start of this period the filter was
freshly cleaned and then ash and sorbent was accumulating over the duration of the experiment.
At KSVA, the ESP system was operated in automatic rapping mode.
Even though this thesis focuses on SOx, the studies on DSI have been extended to the acid gas
component HCl. The reason is that HCl may impact the sorbent reactions with gaseous SOx,
particularly when operating with a Cl rich fuel, such as C4 coal. Moreover, the control of HCl
as a corrosive flue gas component has relevance to the oxy-fuel process. Due to the complexity
of the DSI performance tests and efforts for discontinuous SO3 measurements, only a limited
number of such measurements could be performed in small and pilot scale DSI experiments.
Fortunately, it was possible to use a FTIR analyzer for continuous HCl measurement during DSI
tests in addition to the online SO2 analysis. It allowed to derive a comprehensive dataset on
the performance of DSI for HCl removal in air and oxy-fuel operation. The results on HCl may
indirectly also give an indication in respect to the capture of SO3 when injecting sorbents at
low temperatures upstream filters or ESPs since it is generally assumed that in conditions that

34Experiments, in which gas injection was started, but no sorbent was fed.
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allow for an efficient HCl removal also SO3 that is more reactive (see: [162–164]) is captured
to a large extent. The limited experimental data on SO3 capture by DSI, available from the
conducted experiments, supports this hypothesis.

3.3.3.5 Experimental procedure

Figure 3.7 shows exemplary the concentration trends for SO2, CO2, and O2 measured down-
stream the ESP during CaCO3 co-injection and oxy-fuel combustion of coal C4 at KSVA. At the
start of the plot, a stable oxy-fuel operation has been established (approx. 5000 · 10−6 m3

m3 , dry,
SO2). At the time step indicated by “G”, the CO2 gas for sorbent injection is started leading to a
dilution of the oxy-fuel flue gas by additional CO2 and hence, a drop in the SO2 level by approx.
350 · 10−6 m3

m3 , dry. The sorbent addition to the injection gas stream is started at the time step
indicated by “I1” and the sorbent mass flow is increased two times (i.e. time steps “I2” and “I3”).
Each of these events is followed by a decrease in the measured SO2 level. At the time step
indicated by “S”, the sorbent mass stream is stopped and the SO2 level rises rapidly. To calculate
DSI capture efficiencies, average SO2 (and HCl) concentration levels have been determined for
the different phases of the experiment, i.e. after start of injection gas, but without sorbent (i.e.
reference SO2, SO3, or HCl concentration level ȳi ,re f ) and at each sorbent injection level (i.e.
SO2, SO3, or HCl concentration level ȳi during DSI). The procedure was analogue for all other
DSI experiments at the BTS-VR and KSVA facilities. Certain injection settings (i.e. Ca(OH)2
furnace injection at αCa/S = 1.0 and 1.1 in the two combustion modes) have been operated for
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Figure 3.7: Exemplary concentration trends for SO2, CO2, and O2 measured downstream
the ESP in CaCO3 oxy-fuel co-injection with coal C4 at KSVA; G: Start of dosing gas (CO2),
I1: Start of sorbent injection (αCa/S = 0.9), I2: Increase of sorbent injection (αCa/S = 2.1), I3:
Increase of sorbent injection (αCa/S = 3.0), S: Stop of sorbent injection.
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longer durations to allow for sampling of process ashes and for conduction of measurements
inside the furnace.

3.3.3.6 Data processing and presentation of results

Based on the reference concentration levels ȳi ,re f of the acid gas components (i.e. SO2, SO3,
and HCl) measured after particulate control devices and the concentration levels ȳi during
individual DSI injection experiments (see section 3.3.3.5), acid gas removal efficiencies ηi can
be calculated, according to equation 3.10.

ηi =
ȳi ,re f − ȳi

ȳi ,re f
(3.10)

αCa/S =
ṄCa,inj

ṄSO2,FG
= ṁSorb,inj · nCa,Sorb ·

Vmol

ȳSO2,re f ,dryV̇FG,dry
(3.11)

αCa/2Cl =
ṄCa,inj

2 · ṄHCl ,FG
= ṁSorb,inj · nCa,Sorb ·

Vmol

2 · ȳHCl ,re f ,dryV̇FG,dry
(3.12)

To relate the acid gas removal performance to the sorbent feed that was injected, it is useful to
calculate molar ratios of the injected amount of calcium to the amount of acid gas components
that are present in the flue gas without sorbent injection, i.e. αCa/S and αCa/2Cl . In section 4.2.2
of this thesis, ηi is commonly plotted versus αi . The calculation of the molar ratios αi is done
in respect to the major acid gas species treated by DSI. Therefore, in this thesis it is generally
calculated in respect to the gases SO2 and HCl. Compared to the concentrations of SO2 and
HCl, SO3 levels are very low. Since in the case of HCl two moles are reacting with one mole of
calcium, in addition, a stoichiometric factor needs to be included in the calculation of αCa/2Cl .
αCa/S and αCa/2Cl are calculated on basis of the injected mass stream of sorbent ṁSorb,inj , the
mass specific partial amount of calcium (i.e. nCa,Sorb = NCa,Sorb/mSorb), the production of dry
flue gas V̇FG,dry , and the dry concentration of SO2 (ySO2,re f ,dry) or HCl (yHCl ,re f ,dry) in the flue
gas for the respective reference experiments. This is done according to equations 3.11 and
3.12. As introduced in section 3.5, for the sorbents used in this thesis nCa,Sorb is 0.009 85 kmol

kg
for CaCO3 and 0.013 22 kmol

kg for Ca(OH)2. For calculation of the molar ratios αi in oxy-fuel
recycle combustion, it is important to select a representative volumetric flow V̇FG,dry : In recycle
combustion conditions, the volumetric flow of flue gas leaving the combustion process (i.e.
after recycle) is used. In this way, the molar flow of SO2 and HCl passing through the system is
considered, without regarding any impurities’ cycling in the recirculation loop. In air and in
O2/CO2 experiments that have no flue gas recirculation, the flue gas flow going to the stack is
used. Values of V̇FG,dry are given in sections 3.3.3.1 and 3.3.3.2.
For calculation of injection stoichiometries αi and acid gas removal efficiencies ηi , acid gas
concentrations have been corrected to certain reference oxygen levels yO2,re f ,dry , to consider
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dilution of flue gas by air ingress or by unreacted oxidant gas. The methodology for correction
of gas concentrations is introduced in section 3.6.4. The reference oxygen corresponds always
to the value used for calculation of the flue gas production V̇FG,dry for the respective experiment.
The corrections of acid gas concentrations in DSI experiments do not consider dilution of flue
gases by sorbent injection gases in particular. Instead, the reference acid gas concentration
level ȳi ,re f that is used for calculation of the injection stoichiometries αi and acid gas removal
efficiencies ηi has been determined during feeding of sorbent injection gas but without addition
of sorbents. For all other DSI experiments, it is assumed that the sorbent injection gas stream,
or more accurately, the ratio between the flue gas production and this stream was constant.
In the figures in section 4.2.2 of this thesis, showing results of DSI experiments, trendlines
based on 2nd order polynomial fits are plotted for the sake of clarity. Even though this fitting
approach yields a good agreement to the experimental results, it has not been optimized and
its utilization does not imply a general principle describing the capture of acid gases by DSI.

3.3.4 Experiments at BTS-VR investigating SO3 formation

3.3.4.1 Experimental parameters

The experiments in respect to the SO3 formation and retention in the ash in a fabric filter under
air and simulated oxy-fuel conditions were carried out combusting the coals C1, C2, C3, and
C4. The fuels were injected to the furnace of BTS-VR using part of the oxidant gas as transport
medium (approx. 1.5 m3

h , STP , dry). The remaining oxidant gas was provided to the inner and
outer annulus around the central fuel injection pipe in a split of 40 to 60 %, respectively. The
flue gas production in the furnace was constant at approx. 11.5 m3

h , STP , wet, requiring different
fuel feed rates for the different coals and combustion atmospheres (see table 3.12). About 10 m3

h ,
STP , wet, of the gas leaving the furnace was extracted to the main flue gas duct and filter of the
BTS-VR reactor (measured after filter), with the rest being vented to a separate exhaust system.
The BTS-VR system is not equipped with an actual flue gas recirculation system. Therefore,
tests in respect to oxy-fuel combustion at this facility were carried out in simulated oxy-
fuel atmospheres. The investigated combustion conditions in the experiments studying SO3

formation included conventional air firing and a number of simulated oxy-fuel atmospheres, i.e.
CO2/O2 combustion with and without additional injection of impurities (H2O, NO, SO2, and
Hg0). By variation of the impurity injection rate, different oxy-fuel recycle and once-through
removal efficiencies from the recirculated gas of the impurities H2O, SO2, and Hg35, between
0 and 100 %, were simulated (for more information on recycle and once-through removal
efficiencies see section 4.1.3). In air fired and oxy-fuel experiments, the facility was operated
at an excess oxygen concentration yO2,exc ,dry at the end of the furnace of about 3 · 10−2 m3

m3 .

35Hg is not relevant to this thesis and hence, is not covered here in greater detail. It can be assumed that the very
low Hg concentration levels (maximum about 3.3 · 10−9 m3

m3 , dry) that were present in the oxidant gas, did not
influence the results in respect to SO3 formation.
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In all oxy-fuel tests, an overall O2 concentration in the oxidant gas of 28 · 10−2 m3

m3 , wet, was
maintained, with the remainder being CO2, H2O, NO, SO2, and Hg. This corresponds to
simulated recirculation ratios of about 70 %.
To ease the identification of different air and oxy-fuel experiments studying SO3 formation,
all tests are labeled with a code allowing for identification of the experimental settings. In
addition to air fired experiments (labeled “A”), in total eight different oxy-fuel settings, seven
with injection of H2O, NO, SO2, and Hg0, and one with combustion in pure CO2/O2 (i.e. removal
of 100 % of all impurities; experiments labeled “CO2”) were investigated. The fuels and recycle
removal efficiencies for SO2 and Hg in simulated oxy-fuel experiments are included in the
labels of the respective experiments. For example, the label C3-O2S5H indicates an oxy-fuel
experiment with coal C3 and simulated removal of about 20 % of the SO2 (label: 2S) and of
about 50 % of the Hg (label: 5H) from the recirculated gas. Coals C1, C2, and C3 were all tested
under A, OC, and 2S5H conditions (approx. 20 % SO2 and 50 % Hg removal) and coal C1 was

Table 3.11: List of indices denominating experimental settings for different fuels, combus-
tion atmospheres, simulated recycle and once-through impurity removal efficiencies from
the recirculated flue gas for H2O, SO2 and Hg, and simulated NOx concentrations in the
recirculated gas in experiments studying SO3 formation at BTS-VR.

sim. removal efficiencies in %

ηH2O ηSO2 ηHд
index coal air/oxy

rec. o.-t. rec. o.-t. rec. o.-t.

sim. yNO ,dry
in rec. flue gas

in 10−6 m3

m3

C1-A

C1

air - - - - - - -

C1-CO2 oxy 100 100 100 100 100 100 0

C1-5S5H oxy 25 9 52 25 44 19 890

C1-2S5H oxy 25 9 23 8 44 19 890

C1-2S0H oxy 25 9 23 8 7 2 890

C1-2S8H oxy 25 9 23 8 80 54 890

C1-0S5H oxy 25 9 3 1 44 19 890

C1-0S0H oxy 25 9 3 1 7 2 890

C2-A
C2

air - - - - - - -

C2-CO2 oxy 100 100 100 100 100 100 0

C2-2S5H oxy 26 9 24 8 52 24 860

C3-A
C3

air - - - - - - -

C3-CO2 oxy 100 100 100 100 100 100 0

C3-2S5H oxy 26 9 25 9 63 34 860

C4-A
C4

air - - - - - - -

C4-8S0H oxy 48 20 78 49 0 0 950
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investigated with five additional oxy-fuel settings (permutations of approx. 0 %, 20 %, and 50 %
SO2 and approx. 0 %, 50 %, and 80 % Hg removal). Coal C4 was tested in air and one oxy-fuel
setting (C4-8S0H: approx. 80 % SO2 and 0 % Hg removal). Also moisture recirculation was
simulated. For coals C1, C2, and C3 oxy-fuel experiments, approx. 25 % drying (recycle) of the
recirculated gas and for coal C4, 50 % drying (recycle) was simulated. In addition, NO was added
to the oxidant gases to simulate a NO content of the recirculated flue gas yNO of between 860
and 950 · 10−6 m3

m3 , dry. Since H2O and NO levels were kept constant in the simulated oxy-fuel
experiments for each fuel, they are not considered in the labels of the experiments. Table 3.11
lists all experiments including their labels, the simulated oxy-fuel recycle and once-through
impurity removal efficiencies, and simulated NO concentrations in the recirculated flue gas.
Deviations from the desired SO2 and Hg removal efficiencies, mentioned above, can be observed,
but experiments with different coals and similar removal efficiencies are considered to represent
comparable oxy-fuel setups. The oxy-fuel setting for experiments with coal C4 differs somewhat
from the experiments with coals C1, C2, and C3, since these experiments have been conducted
in a different research project with different focus. Nonetheless, they have been included here
to complement the results obtained with coals C1, C2, and C3.
The recycle removal efficiencies mentioned above refer to calculated, theoretical concentration
maxima for H2O, SO2, and Hg (yi ,max ,oxy,dry and yH2O ,max ,oxy,wet ) in an oxy-fuel process with no
impurity removal and no air ingress and an exit O2 concentration of 3 · 10−2 m3

m3 , dry. Those
maxima can be calculated, according to equations 3.13 (i: SO2, Hg; j: S or Hg) and 3.14, on basis
of the fuel analyses.

yi ,max ,oxy,dry =

γj

MM ,j

1

1 − yO2,exc ,dry

*.
,

γS

MM ,S
+
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MM ,C
+

γN
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+/
-
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To simplify the determination of the operational conditions for the different experiments,
Aspen Plus (Version 8.6) models for mass balancing of oxy-fuel recycle combustion systems
with once-through impurity removal efficiencies, as listed in table 3.11, were prepared for the
different fuels. In these models, a simplified fuel conversion, producing only CO2, H2O, SO2,
N2, HCl, and Hg, is assumed. The recycle impurity removal efficiencies listed in table 3.11 can
be calculated from the once-through ones and the recirculation ratio, according to equation
4.11. Figure 3.8 shows a schematic of the oxy-fuel model used for calculating the oxidant gas
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Figure 3.8: Schematic process flow diagram used in Aspen Plus models for balancing oxy-
fuel process configurations for simulated oxy-fuel experiments at BTS-VR with different
extents of recycle gas cleaning (i.e. ηH2O , ηSO2 , and ηHд).

compositions. The Aspen Plus model has been used to calculate the oxidant gas compositions
for the different experiments and the corresponding recirculation ratios that would be required
in actual oxy-fuel recycle combustion to maintain the desired oxidant O2 concentration of
28 · 10−2 m3

m3 , wet. In table 3.12 the information on oxidant compositions, simulated recirculation
ratios, and coal feeds is summarized.
During the experiments studying SO3 formation with Australian coals (C1, C2, C3) at BTS-VR,
the facility’s electrically heated furnace was operated with a constant temperature of all five
heating zones (i.e. ϑBTS1 to ϑBTS5 = 1350 ◦C). In experiments with coal C4, a temperature profile
from 1300 ◦C to 1100 ◦C was applied (see table 3.8). The facility’s flue gas duct was trace heated,
to reduce heat losses and accomplish a temperature and residence time profile comparable to
actual power plant systems. Indicative temperature profiles averaged over the individual air
and CO2/O2 experiments investigating SO3 formation with coals C1, C2, and C3, are presented
in figure 3.936. The temperatures and residence times in certain temperature ranges can impact
the formation and capture of SO3. However, in all experiments with coals C1, C2, and C3, the
temperature and residence time profiles were similar and hence, the results of the experiments
studying SO3 are assumed to be comparable. Due to the lower furnace outlet temperature, with
coal C4 the temperature profile is somewhat altered, compared to the other SO3 formation
experiments (see figure 3.4). However, along the flue gas path the temperature profiles for the
different experiments converge more and more and reach very similar temperatures at the
36Lines between temperature measurements (indicated by black dots) are linearly interpolated, and the temperature
between burner and first temperature measurement of the furnace ϑBTS1 is assumed to be constant.
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Table 3.12: Simulated recirculation ratios (ξrec ), coal feeds (Ṁcoal ), and oxidant composi-
tions for studies on SO3 formation at BTS-VR with coals C1, C2, C3, and C4.

oxidant compositions

ξrec Ṁcoal yH2O yO2 yO2 yCO2 ySO2 yNOx cHд

m3

m3
kg
h 10−2 m3

m3 10−6 m3

m3
µg
m3 , STPindex

- - wet wet dry dry dry dry dry

C1-A - 2.1 - 20.9 20.9 - - - -

C1-CO2 - 2.8 0 28.0 28.0 72.0 0 0 0

C1-5S5H 69.8 2.8 16.9 28.0 33.7 66.3 515 654 17.8

C1-2S5H 69.8 2.8 16.9 28.0 33.7 66.3 824 654 17.8

C1-2S0H 69.8 2.8 16.9 28.0 33.7 66.3 824 654 29.4

C1-2S8H 69.8 2.8 16.9 28.0 33.7 66.3 824 654 6.5

C1-0S5H 69.8 2.8 16.9 28.0 33.7 66.3 1030 654 17.8

C1-0S0H 69.8 2.8 16.9 28.0 33.7 66.3 1030 654 29.4

C2-A - 1.5 - 20.9 20.9 - - - -

C2-CO2 - 2.1 0 28.0 28.0 72.0 0 0 0

C2-2S5H 70.6 2.1 20.5 28.0 35.2 64.8 1569 631 8.9

C3-A - 1.4 - 20.9 20.9 - - - -

C3-CO2 - 1.9 0 28.0 28.0 72.0 0 0 0

C3-2S5H 70.5 1.9 17.5 28.0 34.0 66.0 1687 634 3.7

C4-A - 1.3 - 20.9 20.9 - - - -

C4-8S0H 73.1 1.7 12.1 28.0 31.9 68.1 1779 700 17.7

fabric filter inlet. Nonetheless, it should be considered that the different temperature profiles
for coal C4 and the other coals (C1, C2, C3) may have impacted the results.
The temperature and residence time profile for coal C1, C2, and C3 experiments was determined
on basis of the gas flow rates through the furnace, flue gas duct, and filter, the temperatures that
were measured along the system, and its geometry. This calculation is subject to uncertainties
in the assumptions (e.g. clean furnace and pipes) and differences in the actual temperatures that
were reached in individual experiments. This approach was validated in an experiment using a
tracer gas and a gas analyzer to determine the actual gas travel times along the furnace and
flue gas duct in dedicated tests. A difference between measured residence times and calculated
ones of +/- 15 % was observed, which gives an indication of the accuracy of the calculated
temperature profiles. A general observation that was made in the air and simulated oxy-fuel
experiments is that the temperatures in the flue gas duct in simulated oxy-fuel operation are
somewhat higher than in air firing. This is related to the different thermal properties of the
flue gases in both combustion modes. The difference is most pronounced at the inlet of the flue
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Figure 3.9: Indicative temperature profile along the furnace, flue gas duct, and filter of
BTS-VR during air and CO2/O2 experiments studying SO3 formation with coals C1, C2,
and C3 (for coal C4, see figure 3.4).

gas duct where heat losses, due to the high temperature, are highest. The average temperature
difference between both combustion modes reaches up to about 40 ◦C at the duct inlet and then
reduces to approx. 20 ◦C at the filter outlet. For individual experiments, temperature variations
along the flue gas duct were observed, with duct inlet temperatures in air firing ranging from
about 630 ◦C to 765 ◦C and temperatures at the filter inlet between about 185 ◦C and 225 ◦C. In
oxy-fuel experiments those temperature ranges were approx. 660 to 865 ◦C and 190 to 210 ◦C.
The average temperature drop between filter in- and outlet ranged between 25 ◦C and 30 ◦C in
both combustion modes.

3.3.4.2 Conducted measurements and data processing

In the experiments studying SO3 formation at BTS-VR, O2, CO2, CO, SO2, and NOx were
measured continuously before fabric filter. H2O concentrations were calculated based on coal
composition and water injection. SO3 was measured discontinuously before and after the
BTS-VR’s fabric filter. This filter was cleaned before each individual SO3 sampling. During
the course of a measurement, the filter cleaning was discontinued. This implies an increase
of the ash loading of the fabric filter during individual measurements as well as differing ash
build-up rates for different coal feed rates and ash contents. Such conditions are similar to an
actual power plant system, where ash build-up rates vary with the fuel. In the experiments
investigating SO3 formation at least two but in most cases three repetitive measurements were
conducted that were used to calculate average SO3 concentrations that are reported in this
thesis.
Based on the SO2 and SO3 concentrations measured before the fabric filter of BTS-VR ȳSO3,b.f .,
SO2 to SO3 conversion ratios κ23 can be calculated. The calculation of κ23 was conducted,
according to equation 3.15. This correlation is based on a well established standard to calculate
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κ23 at SCR catalysts for NOx reduction [205] and does not consider the concentration of SO3 in
the denominator. Due to the relatively low concentrations of SO3 in combustion flue gases,
compared to the SO2 concentrations, the difference between the calculation of κ23 according to
equation 3.15 and according to a correlation that also considers the concentration of SO3 in the
denominator is low and does not impact the interpretation of the results obtained. The SO3

capture efficiency at BTS-VR’s fabric filter ηSO3,f il . is calculated, according to equation 3.16, on
basis of the average SO3 concentrations measured before (ȳSO3,b.f .) and after (ȳSO3,a.f .) the filter.

κ23 =
ȳSO3,b.f .

ȳSO2,b.f .
(3.15)

ηSO3,f il . =
ȳSO3,b.f . − ȳSO3,a.f .

ȳSO3,b.f .
(3.16)

3.4 Deposit and ash sampling

A number of different sampling probes were used in the experiments of this project to collect fly
ash and deposit samples. Fly ash (abbreviated in plots by “A”) was sampled from furnaces using
a cooled suction probe. In fly ash sampling, ashes (i.e. fly ash together with unburned carbon,
etc.) are separated from the sample gas with a cyclone and sintered metal filter. Sampling was
conducted for relatively short time periods (i.e. for several minutes to half an hour) until enough
sample material was obtained for subsequent analyses. Also analyses of so called process ashes
were conducted. Process ashes were sampled from the test facilities’ ash discharge systems,
i.e. bottom, filter, and ESP ash hoppers. Such samples were always taken at the end of an
experiment and from the top of the ash accumulated in the ash hoppers.
Deposits were sampled using uncooled and temperature-controlled deposit sampling probes.
So called “cooled deposits” (abbreviated in plots by “C”) were collected using a probe whose
surface temperature can be controlled by cooling air, e.g. to simulate surface temperatures
of superheater tubes. The cooled deposit samples aim to represent the initial layer of heat
exchanger deposits. The cooled deposition probe was kept inside the furnace for longer
durations (i.e. approx. 20 and 72 h). Uncooled deposition probes use a ceramic sample carrier
whose surface reaches the temperature of surrounding flue gases. The temperature of this
kind of probe is not controlled. The obtained uncooled deposit (abbreviated in plots by “U”)
represents the outer deposit layer that builds up over an initial layer on heat exchanger surfaces.
Uncooled deposits were sampled over periods of approx. 2 to 4 h. Even though, the sampled
deposits give detailed insights to the characteristics of such materials in air and oxy-fuel
combustion and have been used successfully in the past to understand deposition mechanisms
etc. (e.g. [206]), they cannot fully represent actual deposits from power plant heat exchangers
which experience much longer exposure times to furnace conditions and often in addition
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multiple soot-blower cleaning cycles. Hence, certain characteristics of such deposits may not
be fully covered by the deposit analyses included in this thesis.
Ashes and deposits sampled during experimental campaigns were analyzed for their composi-
tion and morphology by ICP-OES analysis and by scanning electron microscopy (SEM-EDX,
SEM-WDX). Few ash oxide samples included in this thesis (i.e. extracted fly and bottom ash
samples), also contained minor amounts of carbon in form of carbonates (observed only very
rarely) and some unburned carbon. To render all ash analyses comparable, they were recalcu-
lated to an unburned carbon and carbonate free basis. In addition, all ash oxide analyses have
been normalized to 100 · 10−2 kg

kg .

3.5 Analysis of solid samples

3.5.1 Chemical analysis of solid samples

Solid samples were analyzed for their contents of ash (DIN 51719 [198]), total organic and
inorganic carbon in ash (DIN 19539, [207]), sulfur (DIN 51724-1, [202]), chlorine (only water
soluble chlorine that constitutes the majority of chlorine in ash samples was analyzed, accord-
ing to DIN 38414-4 [208] and DIN EN ISO 10304-1 [209]), and main ash-forming elements
(DIN 51729-11, [210]). Ash and deposit samples obtained from air and oxy-fuel experiments
have been analyzed directly (certain samples had to be milled previously to the analysis), with-
out additional ashing of the samples. The aim of this is to avoid a loss of volatile compounds
(e.g. alkali salts) in the standard laboratory ashing process that is conducted at 815 ◦C.

3.5.2 Scanning electron microscope analysis

A number of deposit samples have been analyzed by scanning electron microscopy (SEM) to
study the samples’ morphology and distribution of elements. This allows for an assessment
of changes in the deposits obtained from different experimental conditions. Previously to the
electron micro-probe analyses, the samples were embedded in a resin, cut, and polished. In
the obtained micrographs, the resin that consists of molecules containing only carbon and
hydrogen atoms appears black, while structures containing other atoms are plotted in shades of
gray or in white, depending on the molecular weight (BSE micrographs) or the concentrations
of selected atomic species (element maps). A CAMECA SX100 electron micro-probe was used
for SEM analyses. The system has an energy dispersive X-ray detector (SEM-EDX) that was
used to generate backscattered micrographs showing the sample morphology on a microscopic
scale. Moreover, this detector was used to obtain the local elemental composition of selected
points of the analyzed samples. In addition to the EDX system, the electron microscope has
five wavelength dispersive X-ray spectrometers (SEM-WDX) that can be used to analyze the
characteristic radiation that is emitted from the sample when irradiated by an electron beam.
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An evaluation of this characteristic radiation allows for a quantitative and localized analysis
of the elemental composition of the sample. With properly polished samples a resolution of
the elemental distribution down to the scale of 1 µm is possible. The WDX system was used to
generate maps of the distribution of selected elements (e.g. sulfur) on a certain area of interest
of the sample. Sample analyses by SEM-EDX and SEM-WDX are very time consuming and
hence, have only been conducted to analyze selected samples.

3.6 Gas measurement techniques

3.6.1 Standard online gas analysis

In case of continuous gas analysis for the components O2, CO2, CO, NOx (sum of NO and
NO2), and SO2, sample gas was extracted from flue gas ducts or furnaces, subjected to out-stack
sample gas filtration, and a moisture removal, using a sample gas cooler operated at 4 ◦C. All
sampling lines upstream the sample gas cooler as well as the filter for ash removal were heated
to 180 ◦C. Flue gas sampling from KSVA’s furnace to obtain SO2 concentration profiles was
conducted using a water cooled gas extraction probe, to quench reactions rapidly after the
sampled gas enters the probe tip.

Table 3.13: Information on standard gas analyzers used at BTS-VR and KSVA.

Fuel/experiment Measurement instrument Component Principle

KSVA, end of furnace

L2 /
combustion

ABB MAGNOS206 O2 paramagnetism

ABB URAS26 CO, CO2, SO2 IR photometry

ECO Phys. CLD 700EL/EL ht NOx chemiluminescence

L1 / combust.;
C4 /
combust. & DSI

ABB MAGNOS206 O2 paramagnetism

ABB URAS26 CO, CO2 IR photometry

ABB Limas11 SO2, NOx UV photometry

KSVA, ESP & furnace profiles

C4 / DSI
ABB MAGNOS206 O2 paramagnetism

ABB URAS26 CO, CO2, SO2 IR photometry

ECO Physics CLD 700EL ht NOx chemiluminescence

BTS-VR, end of furnace & filter

C4 / DSI & SO3;
L2 / deposits;
C1, C2, & C3 / SO3

ABB MAGNOS206 O2 paramagnetism

ABB URAS26 CO, CO2 IR photometry

Siemens Ultramat 23 SO2, (CO2) IR photometry

ECO Phys. CLD 700EL/822s NOx chemiluminescence



76 Gas measurement techniques

Table 3.13 summarizes information on the analyzers used at BTS-VR and KSVA for the different
experimental campaigns and fuels as well as their measuring principles. The analyzers have
been calibrated regularly37 during experimental campaigns to ensure correct analysis results. In
respect to the measurements conducted after ESP of the oxy-fuel pilot plant “Schwarze Pumpe”
that are included in this thesis, only limited information is available. These measurements have
been conducted by Vattenfall using a paramagnetic O2 sensor and infrared photometry for
other reported components. It can be assumed that the measuring equipment of this industrial
oxy-fuel pilot plant was well maintained and calibrated, so that the measured gas concentrations
are trustworthy. At the oxy-fuel pilot plant’s furnace, also few local gas measurements were
conducted at locations where deposits have been sampled. Thesemeasurements were performed
using a mobile Testo 350 multi-component analyzer. This analyzer uses electrochemical analysis
cells for O2, CO, NO, and SO2 and an NDIR sensor for CO2.

3.6.2 FTIR online gas analysis

The HCl measurements in DSI experiments at KSVA and BTS-VR test rigs reported in this thesis
were conducted using a “Gasmet DX 4000” continuous multi-component Fourier transform
infrared radiation (FTIR) analyzer. The used analyzer has a 5m38 measuring cell that was
heated to 180 ◦C allowing for the measurement of wet flue gas samples. The spectrometer
has a spectral resolution of 8 1

cm and a spectral range of 600 to 4200 1
cm . The analyzer leads

infra red (IR) light from a wide spectral length IR source through a measuring cell containing
sample gas. In the measuring cell, IR active gases can absorb part of this light. The sample
gas is continuously extracted from the sampling location and fed to the measuring cell with
help of a suitable gas sampling system (stainless steel and PTFE gas lines, pump, and particle
filter heated to 180 ◦C). With help of an interferometer the intensity of the absorption over a
certain spectral range can be measured by a detector. The detector signal is digitalized and
Fourier transformed by a computer program which results in an IR absorption spectrum of the
sample gas that gives the absorption for each wavelength in the spectral range of the detector.
For measurements during DSI experiments, sampling frequencies of 0.2, 0.05, and 0.017Hz
(absorption spectrum scan times of 5, 20, and 60 s) were used.
The analysis of the IR absorption spectra was conducted using Gasmet’s proprietary Calcmet
software and suitable reference spectra for pure gas components of known concentrations
that were provided by the German distributor of the FTIR analyzer, Ansyco. For each gas
component, several reference spectra for different relevant concentrations have been used
and these reference spectra have been linearized using the respective tool in the Calcmet
software. Different gases can have absorption peaks close to each other, which may cause

37In most cases calibration was conducted daily and always when switching from air to oxy-fuel combustion and
vice versa.

38This length is realized with help of mirror optics.
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Table 3.14: Components and analysis areas used for FTIR absorption spectra evaluation.

Analysis area
1

Analysis area
2

Component 1
cm

H2O 3200-3401 -

CO2 926-1150 2000-2146

CO 2020-2210 2550-2600

NO 1875-2150 -

NO2 2700-2950 -

HCl 2617-2880 2856-2879

SO2 1050-1250 1200-1310

HF 2500-2600 4020-4250

interferences in their absorption. To minimize negative impacts of such interferences on the
spectral evaluation, the user can select suitable analysis areas (i.e. wavenumber ranges) for each
component. Table 3.14 lists the analysis areas that have been selected in this thesis on basis
of Ansyco’s recommendations, with certain modifications to minimize interferences between
gas species in the sampled gases. To correct the slope of the baseline of the reference spectra
that may have an impact on the analyzed gas concentrations if wide analysis areas are selected,
the automatic baseline correction function of Calcmet was applied. The Calcmet software also
offers a function to correct interferences between measured gases that cannot be avoided by a
selection of suitable analysis areas. This feature was applied to all measured gas components
using the automatic interference configuration mode of Calcmet.
Even though the FTIR analyzer can analyze the sample gas for a large number of IR-active
species, in this thesis, only FTIR measurements of HCl are used extensively. In addition, few
H2O measurements of flue gases by this analyzer are reported. To validate the applicability
of the FTIR analyzer for HCl analysis of flue gases, a number of comparative wet chemical
HCl39 measurements during combustion of different fuels have been conducted (i.e. extraction
of sample gas and HCl absorption in water following DIN EN 1911 [211] and subsequent Cl-

analysis by ion chromatography, according to DIN EN ISO 10304 [209]), giving deviations in
the range of +/- 10 % between both methods [37, 46]. On basis of that result and due to the fact
that the FTIR method allows for continuous HCl measurements, which is not possible with the
wet chemical method, the decision was made to conduct HCl measurements during DSI testing
exclusively by FTIR analysis.

39More accurately, gaseous chloride measurements: It is assumed that the bulk of gaseous chlorides absorbed
from the combustion flue gases with this method are present in form of HCl.
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3.6.3 Wet chemical SO3 measurement

In part of the experiments included in this thesis, SO3 concentrations were measured before
and after the fabric filters and ESP systems of different experimental facilities. The used method
is based on the guideline VDI 2462 [212] with some modifications (slightly different condenser
coil and in-stack filter) and uses the controlled condensation of liquid H2SO4 (that is formed
quantitatively when cooling SO3 in moist atmospheres) in a suitable condenser. A schematic of
the sampling system used for SO3 measurements of this thesis is shown in figure 3.10. Sample
gas was extracted from a flue gas duct (1) via an in-stack filter cartridge (2) filled with quartz
wool40 using a glass sampling probe (3). The in-stack filter was always introduced to the flue
gas duct and equilibrated to reach the temperature of the flue gas, and the filter cartridge was
exchanged in-between individual samplings of SO3 to minimize the impact of accumulated
filter ash on the SO3 measurements. Relevant sections of the flue gas duct and the sampling
probe up to the point where it enters the H2SO4 condenser were heated with electrical heating
bands and in addition with a hot air fan to reliably maintain the wall above the sulfuric acid
dew point temperature. The sample gas was fed to the H2SO4 condenser (5) that was fully
immersed in a water bath heated to a temperature well above the water dew point (i.e. about
90 ◦C). The extracted gas flow was regulated with a valve (7) to maintain a gas flow of about
4 to 8 l

min , which was measured using a variable area flow meter (8)41. A pressure sensor in
the sampling line-up (6) allowed to notice blockages in the system. After the flow meter, the
sampling gas was fed to a gas drier. The flue gas was extracted through the sampling system
using a gas pump (10) and was supplied to a volumetric gas meter (12) that was equipped
with a pressure and temperature measurement (11) to allow for recalculation of the measured
SO3 concentrations to standard conditions (DIN 1343 [213]: 0 ◦C, 1013.25 hPa). During SO3
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Figure 3.10: Schematic of the sampling system used for SO3 measurements.

40The utilization of quartz wool filter materials is crucial since other materials, e.g. glass wool, were found to
absorb SO3 in significant quantities which leads to a negative bias of the measurement.

41Since the variable area flow meter’s reading (8) is dependent on the gas density, the flow meter needs to be
calibrated for air and oxy-fuel flue gas conditions, e.g. by using the volumetric gas meter (12).
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measurements, the O2 level was regularly measured at the sample gas outlet and compared to
the O2 level in the flue gas sampled at furnace exit or after filter/ESP, to ensure gas tightness
of the sampling system. In case this difference was too high (i.e. above 0.5 · 10−2 m3

m3 , dry, O2),
SO3 measurements were stopped and the system’s tightness was improved accordingly. After
completion of the gas sampling (depending on SO3 levels, after sampling of 30 to 220 l of sample
gas), the glass coil was disconnected and rinsed at least three times with deionized water and
the obtained liquid was then filled up to a volume of 50ml.

ySO3,FG =
(cliq,SO4 − cliq,SO4,blank) ·Vliq ·Vmol

Vsample ·MM ,SO4

(3.17)

These liquid SO3/H2SO4 samples were then analyzed for their sulfate content by ion chromatog-
raphy (DIN EN ISO 10304 [209]) or by titration42 (VDI 2462 [212]). On basis of the sulfate
content in the liquid sample cliq,SO4 and in a blank sample cliq,SO4,blank , the volume of the liquid
sample Vliq , the sampled gas volume Vsample , the molecular weight of sulfateMM ,SO4 , and the
molar volume Vmol , the SO3 concentration in the flue gas ySO3,FG can be calculated, according
equation 3.17. All SO3 values included in this thesis refer to dry gas and represent results
averaged from minimum two but in most cases three individual SO3 measurements.

3.6.4 Correction of gas concentrations to reference oxygen levels

Certain parts of this thesis (e.g. DSI experiments) require a direct comparison of gas con-
centrations measured in different experiments and combustion modes. Due to the size and
complexity of the used experimental test rigs, it is not possible to keep all experimental param-
eters constant between different tests. This is particularly relevant in the context of slightly
varying O2 concentrations in the measured flue gases that imply a variation of the dilution of
flue gases by unconverted oxidant gas or by air ingression to the process. For that reason, in
several instances gas concentrations were corrected to certain O2 concentration levels. Such
corrections of gas concentrations are indicated in the results chapter. The corrections were
done in different ways for the different combustion facilities and combustion modes (i.e. air,
CO2/O2, oxy-fuel recycle).
For air fired combustion, acid gas concentrations were corrected to a reference O2 level of
3 · 10−2 m3

m3 , dry, according to equation 3.18. This correction assumes that the flue gas is a
mixture of air, combustion products (i.e. CO2, SO2, HCl), and unreacted oxidant air (simplified
composition: 20.9 · 10−2 m3

m3 , dry, O2 and 79.1 · 10−2 m3

m3 , dry, N2). Since in this case oxidant gas
and ambient air have the same composition, this correction calculation can cover varying flue
gas dilution that is caused by false air ingress to the combustion process as well as by small

42Titration was only used for analysis of samples from lignite L1 air and oxy-fuel combustion at KSVA.
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fluctuations in the fuel feed which affect the oxidant air consumption in the furnace.

ȳi ,dry,corr =
0.209 − 0.03
0.209 − ȳO2,dry

· ȳi ,dry (3.18)

ȳi ,dry,corr =
yO2,oxid ,dry − 0.03
yO2,oxid ,dry − ȳO2,dry

· ȳi ,dry (3.19)

ȳi ,dry,corr =
1 − yO2,re f ,dry

1 − ȳO2,dry
· ȳi ,dry (3.20)

This is different in CO2/O2 experiments that were conducted at BTS-VR. In those experiments,
the oxidant gas contained different O2 levels and hence, equation 3.18 would only be applicable
if one assumes that fluctuations of the O2 concentration in the flue gas are caused only by false
air ingress and not by fluctuations in the fuel feed. Since during the CO2/O2 experiments at
BTS-VR great care was put into avoiding false air ingress to the combustion process such an
assumption is not justified. Instead, for the correction of such gas concentrations to a reference
O2 level, it is assumed that false air ingress was reliably avoided and therefore, fluctuations in
the O2 concentration of the flue gas are caused only by fluctuations in the fuel feed and hence,
by dilution of the CO2/O2 combustion products (i.e. CO2, SO2, HCl) with unreacted oxidant gas
of a certain oxygen concentration yO2,oxid ,dry (e.g. for coal C4 CO2/O2 exeriments at BTS-VR
yO2,oxid ,dry = 31.9 · 10−2 m3

m3 , dry). The gas concentrations can hence be corrected to a reference
O2 level of 3 · 10−2 m3

m3 , according to equation 3.19.
The situation is more complicated in case of oxy-fuel recycle experiments at KSVA. In those
experiments, air ingress could not fully be avoided (see table 3.6,yleak ,dry ≈ 6 to 7 · 10−2 m3

m3 ) while
also small fluctuations in the fuel feed occurred. In addition, in the different DSI experiments
the SO2 concentration in the oxidant gas (i.e. recirculated flue gas) was varying. A practical way
to correct acid gas concentrations to a certain reference O2 level is to consider only the dilution
of the flue gas by unreacted oxygen. However, this assumption does not consider any effects
caused by a varying false air ingress between different experiments. To minimize the effect that
the correction of gas concentrations has on the results, a reference O2 concentration is used
which is close to the actual O2 levels in the flue gas reached in all the oxy-fuel experiments. For
the oxy-fuel DSI experiments at KSVA, a reference O2 concentrationyO2,re f ,dry of 4 · 10−2

m3

m3 was
selected. In cases using other reference O2 concentrations this is indicated. The correction of
gas concentrations to the reference O2 concentrationyO2,re f ,dry for oxy-fuel recycle experiments
at KSVA is calculated, according to equation 3.20.
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3.7 Calculation of sulfuric acid dew point temperatures

From SO3 and H2O contained in the flue gas, gaseous sulfuric acid (H2SO4) forms when
temperatures fall below about 400 ◦C. The gaseous sulfuric acid starts to condense when its
dew point temperature is reached. The H2SO4 dew point temperature can be calculated on
basis of the partial pressures of H2O and SO3/H2SO4 in the flue gas, according to empirical
equations. Some well know correlations have been proposed by Verhoff and Banchero [121]
and Okkes [122]. A more recent and more accurate correlation by ZareNehzhad [123] is used
in this thesis (equation 3.21). In equation 3.21, the partial pressures pSO3 and pH2O are used
with the unit “mmHG”.

ϑH2SO4,dew = 150 + 11.664ln(pSO3) + 8.1328ln(pH2O) − 0.383226ln(pSO3)ln(pH2O) (3.21)

3.8 Thermodynamic equilibrium simulation by FactSage
and ChemSheet

3.8.1 Introduction to thermodynamic equilibrium simulation

In the past decades, various research groups and companies have developed software packages
for the calculation of thermodynamic equilibrium conditions based on a minimization of the
Gibbs energy and have collected thermodynamic data that serves as a basis for this calculation
[214]. A popular program family has been developed around the application ChemSage. One
of the most commonly used programs available from this family is FactSage that can be used
to calculate complex multiphase and multicomponent equilibria in metallurgical and other
process applications. FactSage also contains extensive thermodynamic databases. ChemSheet
is another program of the ChemSage family that uses the FactSage Gibbs energy minimizer
and thermodynamic databases. It is a Microsoft Excel macro allowing the calculation of
thermodynamic equilibria within a spreadsheet [215].

3.8.2 Thermodynamic simulation in high temperature process engi-
neering

Thermodynamic equilibrium simulation using FactSage has been applied by various research
groups to study the behavior of problematic ash systems in high temperature environments
and has helped to explain various effects in respect to ashes and deposits in combustion [206,
216–222]. It has to be considered that the equilibrium simulation approach uses highly idealized
assumptions (i.e. perfect mixing and instantaneous equilibrium) and hence, the validity of the
results should always be assessed on basis of experimental results and practical experiences.
The equilibrium simulation work by others (e.g. [206, 216–222]) has been limited by the range
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of functions and methods of visualization available in FactSage. The application of a thermody-
namic equilibrium simulation program, such as ChemSheet, for two (or more) dimensional,
thermodynamic phase mapping and other related applications and an efficient methodology for
results evaluation and visualization, in contrast, allows a much more customized approach that
can be adapted to virtually any given thermodynamic equilibrium simulation task. For this
thesis, a thermodynamic phase mapping technique has been developed that will be introduced
in detail in the following section. A similar approach was used by Ma et al. [223] to study slag
formation from woody biomass under pressurized, entrained-flow gasification conditions.

3.8.3 Thermodynamic phase mapping using ChemSheet

For generation of the equilibrium data presented in this thesis, GTT’s ChemSheet macro (origi-
nally developed by VTT in Finland) for Microsoft Excel was used. Since the ChemSheet macro
alone is only capable of varying one parameter within a loop of simulations (e.g. temperature ϑ ),
an additional Excel macro was used to run a second loop varying an additional parameter (e.g.
stoichiometric ratio n) and store the simulation results. In this way, equilibrium compositions of
the system of interest can be obtained for different combinations of the two varied parameters
(i.e. a two-dimensional table array containing all stable components and phases). It is also
possible to add additional variation loops if desired. The obtained equilibrium compositions
of the system can then be assessed in detail and parameters of interest can be plotted. Since
the resulting data is extensive, an efficient means of data processing is required. MathWorks’
MATLAB can be applied for this task. Moreover, MATLAB contains powerful applications for
data visualization, which helps for further results analysis.
Figure 3.11 shows a schematic of the procedure for two dimensional thermodynamic phase
mapping based on ChemSheet in combinationwith an additional Excel macro loop. In this thesis,
the procedure is applied to study the behavior of two characteristic ash systems containing
calcium and iron or calcium, iron, and silicon. Particles with such compositions were found
in deposits sampled during oxy-fuel combustion of L3 lignite at Vattenfall’s oxy-fuel pilot
plant (see annex A.3 and [41, 42]). The behavior of these ash systems is studied in combustion
atmospheres of an air and corresponding oxy-fuel fired system and at relevant temperatures.
The approach is as follows: The elemental composition (elemental analysis plus moisture) of
the L3 lignite combusted as well as the composition of characteristic deposit particles that were
found in deposits is used as input data to the ChemSheet spreadsheet macro. Moreover, the
system pressure (1 bar) is specified. For the system of interest, a thermodynamic database file
is generated with FactSage and loaded to the ChemSheet macro. The thermodynamic databases
FactPS and FTOxide of FactSage 7.0 were used for the simulation of equilibria. ChemSheet
allows the variation of one so called “Stepindex”. In this example, temperature is used as the
“Stepindex” and varied between a minimum (ϑmin = 250 ◦C) and a maximum (ϑmax = 1750 ◦C)
with a defined step width (∆ϑ = 2 ◦C). To vary the second dimension of interest (stoichiometric
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Figure 3.11: Schematic of the method used for two-dimensional thermodynamic phase
mapping of ash/deposit systems in air and oxy-fuel atmospheres.

ratio n), the stoichiometric amount of O2 required for combustion of the lignite was added to the
ChemSheet spreadsheet43. Using an additional Excel macro, the input amount of O2 for varying
stoichiometric ratios is calculated between a minimum (nmin = 0.5) and maximum (nmax = 1.5)
value with a defined step width (∆n = 0.002). Starting from the first input amount of O2 for a
certain stoichiometric ratio, the ChemSheet macro calculates the equilibrium composition of
the system for all temperature steps between ϑmin and ϑmax . After completion of this, the input
amount of O2 is varied and the procedure is repeated. In this way a large number of individual
thermodynamic equilibrium problems are solved. For the phase diagrams included in this
thesis, 375000 individual equilibrium states (i.e. 750 stoichiometries times 500 temperatures)
were evaluated. To obtain information on all relevant gas, solid, and liquid species, ChemSheet
was set to store data for all possible species of this system (e.g. in a system of carbon, hydrogen,
nitrogen, sulfur, oxygen, calcium, iron, silicon: 325 species).
The resulting data for each stoichiometry step is stored in a table listing the equilibrium amount
of all possible components for all temperature steps. In this way, one obtains a large table
array44. To be able to handle this data set, it is transferred into a three-dimensional results
matrix (i.e. temperature × stoichiometric ratio × species amount) using MATLAB. During

43This description refers to oxy-fuel conditions. For air firing, N2 needs to be added accordingly.
44For the system of carbon, hydrogen, nitrogen, sulfur, oxygen, calcium, iron, and silicon that was used to generate
some of the phase diagrams included in this thesis, the table array contains more than 120 million individual
values.
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this transfer, also insignificant species (i.e. species that do not exist in relevant amounts for
any of the studied temperatures and stoichiometric ratios) can be deleted to reduce the file
size and hence, calculation times. The obtained matrix can now serve as a basis for further
calculations. To generate phase diagrams, the matrix is scanned for stable phases and the areas
in which certain phases are stable can be plotted using data visualization programs, such as
MATLAB or the TeX/LaTeX macro package PGF/TikZ that was used in this thesis [224]. Based
on the three-dimensional results matrix also other information, such as amounts of formed
melt, concentrations of certain species, etc., can be extracted.

3.8.4 Thermodynamic equilibrium simulation by FactSage

Besides the thermodynamic phase mapping with ChemsSheet, also more conventional applica-
tions of the thermodynamic equilibrium simulation program FactSage and its databases are
included in this thesis. Conventional phase diagrams (i.e. partial pressure versus temperature)
and equilibrium temperatures have been obtained using the FactSage program package (version
7.0) and its “Equilib” and “Phase Diagram” modules. In these simulations, the pure substances
“FACTPS” and the oxide compounds and oxide solutions “FToxid” (with base solution phase
“FToxid-SLAGA”) FactSage databases were used.



4 Results and discussion

4.1 Theoretical considerations on impacts of oxy-fuel fir-
ing on SOx and its capture

4.1.1 SO2 concentration levels in air and oxy-fuel combustion

Based on a mole balance for air and oxy-fuel combustion, theoretical maximum concentrations
of SO2

45 and other flue gas species that are originating from components of the fuel (e.g. H2O,
CO2, HCl, Hg) can be calculated. The equations 4.1 and 4.2 can be used to calculate the air
and oxy-fuel SO2 concentrations based on dry flue gas, while equations 4.3 and 4.4 give the
concentrations based on wet flue gas46.
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(4.2)

The calculations disregard the contribution of minor fuel components, such as chlorine, to
the flue gas volume, which for common power plant fuels is not significant. The calculation
of maximum oxy-fuel concentrations is based on a “practical” oxy-fuel recycle configuration
(i.e. secondary recycle after ash separation and primary recycle after subsequent SOx and H2O

45Assuming that SO2 is the only sulfur bearing component that is formed.
46All mass fractions γi in equations 4.1, 4.2, 4.3, and 4.4 are referring to the fuel state “raw”.
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removal47; this corresponds to recycle option a in figure 2.2). It is important to differentiate
between wet and dry concentrations when discussing the differences between air and oxy-fuel
operation. The reason for this is that commonly flue gas concentrations are measured and
reported on a dry basis. Consequently, when comparing SO2 concentration levels of air and
oxy-fuel processes, concentrations on dry basis are commonly used (e.g. [1, 9, 10, 13]). However,
for the thermodynamic stability of sulfates in furnaces the actual conditions in this unit are of
relevance and hence, the SO2 concentrations on a wet basis need to be considered. To discuss
differences of SO2 concentration levels between air and oxy-fuel firing, the ratio between
ySO2,max ,oxy and ySO2,max ,air can be calculated (i.e. ξoxy/air ,dry = ySO2,max ,oxy ,dry/ySO2,max ,air ,dry and
ξoxy/air ,wet = ySO2,max ,oxy ,wet/ySO2,max ,air ,wet ), giving the expected increase of wet and dry concen-
trations in oxy-fuel operation, compared to air firing.
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As can be seen from equations 4.1, 4.2, 4.3, and 4.4, for one fuel quality these ξoxy/air ratios for wet
and dry concentrations are influenced by the oxygen excess (yO2,exc ,dry), the air ingress to the oxy-
fuel process (yleak ,dry), and the specific volumetric flow of clean CO2 (i.e. v∗CO2,dos

= V̇CO2/ṀRC)
used for fuel dosing48. When comparing ξoxy/air values for similar process conditions (i.e.
same yO2,exc ,dry , yleak ,dry , and v∗CO2,dos

ranges) but different fuel qualities, one sees that also the

47The cleaned primary recycle gas is considered in the calculations by assuming a certain fuel specific amount of
clean CO2 v

∗
CO2,dos

for fuel feeding.
48In the experiments at IFK’s KSVA this is clean CO2 from a tank. In industrial facilities (e.g. “Schwarze Pumpe”
oxy-fuel pilot plant) it is cleaned flue gas that is recirculated.
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Figure 4.1: ξoxy/air ratios (wet and dry) between ySO2,max ,oxy and ySO2,max ,air calculated
for the tested fuels and relevant ranges of the process parameters yO2,exc ,dry , yleak ,dry , and
v∗
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fuel composition alters ξoxy/air values. In this respect, ξoxy/air ,wet is strongly impacted by the
moisture content of the fuel. The contents of carbon, oxygen, hydrogen, sulfur, and nitrogen
in the fuel influence ξoxy/air ,wet as well as ξoxy/air ,dry , even though, the impact of sulfur and
nitrogen is generally low, due to their relatively low contents in most fuels.
To illustrate the ranges of ξoxy/air expected in practice for the fuels tested in the framework of
this thesis and for practically relevant ranges of yO2,exc ,dry , yleak ,dry , and v∗CO2,dos

, ξoxy/air ratios
are plotted in figure 4.1. It can be seen that the obtained ξoxy/air ratios for all the lignites are
similar, as their elemental compositions are. Due to its similar behavior, coal C1 is plotted
in diagrams together with the lignites (figures 4.1a, 4.1c, and 4.1e). The ξoxy/air ratios for the
coals C2, C3, and C4 are similar and both, ξoxy/air ,dry and ξoxy/air ,wet ranges are higher than
those of the lignites and coal C1, with coal C4 showing the highest difference between the
SO2 concentrations of air and oxy-fuel firing. Another observation is that ξoxy/air ,wet and
therefore, the thermodynamically relevant increase between the air and oxy-fuel SO2 levels
is always lower than ξoxy/air ,dry . This is due to the higher H2O levels in wet recycle oxy-fuel
firing, compared to air combustion that dilute concentrations of other components, such as SO2.
When comparing the plots of figure 4.1, it is obvious that ξoxy/air is more sensitive towards
changes of yO2,exc ,dry and of v∗

CO2,dos
than towards changes of yleak ,dry . ξoxy/air increases with

yO2,exc ,dry , while it drops with increasing v∗
CO2,dos

. The reason for this is that an increase of the
excess oxygen in air firing goes along with additional dilution by airborne nitrogen, which
is not the case in oxy-fuel conditions. In contrast, increasing the specific amount of clean
CO2 only dilutes the SO2 concentrations in oxy-fuel operation, without any impact on the air
fired concentration levels. For the tested fuels and an air and comparable practical oxy-fuel
setup (i.e. non-ideal system with air ingress yleak ,dry of 5 · 10−2 m3

m3 , cleaned primary recycle gas
for milling/dosing of fuel v∗

CO2,dos
of 0.6 m3

kg , and an oxygen flue gas concentration yO2,exc ,dry of
4 · 10−2 m3

m3 ), the SO2 concentrations can be expected to increase by a factor of 3.4-4.2 referring
to dry and of 2.9-3.5 for wet conditions. For an idealized oxy-fuel setup with no air ingress and
no utilization of cleaned primary recycle gas for milling/dosing of fuel (yO2,exc ,dry= 4 · 10−2 m3

m3 )
the ranges for ξoxy/air ,dry and ξoxy/air ,wet are 5.9-6.5 and 4.2-4.9, respectively. The ξoxy/air ,dry
ratios for a practical oxy-fuel setup compare well with those previously reported by others
from experiments of 2-4 [1, 9, 13].

4.1.2 Stability of sulfates in air and oxy-fuel combustion

Investigations of this thesis, but also by others [19, 124, 126, 225, 226], indicate that due to the
high SO2 concentrations49 (see section 4.1.1) increased sulfur contents in boiler deposits and
process ashes are one important difference between air and oxy-fuel fired systems. The increased
partial pressure of SO2 stabilizes sulfates thermodynamically. Due to their composition, for
most of the fuels and sorbents tested within this thesis, but also generally, CaSO4 is the most
49If recirculated gases are not cleaned.
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Figure 4.2: Phase boundary between CaO and CaSO4 at variable temperature ϑ and
SO2 partial pressure pSO2 for typical air and oxy-fuel atmospheres (ptot = 1.013 25 · 105 Pa;
air: yN2,wet = 75.1 · 10−2 m3

m3 , yCO2,wet = 16.2 · 10−2 m3
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m3 ,
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m3 ) with the same yO2,dry = 4 · 10−2 m3

m3 . pSO2 for complementary air and
oxy-fuel fired settings and the expected rise of the CaSO4 decomposition temperature are
illustrated exemplary.

abundant sulfate species formed. To assess the effect of altered SO2 concentrations on the
stability of CaSO4 in typical air and oxy-fuel flue gas atmospheres, CaO-CaSO4 phase boundaries
for the CaO-CaSO4-flue-gas system in dependency of the SO2 partial pressure (pSO2) are plotted
in figure 4.2. This allows for a first estimation of the differences in CaSO4 decomposition
temperatures between combustion modes. Assuming a rise of pSO2 (wet basis) by a factor
of 3.5 (see discussion on ξoxy/air ,wet in section 4.1.1) and a wet based SO2 concentration of
1000 · 10−6 m3

m3 in air firing, a complementary oxy-fuel system would have a SO2 concentration
of 3500 · 10−6 m3

m3 , wet. From figure 4.2, one can determine that with this increase of pSO2 the
CaSO4 decomposition temperature rises in a range of almost 50 ◦C. For different values of
ξoxy/air ,wet this increase may be somewhat higher or lower.
The previous considerations were taking into account a simplified ash system consisting of
pure CaO in a typical oxidizing air and oxy-fuel flue gas atmosphere. However, practical
combustion systems are more complex. The ash contains additional compounds and the gas
atmosphere that ash particles experience while traveling through a power plant is changing.
Near the flame, particles experience high temperatures and an oxygen deficiency. Further
downstream, better gas mixing and burnout air/O2 addition lead to an excess of oxygen while
heat extraction reduces the temperature. To cover the effects of these changing conditions
on the thermodynamically stable phases of relevant ash forming elements, a method for two-
dimensional thermodynamic phase mapping was developed (see section 3.8) and applied to
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Figure 4.3: Thermodynamically stable solid and liquid phases containing sulfur in a
system with CaO and Fe2O3 in atmospheres of L3 lignite air and oxy-fuel combustion.
(solid phases plotted with opacity, i.e. darker gray areas indicate coexisting solid phases;
gaseous phases are not shown; white areas indicate that no sulfur is present in solid and
liquid phases, i.e. it is in gas phase; for other stable solid phases: see annex, p. 168).

systems simulating air and oxy-fuel combustion of a fuel with the same elemental composition
as the L3 lignite. This fuel was chosen since it was used in tests at Vattenfall’s oxy-fuel pilot
plant, for which deposits and ashes were sampled and analyzed in detail. Moreover, this fuel is
similar to the L2 lignite, for which comparative studies on air and oxy-fuel ashes and deposits
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Figure 4.4: Thermodynamically stable solid and liquid phases containing sulfur in a system
with CaO, Fe2O3, and SiO2 in atmospheres of L3 lignite air and oxy-fuel combustion
(solid phases plotted with opacity, i.e. darker gray areas indicate coexisting solid phases;
gaseous phases are not shown; white areas indicate that no sulfur is present in solid and
liquid phases, i.e. it is in gas phase; for other stable solid phases: see annex, p. 169).

were carried out.
Phase diagrams for air and oxy-fuel combustion for two different ash systems relevant to the L3
lignite were prepared. The ash system compositions were selected on basis of typical particles
detected in boiler deposits and fly ashes from the oxy-fuel pilot scale experiments (see also
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section 4.2.1.3 and annex A.3). The combusted lignite’s ash contains more than 85 · 10−2 kg
kg of

CaO, Fe2O3, SiO2, and SO3. Consequently, the elements calcium, iron, silicon, and sulfur were
also found to play a determining role in the sampled ashes and deposits. Particles found in
samples from Vattenfall’s oxy-fuel pilot plant were categorized into main particle classes based
on their composition50. The most abundant particles in deposits and fly ashes are spherical
iron and calcium rich particles with a sulfur rich shell (see also figure 4.17). These particles
contain a core with CaO and Fe2O3 in a ratio that is very similar to the ratio in the original fuel
(see [42] for more details). In addition to those particles, also a particle category containing
SiO2 in addition to CaO and Fe2O3 was observed in greater abundance. For these particles, the
ratio of CaO, Fe2O3, and SiO2 was also similar to the ratio in the fuel. The CaO, Fe2O3, and
SiO2 rich particles contained much less sulfur than the CaO and Fe2O3 rich ones51. Due to
the observation of these two dominating ash particle classes that are interacting with sulfur
during combustion, systems with such compositions were further assessed in two-dimensional
thermodynamic phasemapping. Phasemapping simulationswere carried out with the following
input: Elemental analysis of the fuel L3, ash that contains CaO and Fe2O3 (20.5 · 10−2

kg
kg and

20.3 · 10−2 kg
kg , daf) and ash containing CaO, Fe2O3 and SiO2 (20.5 · 10−2

kg
kg , 20.3 · 10

−2 kg
kg , and

29.7 · 10−2 kg
kg , daf) in the same amounts as lignite L3, and a variable amount of oxygen/air (i.e.

variation of stoichiometric ratio of combustion) as well as a temperature variation.
Figure 4.3 shows the stable sulfur containing, liquid and solid phases for an ash system with
CaO and Fe2O3, while figure 4.4 was prepared for an ash system containing SiO2 in addition
to CaO and Fe2O3. Stable ash components that do not contain any sulfur are omitted in the
phase diagrams presented here for readability reasons. The respective diagrams for such
phases can be found in annex A.1. Stable, gaseous species were not further assessed in the
thermodynamic equilibrium study and hence, are not presented. The phase diagrams for the
two combustion modes are plotted versus the stoichiometric air (nair ) and oxy-fuel recycle O2

ratios (nO2,rec ), respectively. Since the recycle O2 ratio for oxy-fuel firing does not properly
represent the oxygen availability in the furnace of an oxy-fuel recycle system that also depends
on the recirculation of oxygen together with part of the flue gas, an additional secondary
abscissa showing the once-through O2 ratio nO2,o−t in a system with a flue gas recirculation
ratio ξrec of 0.7 is presented (see p. 116 for more details on nO2,rec and nO2,o−t ). The calculation
of once-through O2 ratios is not meaningful for systems with an oxygen deficiency, since in
practical oxy-fuel systems unburned solids are not recirculated in the same way as unburned
oxygen is. Hence, this axis is not plotted for sub-stoichiometric conditions (i.e. n < 1).

50This was done through SEM-EDX analyses of individual particles in fly ash and deposits sampled during oxy-fuel
operation from levels 4 and 8 of the furnace of the oxy-fuel pilot plant. More details on those analyses can be
found in annex A.3.

51A third important particle class that is not further considered here consisted mainly of SiO2. These particles
seem to originate from sand in the lignite and pass through the furnace without interacting with other ash
components and sulfur (see also p. 105 and p. 111).
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When comparing the air and oxy-fuel phase diagrams for the two selected ash systems, one
notes that the change in combustion conditions does not lead to a fundamental change in the
stability of sulfur containing solid species and liquid slag. No new species are stable and no
components disappear. Also the increased CO2 partial pressures do not lead to considerable
changes in the stability of carbonates, particularly in oxidizing atmospheres, in which SOx

reacts with available CaO to form sulfates instead of carbonates (see figures A.1 and A.2 in
the annex). The most dominant change between air and oxy-fuel fired conditions is that the
solid sulfates CaSO4 and Fe2(SO4)3 as well as solid FeS are stable up to higher temperatures in
oxy-fuel combustion. Similar to the previous discussion on CaSO4 stability (i.e. figure 4.2), the
increased stability of these sulfur containing species can be associated to the increased sulfur
activity in the simulated oxy-fuel atmospheres, where it is not diluted by airborne nitrogen.
The comparison between the systems with CaO and Fe2O3 and with CaO, Fe2O3, and SiO2

shows that the addition of SiO2 has a strong impact on a number of sulfur containing species
in air, just as in oxy-fuel combustion conditions. Obviously, liquid and solid Ca-Si species are
more stable at high temperatures and in sub-stoichiometric combustion environments than
Ca-S species. Hence, under these conditions, calcium in the system is consumed by reactions
with silicon and CaS completely disappears from the phase diagram, while the stability of
CaSO4 is shifted to lower temperatures. The stability of Fe2(SO4)3 is not affected by the SiO2

addition. Since the solid-solid reaction of Ca and Si is limited by the contact of these species, in
practical combustion systems the formation of Ca-Si compounds likely does not proceed to the
extent predicted by equilibrium simulations.
To allow for a better comparison of the stability of sulfates in air and oxy-fuel combustion
environments, the phase boundaries for the sulfates CaSO4 and Fe2(SO4)3 in the two simulated
ash systems (i.e. CaO and Fe2O3 and CaO, Fe2O3, and SiO2) were extracted from data of
figures 4.3 and 4.4 and plotted in figure 4.5. It should be highlighted that in practice, for the
considered ash systems CaSO4 is the dominating sulfate species. Fe2(SO4)3 is plotted here
for the sake of completeness. In addition to the phase boundaries obtained when simulating
stable compounds for a system firing the L3 lignite (γS = 0.81 · 10−2 kg

kg , daf), also the phase

boundaries for a hypothetic lignite with a higher sulfur content γS of 3 · 10−2 kg
kg , daf (with

accordingly balanced O content) and otherwise same composition is shown. The marked points
in figure 4.5 exemplary illustrate conditions with the same excess oxygen concentration yO2,dry

of 4 · 10−2 m3

m3 for air and oxy-fuel operation. As can be seen from table 4.1, for these combustion
conditions the CaSO4 phase boundary temperature in oxy-fuel firing is 57 to 77 ◦C above the
one in air firing, while for Fe2(SO4)3 this range is between 32 and 61 ◦C. Similar results with
somewhat lower differences in respect to the temperature regions for CaSO4 stability between
air and oxy-fuel combustion were obtained by Schnurrer et al. [19], who assessed a fuel with a
different composition at an excess oxygen ratio nO2,rec of 1.2.
For both ash systems, an increase in the fuel sulfur content also increases the difference of the
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Figure 4.5: Phase boundaries of thermodynamically stable sulfates (CaSO4 and Fe2(SO4)3)
in systems containing (a) CaO and Fe2O3 and (b) CaO, Fe2O3, and SiO2. The simulated
atmospheres consider air and oxy-fuel combustion of L3 lignite. The marked points
represent combustion stoichiometries with the same outlet O2 concentrations yO2,dry of
4 · 10−2 m3

m3 for air and oxy-fuel conditions. In addition to simulations with this fuel’s true

sulfur content (0.81 · 10−2 kg
kg , daf), combustion of a similar lignite with an increased sulfur

content (3 · 10−2 kg
kg , daf and appropriately adapted γO content) was examined.

maximum sulfate existence temperatures ∆ϑi ,exist ,air/oxy . This effect is more pronounced for
Fe2(SO4)3 than for CaSO4. One notable peculiarity in figure 4.5 is that the maximum CaSO4

existence temperatures for the low sulfur lignite (0.81 · 10−2 kg
kg , daf) under oxy-fuel firing is in

a similar range than for air firing of the high sulfur lignite (3 · 10−2 kg
kg , daf). Since fouling issues

induced by CaSO4 formation can be handled in existing boilers firing similar high sulfur fuels,

Table 4.1: Differences of maximum sulfate existence temperatures ∆ϑi ,exist ,air/oxy

(= ϑi ,exist ,oxy − ϑi ,exist ,air ) at the same yO2,dry of 4 · 10−2
m3

m3 in systems containing CaO and
Fe2O3 and CaO, Fe2O3, and SiO2 for air and oxy-fuel conditions (temperatures extracted
from figure 4.5 data).

CaO/Fe2O3 CaO/Fe2O3/SiO2

γS ,daf in 10−2 kg
kg

species unit 0.81 3 0.81 3

CaSO4 ◦C 71 77 57 64

Fe2(SO4)3 32 61 32 61
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potentially also oxy-fuel fired systems using low sulfur fuels that show a similar CaSO4 stability
may be operable using standard equipment (e.g. soot blowers). For higher sulfur fuels, without
recycle gas cleaning, the CaSO4 stability is considerably higher in oxy-fuel systems, than in
conventional air fired systems, and hence, one must expect that undesired CaSO4 deposits may
form at higher temperature regions in a boiler were they are currently not observed. A positive
aspect of the increased CaSO4 stability that was discussed also by others (e.g. [11]) is that
sulfur retention in calcium contained in fuel ash or in calcium based sorbents may be enhanced
in oxy-fuel systems. However, also undesired CaSO4 boiler deposits may be more sintered and
calcium rich fuel ash will have an increased sulfur content with possible implications on ash
utilization.

4.1.3 Impact of recycle combustion on SOx capture

Wet SO2 (or more generally SOx) partial pressures that are relevant for diffusion of SO2 to
molecules in ashes or sorbents that can react with this component (e.g. calcium species) and for
the desulfurization reactions, are significantly increased in oxy-fuel combustion by a factor of
2.9-3.552 (see p. 88). This has a positive impact on the efficiency of diffusion and desulfurization
reactions. In addition, as explained in section 4.1.2 and also by others [11], the increased SO2

level enhances the stability of sulfates, which allows for their formation at higher temperatures.
This in turn has a positive impact on the available volume and hence, reaction time for the
formation of such sulfates within a furnace which also has a positive impact on the efficiency
of diffusion and desulfurization reactions. However, in practical oxy-fuel combustion systems
that require a recirculation of flue gases, the correlation is more complex. In the following, the
issue is explained on basis of a sulfur balance of the PF oxy-fuel combustion process with flue
gas recirculation (see figure 4.6). Similar correlations were introduced in papers by Liu and
various coworkers [11, 104, 105, 190–192], even though, their presentation was less illustrative.
Since the correlations in this section are only based on material balances, they disregard impacts
on the desulfurization caused by changing process conditions that occur when varying the
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ṄS ,out+ṄS ,r ec

ηS ,rec =
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Figure 4.6: Schematic of the molar sulfur balance in oxy-fuel recycle combustion.

52For Cl species, such as HCl, the correlation applies analog.
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recirculation ratio (e.g. changing residence times, temperatures, etc.). Sulfur is selected in this
discussion exemplary, referring to the sum of all sulfur species in the system. In practice, this
is mainly SO2 and sulfates bound in ash and/or sorbents. Assuming no transformation of a
recirculated species to other gaseous compounds, the correlation applies also to individual gas
species (e.g. SO2 and HCl). The correlations introduced in this section apply generally to sulfur
retention in the ash as well as to sulfur capture by dedicated desulfurization systems (e.g. DSI).

ηS ,rec =
ṄS ,rem

ṄS ,in
=

ṄS ,rem

ṄS ,rem + ṄS ,out
(4.5)

ηS ,o−t =
ṄS ,rem

ṄS ,in + ṄS ,rec
(4.6)

ξrec =
ṄS ,rec

ṄS ,out + ṄS ,rec
=

ṄFG,rec

ṄFG,out + ṄFG,rec
=

ṄFG,rec

ṄFG,f urn
(4.7)

ηS ,rec =
(ṄS ,in + ṄS ,rec)ηS ,o−t

ṄS ,in
(4.8)

ṄS ,rec =(ṄS ,in + ṄS ,rec)(1 − ηS ,o−t)ξrec (4.9)

ṄS ,rec =
ṄS ,in(1 − ηS ,o−t)ξrec
1 − (1 − ηS ,o−t)ξrec

(4.10)

ηS ,rec =
ηS ,o−t

1 − (1 − ηS ,o−t)ξrec
(4.11)

ηS ,o−t =
ηS ,rec(1 − ξrec)

1 − ξrecηS ,rec
(4.12)

As for systems without a flue gas recycle (i.e. conventional air firing), the recycle desulfurization
efficiency ηS ,rec can be expressed as the quotient between sulfur removed from the flue gas
ṄS ,rem and the amount of sulfur fed to the system ṄS ,in (see equation 4.5). When part of
the flue gas and the contained sulfur species are recirculated with a recirculation ratio ξrec

(see equation 4.7), this recycle adds additional sulfur ṄS ,rec to the sulfur entering the furnace
(ṄS ,f urn,in = ṄS ,in + ṄS ,rec ) and hence, also a once-through desulfurization efficiency ηS ,o−t can
be defined (equation 4.6). The once-through and recycle desulfurization efficiencies can also be
related to each other by solving equation 4.6 for ṄS ,rem and inserting this to equation 4.5, which
gives equation 4.8. On basis of a sulfur balance of the recycle loop, the flux of recirculated
sulfur ṄS ,rec can be expressed, according to equation 4.9. This relation can be solved for ṄS ,rec

giving equation 4.10. Substitution of ṄS ,rec in equation 4.8 yields equation 4.11, which correlates
recycle and once-through desulfurization efficiencies and the recirculation ratio independently
of other variables. Equation 4.12 gives the same correlation solved for ηS ,o−t .
Neglecting the change of the molar flux of flue gas ṄFG,f urn through the furnace by desul-
furization, this molar flux can be expressed, according to equation 4.13. The molar sulfur
fraction at the furnace inlet yS ,f urn,in can be calculated, according to equation 4.14. The different
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reformulations can be obtained with help of equations 4.10, 4.13, and 4.12. The molar sulfur
fraction at the process outlet yS ,out (= yS ,f urn,out ) can be calculated, according to equation 4.15
that can be reformulated to the different presented forms with help of equation 4.5. It is worth
noting that the first factor ṄS ,in/ṄFG ,out in equations 4.14 and 4.15 is equivalent to the molar
fraction of sulfur in the flue gas of the combustion process without any gas cleaning.

ṄFG,f urn =
ṄFG,out

1 − ξrec
(4.13)

yS ,f urn,in =
ṄS ,in + ṄS ,rec

ṄFG,f urn
=

ṄS ,in

ṄFG,out

1 − ξrec
1 − (1 − ηS ,o−t)ξrec

=
ṄS ,in

ṄFG,out
(1 − ξrecηS ,rec) (4.14)

yS ,out =
ṄS ,out

ṄFG,out
=

ṄS ,in − ṄS ,out

ṄFG,out
=

ṄS ,in

ṄFG,out
(1 − ηS ,rec) (4.15)

Based on equation 4.11, in figure 4.7, ηS ,rec is plotted versus ξrec (a) and ηS ,o−t (b) for selected
values of ηS ,o−t and ξrec , respectively. For the purpose of generalization, in figure 4.8a, which
is a plot of equations 4.14 and 4.15 at a fixed recycle desulfurization efficiency (ηS ,rec = 80 %),
normalized molar fractions yS ,f urn,in,∗ and yS ,f urn,out ,∗ are presented (i.e. the factor ṄS ,out/ṄFG ,out

equals 1). Figure 4.8b is a plot of equation 4.12 and shows the dependency of ηS ,o−t on ξrec at a
fixed value of ηS ,rec of 80 %.
On basis of the equations introduced above and figures 4.7 and 4.8, the correlation of the
desulfurization efficiencies ηS ,rec and ηS ,o−t and ξrec in a recycle system can be assessed. Obvi-
ously, without recirculation, ηS ,rec and ηS ,o−t are equal, while also at recirculation ratios close
to 100 % both desulfurization efficiencies converge to the same value. Between those extremes
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Figure 4.7: Dependency of the recycle desulfurization efficiency ηS ,rec on (a) the recircula-
tion ratio ξrec and (b) the once-through desulfurization efficiency ηS ,o−t at discrete values
of ηS ,o−t and ξrec , respectively (plots of equation 4.11).
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Figure 4.8: Normalized molar sulfur fractions at the recycle combustion process’ in- and
outlet yS ,f urn,in,∗ and yS ,f urn,out ,∗ and recycle and once-through desulfurization efficiencies
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ηS ,rec of 80 % (plots of equations 4.14, 4.15, and 4.12).

the interpretation of the correlation is more complex. As can be seen in figure 4.7, at high
recirculation ratios, lower once-through desulfurization efficiencies ηS ,o−t are sufficient to reach
high recycle desulfurization efficiencies ηS ,rec , while at lower recirculation ratios ηS ,rec is much
stronger impacted by ηS ,o−t . This effect can also be observed in figure 4.8. At a fixed recycle
desulfurization efficiency ηS ,rec , an increase of the recirculation ratio ξrec is equivalent to an
increasing dilution of the flue gases at the furnace inlet by desulfurized flue gas from the
furnace outlet. This reduces the sulfur level at the furnace inlet (i.e. yS ,f urn,in,∗) and affects
the once-through desulfurization efficiency ηS ,o−t negatively. However, this is compensated
by a larger flux of sulfur compounds to the furnace (i.e. ṄS ,f urn,in). More illustrative, sulfur
compounds that are not captured when passing the furnace are returned to its inlet at a ratio
ξrec and hence, are exposed again to an environment that allows for their capture. In this
system, ξrec and ηS ,o−t compensate each other, as can also be seen in equations 4.11 and 4.12.
Based on figure 4.7b, another feature of the recycle combustion system in respect to desulfur-
ization can be noted. Flue gas recirculation is most beneficial for desulfurization technologies
that have a relatively low once-through desulfurization efficiency (e.g. DSI). This is illustrated
by the large difference between ηS ,rec and ηS ,o−t at lower desulfurization efficiencies (e.g. at
ξrec = 70 %: ηS ,rec = 45 % at ηS ,o−t = 20 %). For technologies that are already very efficient in a
once-through configuration (e.g. wet or semi-dry desulfurization systems), the benefit of flue
gas recirculation is less pronounced (e.g. at ξrec = 70 %: ηS ,rec = 97 % at ηS ,o−t = 90 %).
The discussion in this section is purely based on material balances for desulfurization in a
recycle loop assuming that no restrictions of the combustion process and the desulfurization
reactions exist, which is not true in practice. For example, the volume of a boiler is a fixed
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parameter and a change in ξrec is corresponding to an altered volumetric flow of flue gas through
the furnace and hence, a different flue gas residence time in that unit (with higher recirculation
ratios giving lower residence times). In addition, variations in ξrec also impact the heat transfer
in the boiler and hence, the flue gas temperature profile in the system. Those aspects can have a
considerable impact on the once-through desulfurization efficiency ηS ,o−t that is reached within
the recycle loop. Without a complete redesign of pulverized power boilers, in practice, due
to temperature and heat transfer restrictions, ξrec is limited to a range between about 60 %
and 80 %. As can be seen in figure 4.7a, in that range the impact of ξrec on the desulfurization
efficiency is considerable and even at moderate once-through desulfurization efficiencies ηS ,o−t ,
relatively high recycle desulfurization efficiencies ηS ,rec can be accomplished.
The calculation of ηS ,o−t (i.e. once-through DeSOx efficiency), on basis of actual furnace inlet
SO2 levels in oxy-fuel recycle DSI experiments and, calculated on basis of those levels, the
once-through molar Ca/S ratios (αCa/S ,o−t ) allow to compare the desulfurization performance
in air fired experiments to those of corresponding oxy-fuel tests, since the impact of flue gas
recirculation is eliminated. An evaluation of experimental data in that way was conducted and
can be found in section 4.2.2.3.

4.2 Experiments studying the behavior of sulfur oxides

4.2.1 Sulfur oxides in ashes and deposits

4.2.1.1 Impact of increased SO2 levels on sulfates in deposits

In section 4.1.2, the impact of increased SO2 concentrations on the stability of sulfates (especially
CaSO4) was described. To validate these theoretical considerations, a set of experiments at
the BTS-VR combustion test rig was designed. In these tests, the impact of increased SO2

partial pressures on the occurrence of sulfates in deposits sampled from the furnace fired with
L2 lignite was determined. The combustion was operated with a 72 · 10−2 m3

m3 , dry, CO2 and
28 · 10−2 m3

m3 , dry, O2 oxidizer and an excess O2 concentration of approx. 2.7 · 10−2 m3

m3 , dry. In
one experiment additional SO2 was doped to the oxidant gas mix while in the other it was not.
This resulted in SO2 concentrations of 750 · 10−6 m3

m3 , wet (850 · 10−6 m3

m3 , dry), in the undoped and
5530 · 10−6 m3

m3 , wet (6250 · 10−6m3/m3, dry), in the doped test53. A factor ξoxy/air ,wet of approx.
7.4 between these concentration levels that is considerably larger than the one between air
and complementary “practical” oxy-fuel conditions (see p. 88: ξoxy/air ,wet ≈ 2.9 − 3.5), was
selected to ensure significant experimental results. In these two flue gas atmospheres, deposits
were sampled at two different temperatures. The sampling temperatures of 1200 ◦C (1.5m from
burner) and 1100 ◦C (2.5m from burner) were selected closely above and below the CaSO4

decomposition temperature at the two different SO2 concentrations. In figure 4.9, all four

53Measured inside the furnace, 1.5m from the burner, at 1200 ◦C.
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deposit sampling conditions are plotted together with the CaO-CaSO4 phase boundary that
was calculated for a flue gas matrix similar to the one in the performed experiments. The
deposit sampling was performed using ceramic deposition probes that can be assumed to reach
quickly the bulk flue gas temperature when being exposed to the furnace atmosphere. The
flue gas temperatures were set up by adjusting the control temperatures54 of the heating zones
upstream and at the sampling locations. In previous tests with help of a suction pyrometer
it was determined that the heating zone control and flue gas temperatures (outside the flame
zone) are similar. Hence, in this study, the deposit sampling temperatures are assumed to be
equivalent to the respective furnace control temperatures.
Figure 4.10 shows BSE images of and the distribution of sulfur in (by SEM-WDX)55 the deposit
samples obtained from these experiments. The BSE images at each sampling temperature show
a very similar morphology of the deposits, irrespective of the SO2 level. At 1200 ◦C (figures 4.10
b and d) deformed and fused deposits are obvious, indicating that partially molten ash particles
hit the sampling probe. At 1100 ◦C deformation during impaction and fusion of molten ash
particles is not obvious. The 1100 ◦C samples (figures 4.10 a and c) are dominated by spherical
calcium and iron rich ash particles that are surrounded by a sulfur rich shell. Such a deposit
character was also observed in samples from 500 kW and 30MW scale experimental facilities
when firing Lusatian lignites (see chapter 4.2.1.3). The SEM-WDX sulfur maps demonstrate
clearly that increased SO2 concentrations stabilize sulfates in the deposits of calcium rich
lignite ash under furnace conditions. The sample from the experiment with an SO2 level of
54Each furnace heating zone uses temperatures measured at the furnace wall for temperature control.
55More detailed SEM-WDX maps for other elements can be found in annex A.2.
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Figure 4.10: BSE images and SEM-WDX sulfur maps of uncooled deposits sampled at
1100 ◦C (a, c) and 1200 ◦C (b, d) with a SO2 concentration of 750 · 10−6 m3

m3 , wet (a, b), and

5530 · 10−6 m3

m3 , wet (c, d) (white dashed lines indicate sampling probe surfaces, arrows
indicate flue gas flow directions).

750 · 10−6 m3

m3 , wet, shows at 1200 ◦C hardly any sulfur in the deposit, while at 5530 · 10−6 m3

m3 ,
wet, the retention of sulfur in the deposited ash is obvious. At a deposit sampling temperature
of 1100 ◦C sulfur capture can be observed in samples for both SO2 levels. Nonetheless, the
sulfur retention is more distinct at the higher SO2 concentration level.

4.2.1.2 SOx retention in ash in air and oxy-fuel combustion

Analyses of measured SO2 emissions: A number of comparative experiments studying
sulfur retention in the ash in corresponding air and oxy-fuel recycle experiments was carried
out at the 500 kW combustion test facility KSVA. Two lignites (L1 and L2) and one hard
coal (C4) were used in these tests. In addition, results for oxy-fuel combustion of lignite
L3 (similar to L2) at Vattenfall’s 30MW oxy-fuel pilot plant are available. Table 4.2 lists
gas concentrations measured in air and oxy-fuel combustion and values in respect to sulfur
retention calculated on that basis. The exit O2 levels in oxy-fuel experiments at KSVA were
0.6 to 1.4 · 10−2 m3

m3 , dry, higher than in air fired operation, which is necessary to maintain the
combustion stoichiometries in similar ranges. In oxy-fuel firing, CO2 levels of 88 to 89 · 10−2 m3

m3 ,
dry, at KSVA and of 82.4 · 10−2 m3

m3 , dry, at OxyPP indicate that air ingress to the facilities
was low. For both combustion regimes and all four fuels, relatively low average CO levels
were measured (air: < 8 to 74 · 10−6 m3

m3 , dry, oxy-fuel: < 80 to 218 · 10−6 m3

m3 , dry). However, in
oxy-fuel experiments with lignite L1 at KSVA and in the experiments with lignite L3 at the
pilot plant “Schwarze Pumpe”, CO peaks exceeding the measurement range of the analyzers
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Table 4.2: Measured flue gas composition at the furnace exit of KSVA for L1, L2, and
C4 air and oxy-fuel combustion (yH2O for L2 calculated based on mass balances) and
calculated sulfur retention in ash. In addition, the gas compositions after ESP during
oxy-fuel combustion of lignite L3 at the pilot plant “Schwarze Pumpe” are given.

ȳO2 ȳCO2 ȳH2O ȳCO ȳNOx ȳSO2 S retention

10−2 m3

m3 10−2 m3

m3 10−6 m3

m3

fuel mode dry wet dry %

L1
air 3.2 16.3 7.4 26 210 1657 4

oxy-fuel 4.6 88.8 21.8 218 539 5358 14

L2
air 3.5 15.9 (8.3) <10 397 346 35

oxy-fuel 4.9 87.9 (21.9) 32 795 818 47

C4
air 3.7 15.1 7.5 74 620 1801 3

oxy-fuel 4.3 89.0 15.0 77 1036 5753 8

L3 oxy-fuel 6.9 82.4 28.0 81 345 2085 (20-30)†

† Sulfur retention is an estimation based on available data from the experimental campaign, assumptions in
respect to the amount and composition of cleaned primary gas, and a material balance conducted using the
process simulation package AspenPlus.

(i.e. > 5000 · 10−6 m3

m3 , dry) and above 700 · 10−6 m3

m3 , dry, respectively, have been observed. This
indicates that certain combustion instabilities occurred that also may have influenced the sulfur
retention in the ash.
SO2 concentrations in oxy-fuel operationwere approx. 3.2 (L1), 2.3 (L2), and 3.2 (C4) times higher
than during air firing. Based on the measured SO2 concentrations and theoretical maximum
gas concentrations (according to equations 4.1 and 4.2), the sulfur retention efficiency was
calculated for experiments conducted at KSVA assuming that the difference between both
values corresponds to the sulfur retained in ash and deposits. During oxy-fuel operation,
the retention of sulfur was enhanced considerably by 10 (L1) and 12 (L2) percentage points
for both, the sulfur rich and the sulfur lean lignite, respectively that have an ash containing
considerable quantities of calcium and magnesium. For oxy-fuel combustion of the sulfur rich
lignite L1 (α(Ca+Mд)/S = 0.9), 14 % of the sulfur introduced with the fuel could be retained in
the ash, while for the sulfur lean lignite L2 (α(Ca+Mд)/S = 2.5) almost half of the sulfur was
captured. The sulfur retention in the ash of the sulfur lean lignite L2 in these experiments was
somewhat lower than the one observed by Fleig et al. [12] with a similar fuel. Nonetheless,
the observed trend in respect to an enhanced sulfur retention in oxy-fuel operation is similar
and corresponds also to the observations reported by other researchers [1, 10, 54, 109]. Due
to missing data on the cleaned primary gas amount and composition for the experiments at
the pilot plant “Schwarze Pumpe”, the sulfur retention could only be estimated on basis of
assumptions in respect to those parameters. Hence, this value is only indicative. The much
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higher SO2 concentration level measured with lignite L3, compared to the similar lignite L2
(factor 2.55 higher), is partly caused by the sulfur content of lignite L3 that is by a factor of 1.45
higher than that of lignite L2. In addition to that, at KSVA, presumably a considerably higher
specific clean CO2 gas stream v∗

CO2,dos
was used as primary gas for fuel injection, compared

to the oxy-fuel pilot plant (i.e. 0.54 to 0.99 m3

kg , STP , dry, at KSVA versus an estimated 0.3 to

0.4 m3

kg , STP , dry, at OxyPP. This corresponds to solid loadings of about 1 to 1.85 kg
m3 , STP , dry

and about 3 kg
m3 , STP , dry, respectively.). As introduced in section 4.1.1, this impacts the SO2

concentration and can explain in the range of about 20-35 % of the higher emissions at OxyPP.
The remaining difference is to be explained by relatively poor SO2 retention in the ash in the
L3 experiment, compared to the oxy-fuel combustion of lignite L2. This is likely related to
the lower sulfur retention potential of L3 lignite (α(Ca+Mд)/S = 1.5), compared to lignite L2
(α(Ca+Mд)/S = 2.5) and to non-ideal sulfur capture at the oxy-fuel pilot plant “Schwarze Pumpe”,
due to the aforementioned combustion instabilities that may have had a detrimental effect on
the desulfurization reactions.
For the high sulfur hard coal C4 containing considerably less earth alkalis than the lignites
and having a high sulfur content (α(Ca+Mд)/S = 0.1), the sulfur retention was generally low and
only increased by about 5 percentage points between both combustion modes. Differences in
the SO2 levels measured during a large number of conducted combustion experiments (without
sorbent injection) suggest that the sulfur level of that fuel is inherently fluctuating in the range
of about 5 %. Hence, the differences in air and oxy-fuel operation that can be observed in table
4.2 might not necessarily only be related to a change in the combustion atmosphere and an
enhanced sulfur retention in oxy-fuel firing.

Analyses of process ashes: During the comparative air and oxy-fuel experiments at KSVA
as well as in oxy-fuel combustion at the “Schwarze Pumpe” pilot plant, process ashes were
sampled from air/gas preheater (GH), bottom ash (BA), and different ESP precipitation fields (E1,
E2, E3) and analyzed for their main ash-forming elements’ contents. Figures 4.11, 4.12, and 4.14
show the compositions of the process ashes56 obtained at KSVA and molar Ca/S, Mg/S, K2/S,
and Na2/S ratios αi , for the two lignites and the C4 hard coal, respectively. When assessing
analyses from process ashes of the KSVA facility, one should keep in mind general limitations
that are associated with those samples (see p. 56). Due to such limitations, in the following only
a qualitative discussion of process ashes from different experiments is included. In addition
to the comparison of air and oxy-fuel ashes produced at KSVA, figure 4.13 shows the same
data comparatively for process ashes obtained from oxy-fuel combustion of the similar lignite
qualities L2 and L3 at the combustion test facility KSVA and at Vattenfall’s oxy-fuel pilot plant,
respectively. For process ashes from the “Schwarze Pumpe” pilot plant, also only a qualitative
assessment can be conducted since no data is available in respect to the ash mass flows exiting

56I.e. SO3, SiO2, MgO, Fe2O3, CaO, Al2O3, Rest = K2O, Na2O, P2O5, TiO2, SrO2, BaO, Mn2O.
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Figure 4.11: (a) Composition of process ashes from lignite L1 air and oxy-fuel combustion
(BA: bottom ash; GH: air/gas preheater; E1, E2, E3: ESP ashes), (b) SO3 contents, and (c)
Molar Ca/S, Mg/S, K2/S, and Na2/S ratios αi of the ashes.
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Figure 4.12: (a) Composition of process ashes from lignite L2 air and oxy-fuel combustion
(BA: bottom ash; GH: air/gas preheater; E1, E2, E3: ESP ashes), (b) SO3 contents, and (c)
Molar Ca/S, Mg/S, K2/S, and Na2/S ratios αi of the ashes.

the process via the different ash drains.
In entrained flow combustors, one commonly can observe a size fractionation of ashes between
the different ash drains, with coarser particles being preferentially separated further upstream
in the plant (e.g. bottom ash) and finer particles removed to a larger extent in downstream
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Figure 4.13: (a) Composition of process ashes from lignites L2 and L3 oxy-fuel combustion
(BA: bottom ash, for L3: of 1st draft; GH: air/gas preheater; E1, E2, E3: ESP ashes), (b) SO3
contents, and (c) Molar Ca/S, Mg/S, K2/S, and Na2/S ratios αi of the ashes.
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Figure 4.14: (a) Composition of process ashes from C4 coal air and oxy-fuel combustion
(BA: bottom ash; GH: air/gas preheater; E1, E2, E3: ESP ashes), (b)SO3 contents, and (c)
Molar Ca/S, Mg/S, K2/S, and Na2/S ratios αi of the ashes.

particle control devices (e.g. ESP). The same behavior did also occur in lignite combustion
experiments at KSVA and at the oxy-fuel pilot plant “Schwarze Pumpe”. The lignite that was
combusted in those plants presumably contained part of the ash in form of coarse SiO2 rich
sand. The preferential separation of these particles in the bottom ash explains the increased
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SiO2 content of this fraction. In contrast to SiO2, other elements, such as MgO, Fe2O3, and CaO,
show an enrichment in finer ESP ashes, while for Al2O3 no clear trend is observed.
For the lignites L1, L2, and L3, the decreasing particle size from ESP precipitation field E1 to E3
goes along with increasing SO3 but also K2O and Na2O contents of the ash. For lignite L1, also
CaO and MgO contents are increasing from E1 to E3. It can be seen that the SO3 content in
the process ashes from lignite L1 and L2 combustion is clearly increased in oxy-fuel operation.
This behavior is pronounced for the ashes sampled from the ESP. The molar Ca/S, Mg/S, K2/S,
and Na2/S ratios αi of the process ashes allow for an evaluation of the degree of sulfation of
these ashes. One sees a trend of decreasing αi ratios from the first to the last ESP field (E1 to
E3) that likely is related to the decreasing ash particle size and thus, a higher activity of the ash
for sulfation. For both lignites combusted at KSVA, the αi ratios of the ESP and GH ashes are
decreasing considerably when switching from air to oxy-fuel combustion. This must be linked
to the enhanced sulfur retention in oxy-fuel combustion. The trend in respect to lower αi ratios
in oxy-fuel, compared to air fired combustion, is not observed for the bottom ash. However, this
ash contains only little CaO, compared to process ashes sampled further downstream, which
limits its sulfur retention capacity. When comparing oxy-fuel process ash samples from KSVA
and from the oxy-fuel pilot plant “Schwarze Pumpe” (figure 4.13), one recognizes differences in
the compositions of corresponding ash samples. This is likely related to a somewhat different
fuel and ash composition of lignites L2 and L3 and a different ash fractionation behavior of the
two facilities that are differing in the design of their furnaces, flue gas ducts, and precipitators.
Nonetheless, process ashes from both oxy-fuel experiments show relatively high SO3 contents.
In contrast to the lignite experiments, for hard coal C4 that showed only low sulfur retention
on basis of the measured flue gas compositions and only a minor increase thereof in oxy-fuel
combustion, the variations in the molar αi ratios between both combustion modes are low, as
is the increase of the SO3 content in the process ashes.

Assessment of results in respect to SO2 emissions and process ashes: The observations
from air and oxy-fuel combustion experiments with different fuels can be summarized as follows:
For fuels that have a considerable sulfur capture potential (i.e. high α(Ca+Mд)/S ), under oxy-fuel
combustion conditions, a significant increase in the sulfur retention in the ash was observed
that translates into reduced SO2 emissions. Higher sulfur levels in ashes and deposits and lower
sulfur to SO2 conversion ratios in oxy-fuel combustion were also reported by other researchers
[9, 12, 126]. For a fuel with a low α(Ca+Mд)/S level (i.e. coal C4), no systematic differences in
the SO2 emission behavior (i.e. in mg

MJ ) and in the composition of process ashes was observed57.
The observation with this fuel is consistent to the findings of Tan et al. [16] for a low alkali
and earth alkali fuel.
The main reason for the increased sulfur retention with the lignites is most likely the en-

57Only a slight increase of the sulfur retention was observed.
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hanced sulfate stability under oxy-fuel fired conditions and the extended residence time of SO2

molecules in the oxy-fuel recycle system, due to a reduced volumetric flue gas flow through
the boiler and the recirculation of flue gases (see sections 3.3.2.1 and 4.1.3). It should be also
considered that changes in the furnace temperature profile between air and oxy-fuel combus-
tion can play a determining role in sulfur capture. However, the oxy-fuel experiments were
conducted with oxidant O2 levels high enough to yield similar combustion temperatures than
in the corresponding air fired experiments. As presented in table 3.6, temperatures at various
locations in the furnace were similar in corresponding air and oxy-fuel tests. Thus, the impact
of temperatures on the presented results is most likely limited. An impact that has influenced
results on sulfur retention in oxy-fuel combustion of lignite L1 and potentially also lignite L3,
is an unstable combustion that might have caused local deficiencies of oxygen in the furnace
and hence, may have negatively impacted sulfur capture reactions (see also section 4.2.1.4).
The enhanced self-retention of sulfur in oxy-fuel fired systems using fuels that contain signifi-
cant amounts of earth alkali elements leads to lower energy based SO2 emissions (i.e. in mg

MJ ) of
the oxy-fuel process, compared to an air fired system, and hence, reduces the necessary efforts
for flue gas desulfurization in downstream units. However, it should be highlighted that this
can also have implications on the utilization of process ashes. For example, according to the
standard EN 450-1 [63], the application of coal fly ash in concrete is limited to fly ashes with
SO3 contents below 3 · 10−2 kg

kg . Hence, for low calcium and magnesium hard coals, such as the
tested C4, whose ashes would58 generally qualify for utilization in concrete, a slight increase in
the SO3 content in oxy-fuel combustion may render the fly ash unsuitable for a application in
concrete. This may cause additional efforts for ash processing and upgrading or allow only less
profitable utilization routes (e.g. application in cement production, according to EN 197-1 [64]).

4.2.1.3 Sulfates in deposits in air and oxy-fuel combustion

Analyses of deposit samples: In the air and oxy-fuel experiments at KSVA and in the oxy-
fuel fired tests at the “Schwarze Pumpe” pilot plant, fly ashes as well as deposits (uncooled
and cooled) have been sampled in the furnaces at different flue gas temperatures representing
radiative (KSVA: Lev11; OxyPP: Lev4) and convective boiler sections (KSVA: Lev15, Lev26;
OxyPP: Lev8). These samples have been analyzed for their chemical composition. Selected
uncooled deposits sampled from KSVA’s level 11 during air and oxy-fuel combustion of lignite
L2 and from Lev4 of the “Schwarze Pumpe” pilot plant’s furnace during oxy-fuel combustion
of lignite L3 have also been analyzed by SEM to assess their morphology and elemental
distribution.
Figure 4.15 presents comparatively the chemical composition (i.e. main ash forming oxides) and
molar alkali and earth alkali to sulfur ratios αi for ash and deposit samples from air and oxy-fuel
combustion of lignite L2. When comparing the different samples for each combustion mode,

58Due to their favorable contents of Al, Ca, Fe, and Si.
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Figure 4.15: (a) Composition of entrained ashes (A) and uncooled (U) and cooled (C)
deposits for lignite L2 air and oxy-fuel combustion, (b) SO3 content, and (c) Molar Ca/S,
Mg/S, K2/S, and Na2/S ratios αi of the samples.

one can notice an increase of the SO3 content from entrained ash samples to uncooled deposits
and further to cooled deposits, with certain variations for the air fired experiments. Those
variations seem to be linked to the SiO2 contents in ashes and deposits for this experiment.
The variations were not reproduced in the oxy-fuel tests. If SiO2 contents are recalculated to
similar levels for the samples from air firing, the SO3 concentration increase pattern for the
different locations and combustion modes would be more consistent. The increase in SO3 can be
explained by a longer gas-solids contact time that the deposit samples experienced, compared
to the extracted entrained ash. The cooling of the deposit sample seems to shift the deposit
temperature to a level that is more favorable for sulfate formation. For other ash elements, no
distinct and characteristic change of the ash component’s distribution can be observed (besides
the SiO2 variations mentioned above).
When the samples from air and oxy-fuel firing are compared, the most pronounced differences
are in the SO3 levels. The uncooled deposit from Lev11 and the entrained ash samples from
both levels, Lev11 and Lev26, clearly show a higher extent of sulfation (i.e. lower levels of αi ).
In contrast, the sulfation of cooled deposit samples and of the uncooled sample from Lev26 are
very similar. These findings can be interpreted as follows: The sulfation of ashes and deposits
seems to be generally limited by the reaction time which hinders entrained ash from capturing
more sulfur and by too high temperatures which generally hinder sulfation, due to the SO2

concentration dependent thermodynamic stability of sulfates. The cooled deposit and the
uncooled samples from Lev26 in both combustion modes seem to have had a sufficient reaction
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Figure 4.16: (a) Composition of entrained ashes (A) and uncooled (U) and cooled (C)
deposits from lignite L3 (OxyPP) and L2 (KSVA) oxy-fuel combustion, (b) SO3 contents,
and (c) Molar Ca/S, Mg/S, K2/S, and Na2/S ratios αi of the samples.

time at low enough temperatures so that sulfation could progress until the alkali and earth
alkali compounds in the deposits were sulfated to a large extent (i.e. αi around 2 or lower).
For the other samples, limitations of the sulfation reactions in air firing by residence time and
temperature were reduced in the oxy-fuel experiment due to a lower volumetric flue gas flow
rate through the furnace (see section 3.3.2.1) and higher SO2 partial pressures that enhance the
sulfate stability and the rate of sulfation. This consequently leads to higher degrees of sulfation.
Figure 4.16 presents analyses of cooled and uncooled deposits and entrained ashes sampled un-
der comparable conditions (i.e. oxy-fuel combustion, similar fuels, and sampling temperatures)
in the furnaces of KSVA and the oxy-fuel pilot plant “Schwarze Pumpe”. The cooled deposit
samples from KSVA and OxyPP (Lev8 and Lev26, respectively) show a very similar degree of
sulfation. Different to the samples from KSVA that show increasing extents of sulfation from
entrained ashes to uncooled deposits, the samples from OxyPP show the opposite behavior.
This is unexpected since one would assume that the uncooled deposits that were sampled over
times of approx. 2 h show more sulfation than entrained ash sampled at the same location. It
should however be considered that ashes and deposits have been sampled subsequently and
hence, they are subject to variations of the local process conditions that may have occurred
during the different sampling periods. A reason for the relatively poor sulfation of uncooled
deposits from L3 combustion and the unexpectedly higher degrees of sulfation of the entrained
ash samples compared to the uncooled deposits, may also be found in combustion instabilities
that have been observed at the “Schwarze Pumpe” pilot plant. CO concentration peaks at
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Figure 4.17: BSE images and SEM-WDX iron, calcium, and sulfur maps of uncooled
deposits sampled at flue gas temperatures ϑFG of 1095 ◦C (L2, air), 1055 ◦C (L2, oxy), and
1100 ◦C (L3, oxy) in air and oxy-fuel experiments at Lev11 of KSVA (lignite L2) and Lev4
of the oxy-fuel pilot plant “Schwarze Pumpe” (lignite L3) (white dashed lines indicate
sampling probe surfaces; arrows indicate flue gas flow direction).

Level 4 were reaching up to about 16 300 · 10−6 m3

m3 , dry, and at Level 8 up to about 7200 · 10−6 m3

m3 ,
dry. Sub-stoichiometric combustion conditions (i.e. an oxygen deficit) can lead to a reduced
sulfur retention in the ash, since the sulfation reaction requires oxygen. Potentially, such
conditions even lead to a release of sulfur that has been captured in form of sulfates. The
sulfation of the cooled deposit seems to be favored by longer residence times and lower deposit
temperatures and sulfates may be stabilized in that way, explaining the considerably higher
degree of sulfation.
In Figure 4.17 BSE images and the distribution of iron, calcium, and sulfur (by SEM-WDX)59

of the uncooled deposit samples obtained from Lev11 of KSVA (air and oxy-fuel) and Lev4
of the oxy-fuel pilot plant “Schwarze Pumpe” are shown. In all three samples, irregular and
spherical iron and calcium rich particles dominate the deposits60, without a strong difference
between different combustion modes and facilities, even though the sample from air fired
combustion seems somewhat more fused. The spherical iron and calcium rich particles have
a sulfur rich shell that is more pronounced in oxy-fuel deposits, highlighting their stronger

59More detailed SEM-WDX maps of L2 deposits including other elements can be found in annex A.2.
60The abundance of these iron and calcium rich particles is typical for the Lusatian lignite that was fired and has
been also identified in deposits from BTS-VR experiments (see figure 4.9).
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Figure 4.18: (a) Composition of uncooled deposits sampled from levels 11 (UD11), 15
(UD15), and 26 (UD26) during lignite L1 air and oxy-fuel combustion, (b) SO3 contents,
and (c) Molar Ca/S, Mg/S, K2/S, and Na2/S ratios αi of the samples.

sulfation, compared to air fired conditions. In addition to these particles, also a number of
unsulfated particles can be observed. Those are either almost pure Fe2O3 or SiO2 or contain in
contrast to the sulfated particles, in addition to calcium and iron, higher amounts of silicon
(see also annex A.3).
Figure 4.18 shows the compositions in respect to main ash forming elements of uncooled deposit
samples from Lev11, Lev15, and Lev26 obtained in air and oxy-fuel combustion of the sulfur
and ash rich lignite L1. The deposits of experiments with this lignite quality are dominated by
the SiO2 content of the fuel’s ash (57.6 · 10−2 kg

kg ) that dilutes all other ash components. As with
samples of lignite L2, one observes increased SO3 contents in the oxy-fuel, compared to the air
fired samples. However, even though the combustion of the sulfur rich lignite yielded much
higher SO2 concentrations in both combustion modes, the extent of sulfation of the deposits
is relatively low, compared to the samples from lignite L2 combustion. This may be linked
to non-optimal combustion conditions in experiments with lignite L1 that are believed to be
responsible for a generally lower sulfur retention in the ash in these experiments (see p. 107
and section 4.2.1.4). The extent of sulfation of the air and oxy-fuel Lev15 and Lev26 samples is
similar, while the Lev11 sample from oxy-fuel firing shows even less sulfation, compared to the
air fired one. However, for Lev11 samples, the SO3 contents in the deposits are very low and
the large difference in αi may be caused by only minimal variations in the SO3 and earth alkali
contents and hence, should not be overrated.
A limited number of deposit samples were obtained for combustion tests with C4 coal with
and without injection of Ca(OH)2 to the furnace. Compositions of those samples are presented
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and discussed on page 148.

Summary and interpretation of findings: To conclude this section, it can be summarized
that in oxy-fuel combustion deposits from the furnace can show higher SO3 contents and
higher extents of sulfation of alkali and earth alkali compounds. In addition, it was observed
on basis of uncooled deposit samples representing outer deposit layers of heat exchanger tubes
that sulfatic deposits can be considerably more sulfated at higher temperatures that occur in
the radiative section of a boiler and the inlet of the convective section. As also indicated by
the thermodynamic equilibrium studies (section 4.1.2), this illustrates that sulfates in oxy-fuel
systems are stable at higher temperatures and that the temperature range in which fouling
by sulfates occurs and may be problematic, can be shifted to higher temperatures. Due to the
higher degree of sulfation at higher temperatures in oxy-fuel firing, in such locations deposits
may also be more sintered and therefore, more difficult to remove.
For cooled deposit samples that represent inner deposit layers on heat exchanger tubes, no
pronounced increase in the degree of sulfation was observed. It should however be considered
that cooled deposit samples from both combustion modes showed a relatively high extent of
sulfation that was close to full sulfation of all alkalis and earth alkalis in the deposit. This
highlights that especially if the sulfation of deposits in air firing is already high, for a comple-
mentary oxy-fuel combustion system, no significant differences in the extent of sulfation of
the inner deposit layers are expected.
It needs also to be highlighted that for a fuel with low sulfur retention potential (C4 coal, see p.
148) and for combustion conditions that limit the sulfur retention (experiments with lignite L1),
uncooled deposits showed only a relatively low content of SO3 and no considerable changes in
the extent of sulfation between air and oxy-fuel combustion. This indicates that changes in the
formation of sulfatic deposits between air and oxy-fuel firing are highly fuel and combustion
system related and will not necessarily occur to a considerable extent in all oxy-fuel fired
systems.

4.2.1.4 Impacts of combustion instabilities on SO2 emissions in oxy-fuel combustion

Unstable SO2 emission behavior in oxy-fuel combustion: Section 4.2.1.2 introduced
that combustion instabilities were observed during oxy-fuel combustion experiments with the
sulfur rich lignite L1 at the KSVA test rig and, to a lesser extent, during combustion of lignite
L3 at “Schwarze Pumpe” pilot plant. Those led to the emission of increased levels of CO in
form of short term concentration peaks. The CO peaks were also linked to SO2 concentration
peaks of the firing systems and a reduced sulfur retention in the ash. In figure 4.19, SO2 and CO
concentrations measured at the end of KSVA’s furnace in L1 air and oxy-fuel combustion tests
are plotted versus O2 concentrations. Figure 4.20 shows a similar plot for emissions measured
downstream the ESP during oxy-fuel combustion of lignite L3 at the “Schwarze Pumpe” pilot
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Figure 4.19: Scatter plots of ySO2 (a) and yCO (b) vs. yO2 measured at KSVA’s furnace exit
in lignite L1 air and oxy-fuel combustion. Plots show data of approx. 2 h of operation for
each experiment61. ySO2 and yCO are recalculated to the same yO2,dry of 4 · 10−2

m3

m3 . Figures
A.10, A.11, and A.12 in the annex show the same plots with uncorrected concentrations
and the concentration trends over time on which these scatter plots are based.

plant. Both figures, 4.19 and 4.20, show data for 2 h of operation for each experiment. To
compensate effects by flue gas dilution, the concentrations ySO2 and yCO in these figures were
recalculated to O2 concentrations that were selected in the range of the mean O2 level during
the measurement period of the individual oxy-fuel tests. For the experiments with lignite
L1, a reference O2 level yO2,re f ,dry of 4 · 10−2

m3

m3 was selected, while for the oxy-fuel trial with
lignite L3, a reference O2 level of 7 · 10−2 m3

m3 , dry, was used. These recalculations were done as
described in section 3.6.4 (equation 3.20).
The SO2 axis in figure 4.19a represents a concentration range of 70 % and 110 % of the theoretical
maximum SO2 concentrations ySO2,max ,air ,dry (see equation 4.1) and ySO2,max ,oxy,dry (see equation
4.2) for air and oxy-fuel operation, respectively. It can be seen that the fluctuations of the SO2

concentration relative to the theoretical maximum values are in air firing less pronounced
than in oxy-fuel operation. Besides that, it can be noticed that very high SO2 concentration
peaks are preferentially reached when the O2 concentration falls below a certain level. For the
presented experiments with lignite L1, this threshold level lies at around 5 · 10−2 m3

m3 , dry, O2 in
oxy-fuel operation. Above that level, SO2 concentrations rise slowly with decreasing oxygen,
i.e. from about 4500 · 10−6 m3

m3 , dry, at 8 · 10−2 m3

m3 , dry, to about 5000 · 10−6 m3

m3 , dry, at 5 · 10−2 m3

m3 ,
dry. Below 5 · 10−2 m3

m3 , dry, O2, this rise of SO2 concentrations is much steeper and a similar
reduction of O2 by 3 · 10−2 m3

m3 , dry (to a O2 level of 2 · 10−2 m3

m3 , dry), leads to an increase of SO2

61ySO2
axes are scaled to represent between 70 % and 110 % of the theoretical maximum SO2 concentrations in

lignite L1 air and oxy-fuel combustion with an outlet O2 level of 4 · 10−2 m3

m3 , dry.
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Figure 4.20: Scatter plots of ySO2 (a) and yCO (b) vs. yO2 measured after ESP in lignite
L3 oxy-fuel combustion at the “Schwarze Pumpe” pilot plant. Plot shows data of ap-
prox. 2 h of operation62. All concentrations ySO2 and yCO are recalculated to the same
yO2,dry = 7 · 10−2 m3

m3 . Figures A.13 and A.14 in the annex display the same plots with uncor-
rected concentrations and the concentration trends over time on which these scatter plots
are based.

to approx. 6400 · 10−6 m3

m3 , dry. In air fired operation the effect is much less distinct and the
threshold is shifted to somewhat lower O2 concentrations (approx. 4 · 10−2 m3

m3 , dry).
In figure 4.19b, a similar trend as for SO2 can be observed for the formation of CO. It can be
noticed that in oxy-fuel combustion, CO concentration peaks are higher and occur already at
higher excess O2 concentrations, compared to air firing. The CO peaks at excess O2 concentra-
tions lower than about 4 · 10−2 m3

m3 , dry in oxy-fuel and 3 · 10−2 m3

m3 , dry in air firing indicate local,
short term, near or sub-stoichiometric combustion conditions in the furnace. The oxy-fuel
firing obviously responds more sensitive to short term fluctuations in the operating conditions.
Presumably, one important parameter in this respect63 is a fluctuation in the fuel feed. As
discussed in detail in the next part of this section, due to the lower available amount of excess
oxygen in oxy-fuel combustion (with oxidant O2 levels above the ones in air) at similar excess
O2 concentrations, the same small, short term fluctuations of the fuel feed can easier lead
to a short term oxygen depletion in the furnace, compared to air fired operation. The effect
of reduced sulfur retention and an increased sensitivity of this reduction at higher oxidant
O2 levels is to some extent consistent to the one that was observed by Hu et al. [100] and is
introduced on page 19, even tough, Hu’s experiments were considerably different.
In figure 4.20, a similar dependency between SO2 and CO levels and the oxygen excess can

62ySO2
axes are scaled to represent between 65 % and 80 % of the theoretical maximum SO2 concentrations in

oxy-fuel combustion of lignite L3 with an outlet O2 level of 7 · 10−2 m3

m3 , dry.
63Particularly in a single burner furnace, such as KSVA or the oxy-fuel pilot plant “Schwarze Pumpe”.
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be observed in emission data obtained from the “Schwarze Pumpe” pilot plant. However, the
effect is much less pronounced there. It must be noted that the SO2 axis represents a smaller
concentration range of 65 % to 80 % of the theoretical maximum SO2 concentration64. The
less pronounced effect in respect to the increase of SO2 emissions at lower excess O2 levels is
probably also related to the measuring location that was, different to the KSVA experiments,
placed further downstream the furnace, just after ESP. Therefore, flue gases experienced a
longer residence time and more turbulent mixing when traveling through the boiler and flue
gas ducts, which has most likely damped concentration peaks of SO2 and CO. This assumption
is supported by the much higher CO peaks that were observed during short term flue gas
measurements at levels 4 and 8 of the boiler (see p. 110). Nonetheless, the observations from
the oxy-fuel pilot plant “Schwarze Pumpe” highlight that the effect of instabilities in the SO2

emission behavior and increasing overall SO2 emissions at lower excess O2 concentrations does
also occur in larger oxy-fuel boilers.

Discussion on O2 availability and unstable SO2 emissions in oxy-fuel combustion:
The reason for the greater sensitivity of the SO2 emissions to combustion instabilities in oxy-
fuel firing can be found in the overall O2 availability that is, depending on the O2 level in the
oxidant yO2,oxid (or equivalently the recirculation ratio ξrec ), in practical oxy-fuel combustion
(i.e. yO2,oxid > yO2,air ) lower than in air fired systems, as long as the level of excess O2 in the flue
gas yO2,exc is not adapted. This effect has also been described by Wild et al. [89]. O2 is required
for the desulfurization reaction between SO2 in the flue gas and CaO in the ash (reaction
2.3). The availability of O2 of a firing system can be expressed in terms of the combustion
stoichiometry (nO2,rec/nO2,o−t /nair ) that relates the O2 supply to the fuel specific stoichiometric
O2 demand nO2,stoic (equation 4.16) that the combustible species in a fuel require to be fully
oxidized. Similar to the definition of the once-through desulfurization efficiency in oxy-fuel
recycle combustion (see section 4.1.3), a once-through combustion stoichiometry (nO2,o−t ) can
be defined.

nO2,stoic =
γS

MM ,S
+

γC

MM ,C
+

γH

4MM ,H
−

γO

2MM ,O
(4.16)

nO2,rec =
nO2,in

nO2,stoic
= nO2,o−t − ξrec(nO2,o−t − 1) (4.17)

nO2,o−t =
nO2,f urn,in

nO2,stoic
=

nO2,in + nO2,rec

nO2,stoic
=

nO2,rec − ξrec

1 − ξrec
(4.18)

64Due to a lack of operational data from the “Schwarze Pumpe” pilot plant, ySO2,max ,oxy ,dry for the combustion
test with lignite L3 could only be roughly estimated to be around 2800 · 10−6 m3

m3 , dry.
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nO2,o−t can be related to the recycle combustion stoichiometry (nO2,rec ), according to equations
4.17 and 4.18 (indices used below are consistent with the ones in figure 4.6)65.
In figure 4.21b, nO2,rec is plotted versus nO2,o−t for a range of different recirculation ratios ξrec .
One sees that due to the recirculation of oxygen together with the recirculated flue gas, nO2,o−t

is generally larger than nO2,rec and that this effect is growing with ξrec . When comparing air
and oxy-fuel combustion stoichiometries in respect to the oxygen availability in the furnace,
one should always use nO2,o−t , which considers both sources of oxygen supplied to the furnace,
the freshly added O2 (nO2,in) and the O2 contained in the flue gas that is recirculated to the
furnace (nO2,rec ). In contrast to nO2,o−t , nO2,rec considers only the feed of fresh O2, provided
to the process from tanks or an ASU (nO2,in). Hence, this value is particularly useful when
the total oxygen consumption of an oxy-fuel process is considered but not to characterize the
oxygen availability in a furnace. Since in an oxy-fuel system, oxygen losses with the flue gas
are related to a considerable oxygen production cost, power plant operators are interested
to minimize nO2,rec by operating at low excess oxygen levels yO2,exc in the flue gas [227]. For
the combustion environment in the furnace, this is connected to a reduction of the oxygen
availability (i.e. nO2,o−t ). Depending on the recirculation ratio ξrec and the excess oxygen level
yO2,exc , nO2,o−t in typically used oxy-fuel combustion conditions may be lower than combustion
stoichiometries that are commonly used in air fired pulverized fuel systems (i.e. nair ≈ 1.15-1.3,
[53]). This effect has also been previously discussed by others [92, 227]. For a given fuel
(i.e. given stoichiometric O2 consumption nO2,stoic and dry flue gas production nFG,stoic ,dry ; see
equation 4.19), the excess oxygen level yO2,exc ,dry in oxy-fuel combustion can be calculated in
dependence of ξrec and nO2,o−t , according to equation 4.20.

nFG,stoic ,dry =
γS

MM ,S
+

γC

MM ,C
+

γN

2MM ,N
(4.19)

yO2,exc ,dry =
(nO2,rec − 1)nO2,stoic

(nO2,rec − 1)nO2,stoic + nFG,stoic
=

=
(nO2,o−t − ξrec(nO2,o−t − 1) − 1)nO2,stoic

(nO2,o−t − ξrec(nO2,o−t − 1) − 1)nO2,stoic + nFG,stoic
(4.20)

In figure 4.21a, yO2,exc ,dry is plotted versus nO2,o−t for lignite L1 combustion. One sees that
depending on ξrec , relatively high excess oxygen levels are required to reach similar once-
through combustion stoichiometries as in typical air fired systems. For a recirculation ratio of
approx. 71.1 %, as in the combustion experiments with lignite L1, once-through combustion
stoichiometries between 1.15 and 1.3 require excess O2 concentrations between 4.9 · 10−2 m3

m3 ,
dry, and 9.3 · 10−2 m3

m3 , dry.
The considerations in respect to the once-through combustion stoichiometry in oxy-fuel firing
highlight that in practice (i.e. when operated at relatively low excess O2 levels), oxy-fuel

65It should be noted that equations 4.17 and 4.18 are only valid for stoichiometries above 1.
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Figure 4.21: Relation of (a) the excess oxygen level yO2,exc ,dry and (b) the recycle com-
bustion stoichiometry nO2,rec to the once-through combustion stoichiometry nO2,o−t for
various flue gas recirculation ratios ξrec (plots of equations 4.17 and 4.20, respectively).
yO2,exc ,dry is calculated for lignite L1 combustion.

systems are more sensitive towards O2 deficiencies. This is an issue to be considered in
combustion system design and operation to achieve an optimal oxy-fuel system performance.
The conducted experiments showed that in oxy-fuel firing combustion instabilities may not
only lead to increased CO emissions but also to instabilities in the SO2 emission behavior
and to a reduced sulfur retention in the ash. A low O2 excess that is desired for economic
reasons, may lead to a significant increase in short term SO2 peaks with associated negative
consequences. This increases the importance of a good combustion performance in an oxy-fuel
boiler. It should be highlighted that pronounced instabilities in the SO2 emission behavior under
oxy-fuel conditions were only observed in certain cases when the combustion performance
was not optimal. In all other experiments, SO2 levels at furnace outlet were relatively stable
independently of the combustion mode. This shows that it is possible to operate an oxy-fuel
fired system at low excess O2 levels without formation of significant SO2 concentration peaks.
In some instances, it may however be beneficial to slightly increase the excess O2 concentration,
compared to air firing, to achieve an optimal SO2 emission behavior.
The greater extent of SO2 emission fluctuations in oxy-fuel combustion must be related to the
higher capture of sulfur species in ashes and deposits in oxy-fuel, compared to air firing. If,
due to an oxygen deficiency, the sulfur capture becomes ineffective, the additional release of
SO2 is consequently higher in oxy-fuel combustion. For example, in the air fired experiment
with lignite L1, on average above 96 % of the fuel-sulfur can be found in the flue gas as SO2.
A rising sulfur release due to combustion instabilities can therefore only lead to relatively
low additional SO2 emissions. In addition, also sulfur that has been captured in deposits may
become instable and may be released to the flue gas to some extent. Also in this context,
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generally, a higher degree of sulfation of deposits in oxy-fuel combustion may be linked to a
greater release of SO2 when combustion instabilities occur. It can be expected that fuels with a
low sulfur retention potential in their ash show a relatively stable SO2 emission behavior in
oxy-fuel firing, even in unstable combustion conditions (i.e. with CO emission peaks). Since
for such fuels sulfur retention is already low, no considerable deterioration due to oxygen
deficiencies can be expected.
In oxy-fuel firing with DSI, combustion instabilities may cause considerable fluctuations in
SO2 emissions. In the conducted DSI experiments at KSVA (see section 4.2.2.3), such a behavior
was not observed, due to the very stable combustion performance.

4.2.2 Acid gas removal by DSI in air and oxy-fuel combustion

4.2.2.1 Considerations on dry SOx removal in oxy-fuel combustion

DSI systems are well known and widely applied for emission reduction in industry. Due to
the stringent emission regulations for large coal and lignite fired power plants in Germany
and other developed countries and due to the limited acid gas capture efficiency at practically
relevant sorbent injection rates, this technology’s application in conventional power plants is
limited. Nonetheless, a utilization of DSI technologies in oxy-fuel fired power plants may be an
interesting solution. Such facilities have a very different emission profile and current emission
regulations that focus on a limitation of the concentrations of pollutants within large flue gas
streams that are emitted are likely less relevant to an oxy-fuel power plant that emits only
relatively low gas flows to the atmosphere (e.g. vent gases of the CPU). Yet, also in the oxy-fuel
process, acid gases contained in the flue gas need to be controlled since they may cause hot
and low temperature corrosion and may induce fouling problems in power boilers. Moreover,
eventually all acid gases need to be removed from the CO2 rich oxy-fuel flue gas, down to
very low concentrations. Therefore, a removal of most of the acid gases by an economic gas
cleaning process followed by a gas polishing to maintain downstream gas quality requirements
is foreseen in most oxy-fuel concepts. A DSI system can be a solution for such an economic acid
gas cleaning system that can be installed within the oxy-fuel recycle to capture a large quantity
of the acid gases without excessive recycle gas cooling and to purposely control the levels
of acid gases, such as SO2, SO3, and HCl, within the boiler and recycle loop in order to limit
acid gas induced corrosion. The findings of previous sections and other researchers [11, 104,
105] highlight that during oxy-fuel combustion higher sulfur retention in ash and in injected
sorbents can be expected (see also section 4.1.3). Even though oxy-fuel desulfurization models
highlight the great potential of the technology [11], its performance has not been studied
experimentally in significant scales and in actual oxy-fuel recycle combustion. Experimental
studies within this thesis focus on the application of DSI for SO2, SO3, and HCl control and
assess DSI in air and oxy-fuel combustion comparatively. The results are presented in the
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following sections.

4.2.2.2 DSI in air and simulated oxy-fuel atmospheres

In experiments at the BTS-VR test facility, the performance of DSI for acid gas control was tested
comparatively for different sorbents (CaCO3 and Ca(OH)2), injection locations (co-injection
with fuel, injection to the furnace at approx. 1100 ◦C, and upstream of a fabric filter), and
combustion atmospheres (coal C4 combustion in air and simulated oxy-fuel conditions, labeled

Table 4.3: Gas concentrations (after filter, recalculated to 3 · 10−2 m3

m3 , dry, O2) and removal
efficiencies for SO2 and HCl determined for CaCO3 DSI experiments at BTS-VR.

αCa/S αCa/2Cl ȳSO2,dry ȳHCl ,dry ȳSO3,dry

So
rb
.

In
je
c.

M
od

e

mol
mol 10−6 m3

m3 ηSO2 ηHCl ηSO3

C
aC

O
3

co
-i
nj
ec
ti
on

ai
r

0.0 0.0 1685.0 225.8 - - - -

0.5 2.0 1418.9 221.2 - 16 % 2 % -

1.3 5.0 1200.2 212.5 - 29 % 6 % -

2.0 7.5 1099.6 207.1 - 35 % 8 % -

2.5 9.3 952.9 199.3 - 43 % 12 % -

4.1 15.5 654.3 162.9 - 61 % 28 % -

O
2/
C
O

2

0.0 0.0 4956.9 450.9 - - - -

0.2 1.2 4504.2 445.4 - 9 % 1 % -

0.5 2.7 4167.4 442.8 - 16 % 2 % -

0.9 4.7 3304.8 417.6 - 33 % 7 % -

1.5 8.0 2947.5 400.7 - 41 % 11 % -

fu
rn
ac
e

ai
r

0.0 0.0 1597.0 205.7 - - - -

0.4 1.5 1400.8 202.6 - 12 % 1 % -

0.7 2.7 1201.4 198.3 - 25 % 4 % -

1.5 5.7 825.2 174.1 - 48 % 15 % -

1.8 7.0 690.3 167.4 - 57 % 19 % -

2.3 8.8 550.3 167.6 - 66 % 19 % -

O
2/
C
O

2

0.0 0.0 4376.0 366.7 17.2 - - -

0.2 1.3 3909.8 375.9 - 11 % 0 % -

0.3 2.0 3672.0 380.6 - 16 % 0 % -

0.5 3.2 3365.4 370.9 - 23 % 0 % -

0.8 4.9 2992.6 363.8 - 32 % 1 % -

1.4 8.5 2311.3 341.4 - 47 % 7 % -

1.8 10.5 2111.5 336.3 - 52 % 8 % -

2.2 13.1 1748.7 326.2 0.6 60 % 11 % 97 %
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Table 4.4: Gas concentrations (after filter, recalculated to 3 · 10−2 m3

m3 , dry, O2) and removal
efficiencies for SO2, HCl, and SO3 determined for Ca(OH)2 DSI experiments at BTS-VR.

αCa/S αCa/2Cl ȳSO2,dry ȳHCl ,dry ȳSO3,dry

So
rb
.

In
je
c.

M
od

e
mol
mol 10−6 m3

m3 ηSO2 ηHCl ηSO3

C
a(
O
H
) 2

co
-i
nj
ec
ti
on

ai
r

0.0 0.0 1616.6 231.4 - - - -

0.4 1.6 1526.3 230.9 - 6 % 0 % -

1.2 4.3 1417.0 226.1 - 12 % 2 % -

2.0 7.5 1224.2 218.1 - 24 % 6 % -

2.5 9.1 1128.6 213.7 - 30 % 8 % -

O
2/
C
O

2

0.0 0.0 4855.0 393.2 - - - -

0.2 1.2 4722.7 394.1 - 3 % 0 % -

0.5 3.0 4499.3 394.9 - 7 % 0 % -

0.8 4.9 4161.2 392.8 - 14 % 0 % -

1.2 7.5 3968.7 387.7 - 18 % 1 % -

fu
rn
ac
e

ai
r

0.0 0.0 1696.1 197.4 - - - -

0.4 1.6 1334.7 187.6 - 21 % 5 % -

0.8 3.2 1041.7 167.4 - 39 % 15 % -

1.2 5.1 790.0 158.6 - 53 % 20 % -

1.5 6.4 610.2 148.4 - 64 % 25 % -

2.3 9.9 280.3 110.8 - 83 % 44 % -

2.3 10.0 178.2 95.5 - 89 % 52 % -

2.7 11.4 160.6 88.8 - 91 % 55 % -

O
2/
C
O

2

0.0 0.0 4427.4 376.4 17.2 - - -

0.2 1.3 3659.3 367.8 - 17 % 2 % -

0.3 1.6 3471.9 365.1 13.0 22 % 3 % 24 %

0.5 3.2 3046.1 346.6 - 31 % 8 % -

0.7 4.1 2772.7 341.9 - 37 % 9 % -

0.9 5.1 2510.5 337.3 - 43 % 10 % -

1.2 6.9 2162.9 331.6 3.1 51 % 12 % 82 %

“CO2/O2” below). Different to oxy-fuel recycle combustion (e.g. at the KSVA facility), the
BTS-VR system cannot reproduce certain characteristics of the oxy-fuel recycle combustion (i.e.
no longer average SO2 reaction time), and the addition of surplus SO2 doped to the oxidant gas
needs to be considered in the calculation of the sorbent injection stoichiometries αCa/S and
αCa/2Cl which hence, is done differently to the DSI tests at the KSVA test rig (see p. 66).
Tables 4.3, 4.4, and 4.5 summarize key parameters and results for all DSI experiments conducted
at BTS-VR (i.e. used sorbents, injection locations, combustion modes, sorbent injection stoi-
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Table 4.5: Gas concentrations (after filter, recalculated to 3 · 10−2 m3

m3 , dry, O2) and removal
efficiencies for SO2, HCl, and SO3 determined for Ca(OH)2 DSI experiments at BTS-VR.

αCa/S αCa/2Cl ȳSO2,dry ȳHCl ,dry ȳSO3,dry

So
rb
.

In
je
c.

M
od

e

mol
mol 10−6 m3

m3 ηSO2 ηHCl ηSO3

C
a(
O
H
) 2

fil
te
r

ai
r

0.0 0.0 1723.8 215.1 - - - -

0.1 0.3 1721.5 149.1 - 0 % 31 % -

0.2 0.7 1702.1 103.3 - 1 % 52 % -

0.3 1.0 1689.6 85.6 - 2 % 60 % -

0.4 1.5 1634.4 51.5 - 5 % 76 % -

0.8 3.0 1516.3 3.5 - 12 % 98 % -

1.5 5.9 1265.6 0.2 - 27 % 100 % -

O
2/
C
O

2 0.0 0.0 4576.2 392.7 17.2 - - -

0.03 0.2 4394.5 331.7 - 4 % 16 % -

0.05 0.3 4397.9 277.5 1.4 4 % 29 % 92 %

chiometries αCa/S and αCa/2Cl , acid gas concentrations ySO2 , yHCl , and ySO3 , and corresponding
acid gas removal efficiencies ηSO2 , ηHCl , and ηSO3)66. This data has been used to generate the
plots of this subsection. Additional data on sorbent feed rates and not O2 corrected acid gas
concentrations ySO2 , yHCl , and ySO3 can be found in the annex in tables A.1, A.2, and A.3.
Figure 4.22 shows SO2 removal efficiencies ηSO2 versus the molar Ca/S ratios αCa/S for the
sorbents (a) CaCO3 and (b) Ca(OH)2 and different injection locations. While the injection of
sorbents into the furnace gives a similar SO2 removal at comparable values of αCa/S in air and
CO2/O2 combustion atmospheres, a co-injection of the sorbent together with the fuel yields a
more efficient capture performance in CO2/O2 combustion. An explanation for this behavior
could be related to the addition of SO2 to the oxidant gas that increases the reference SO2

concentration from approx. 1600 to 1700 · 10−6 m3

m3 , dry, in air firing to 4500 to 5000 · 10−6 m3

m3 ,
dry, in CO2/O2 combustion. This increase in the partial pressure stabilizes sulfates (see also
section 4.1.2), leading to CaSO4 decomposition temperatures of approx. 1225 ◦C and 1260 ◦C
in air and CO2/O2 combustion, respectively. When sorbent is co-injected with the fuel, its
sulfation can start earlier in conditions with higher SO2 partial pressures. This effect was
also mentioned by Liu et al. [11]. Based on the temperature profile set in the electrically
heated reactor, its geometry, and the volumetric flue gas production, the sulfation reaction
in CO2/O2 combustion can be estimated to start approx. 0.8 s earlier than in air firing, giving
total reaction times in the furnace of approx. 3.4 s and 2.6 s for the two combustion modes. The
desulfurization may also be enhanced by an increased porosity of the limestone sorbent when

66ySO3,dry in CO2/O2 combustion under reference conditions (i.e. without sorbent injection) was only measured in
an experiment separate to the DSI tests. This reference ySO3,dry value is used in all relevant BTS-VR experiments
for calculation of ηSO3

.
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Figure 4.22: ηSO2 versus αCa/S in air and CO2/O2 combustion of C4 coal at BTS-VR for
(a) CaCO3 and (b) Ca(OH)2 co-injection together with fuel (triangles), injection to the
furnace (circles), and injection upstream the fabric filter (squares). Dashed (air) and dotted
(CO2/O2) trendlines were approximated by a 2nd order polynomial fit.

calcined at elevated CO2 levels that has been reported by others [25, 107, 108].
An enhanced SO2 removal performance in CO2/O2 combustion cannot be observed in furnace
injection experiments. This may be explained by the fact that in these tests, the sorbents
were injected at the same location, at a local temperature of 1100 ◦C, and hence, the time for
sorbent sulfation in the furnace was the same in both combustion modes (approx. 1 s). This
observation highlights that neither a change of the atmosphere from N2 to CO2, nor the increase
in the H2O and SO2 levels seem to have a considerable impact on the SO2 capture in furnace
conditions when reaction times and temperatures are comparable. Obviously, a positive effect
of an increased SO2 partial pressure on rate limiting steps of the desulfurization reaction (e.g.
diffusion) that may be expected seems to be limited in the conducted experiments. This might
be related to the relatively high SO2 capture efficiencies in both combustion modes.
In air firing, for both sorbents furnace injection yields a considerably higher SO2 removal
efficiency than the co-injection of sorbent together with the fuel. The reason for this can likely
be found in detrimental effects of sorbent sintering that is known to occur at temperatures
above approx. 1100 ◦C and decreases the sorbent’s porosity and reactive surface area [53].
When sorbents are co-injected with the fuel, they are passing through the flame zone in which
such temperatures occur. The lower DeSOx performance of the co-injection with fuel, compared
to the furnace injection, is more pronounced for Ca(OH)2 which is characterized by a very
high initial surface area. A performance loss compared to furnace injection of up to about 60
percentage points was observed for co-injection of Ca(OH)2 in air firing, compared to approx. 20
percentage points for CaCO3. For Ca(OH)2, the anticipated loss of reactive surface area relates
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to a much higher initial level, compared to the CaCO3 sorbent. The loss of sorbent performance
in co-injection experiments in CO2/O2 is lower than in air firing. This is potentially due to the
aforementioned longer time available for sorbent sulfation. For CaCO3 and CO2/O2 conditions,
ηSO2 of co-injection reaches close to the values observed for furnace injection. It should be
highlighted that the injection of both sorbents to the furnace at 1100 ◦C gave a very good SO2

capture performance. For example, in air firing, 66 % SO2 capture was reached for CaCO3 (at
αCa/S = 2.3) and 83-89 % for Ca(OH)2 (at αCa/S = 2.3). These SO2 capture performances are
significantly better than those observed by others in pilot scale experiments [58] where at
similar stoichiometries removal efficiencies of about 30-40 % and 50-60 % were observed for
CaCO3 and Ca(OH)2 furnace injection, respectively. However, the sorbents in those studies
from the late 1980s were potentially less developed than the ones used here and the sorbent
dispersion might have been less homogeneous than in the small scale BTS-VR experiments.
The high removal efficiencies that might be close to maximum achievable ones in an optimized
PF combustion setup indicate that at the BTS-VR facility sorbent dispersion and distribution
was very good.
Compared to furnace injection, Ca(OH)2 injection upstream the fabric filter yields only a
relatively low SO2 capture. This is assumed to be caused by a slower reaction of the sorbent with
SO2 at low temperatures, compared to the reactions with HCl and SO3 that occur preferentially
under these conditions. Due to a failure of test equipment, the data basis for Ca(OH)2 injection
upstream of the fabric filter in CO2/O2 atmospheres is limited to only few experiments at a
relatively low αCa/S . ηSO2 for these tests is significantly better than for corresponding air fired
experiments. This may be related to the much higher SO2 partial pressures in the CO2/O2

experiments. Relatively low SO2 removal efficiencies for DSI before filter may, to some degree,
be also negatively impacted by the high injection and filter temperatures far above the water
dew point (see p. 40 for more background information).
Figure 4.23 shows HCl removal efficiencies ηHCl determined in the DSI experiments at BTS-VR
versus the molar Ca/2Cl ratios αCa/2Cl for the sorbents (a) CaCO3 and (b) Ca(OH)2 and different
injection locations. Obviously, the injection of sorbents to the furnace or co-injection together
with the fuel are much less efficient for HCl capture than an injection upstream the fabric filter.
While Ca(OH)2 injection upstream the filter gave an almost complete removal of HCl in air
fired conditions when αCa/2Cl was greater than 3, co-injection accomplished only about 6 % in
air (αCa/2Cl = 7.5) and about 1 % (αCa/2Cl = 7.5) in CO2/O2 combustion. Ca(OH)2 injection into
the furnace at approx. 1100 ◦C was somewhat more efficient for controlling HCl, removing
in air firing 20 % (αCa/2Cl = 5.1) and in CO2/O2 firing 10 % (αCa/2Cl = 5.1) of the HCl. The
performance of CaCO3 for HCl removal was in both combustion atmospheres for co-injection
somewhat higher and for furnace injection somewhat lower than the performance of Ca(OH)2.
The HCl removal efficiencies obtained in air firing with injection of Ca(OH)2 upstream the
filter are similar but slightly lower than the ones reported by Fitzgerald [164], who used the
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Figure 4.23: ηHCl versus αCa/2Cl in air and CO2/O2 combustion of C4 coal at BTS-VR for
(a) CaCO3 and (b) Ca(OH)2 co-injection together with fuel (triangles), injection to the
furnace (circles), and injection upstream the fabric filter (squares). Dashed (air) and dotted
(CO2/O2) trendlines were approximated by a 2nd order polynomial fit.

same sorbent but potentially had lower SO2 levels in the gas.
HCl capture is most efficient when injecting the sorbent upstream the fabric filter. At this
location, ηHCl in both combustion environments is similar. For sorbent co-injection with fuel,
where HCl capture is least efficient, the differences between the combustion atmospheres
indicate for the Ca(OH)2 based sorbent a slightly better HCl removal performance in air firing
while for CaCO3, the capture performances in both combustion modes are similar. For furnace
injection, both sorbents showed a much better HCl removal behavior in air fired combustion
than in the CO2/O2 tests. For CaCO3, the HCl capture performance in air firing is 12 percentage
points higher than in CO2/O2 combustion (at αCa/2Cl ≈ 8.5-8.8) while for Ca(OH)2, it is by 10
percentage points higher (at αCa/2Cl = 5.1). The better performance in the air fired experiments
may be related to the way the experiments were conducted. In the CO2/O2 combustion tests, the
oxidant gas was doped with SO2 but not with HCl. Assuming that SO2 and HCl are competing
for reactions with the sorbent, the considerably increased SO2 level favors a comparatively
faster reaction of this component in the CO2/O2 compared to the air experiments. Hence, in the
CO2/O2 tests more sorbent can be consumed by reactions of SO2, leaving less unreacted sorbent
for capture of HCl. This effect is likely not relevant to actual oxy-fuel recycle combustion.
Another observation is that for sorbent co- and furnace injection, the HCl capture becomes more
active once the injection stoichiometry exceeds αCa/S values of approx. 1 (in these experiments
αCa/2Cl was greater 2-5). Presumably, unreacted sorbent that is required for capture of HCl is
only available when a certain sorbent excess in respect to SO2 is provided.
During the DSI experiments at BTS-VR, also a limited number of SO3 measurements has
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been conducted which allows for an assessment of the SO3 capture performance of DSI in
CO2/O2 fired conditions. For Ca(OH)2 furnace injection, a SO3 removal of 24 % and 82 %
(equivalent to a ϑH2SO4,dew reduction of 3 and 17 ◦C, from ϑH2SO4,dew of 146 ◦C without DSI) was
observed at αCa/S = 0.3 and 1.2, respectively. For injection upstream the filter, 92 % SO3 removal
(equivalent to a ϑH2SO4,dew reduction of 24 ◦C) was accomplished at αCa/S = 0.0567. Compared
to the capture efficiencies given by Blythe and Paradis [171] for air fired operation (i.e. 60-80 %
SO3 removal at a molar Ca/SO3 ratio of 8-17, depending on lime quality), this capture efficiency
is relatively good. CaCO3 furnace injection at αCa/S = 2.268 in CO2/O2 combustion yielded a
SO3 removal efficiency of 97 % (equivalent to a ϑH2SO4,dew reduction by 32 ◦C). These results
indicate that if the main focus of DSI is to control SO3 levels while maintaining a minimal
sorbent consumption, Ca(OH)2 should be injected upstream a filter. When sorbents are injected
to the furnace, an excess of sorbent in respect to SO2 is required to obtain high SO3 removal
efficiencies. Additional experiments by the author of this thesis with other Ca(OH)2 based
sorbents showed an analog behavior (see [37]). The observations in respect to SO3 are similar
to the ones concerning HCl capture. In the conducted tests at BTS-VR, a high SO3 capture
(above 65 %) was always found when at the same time HCl capture was significant (i.e. above
10-30 %). With a fuel, such as coal C4 that contains a significant amount of chlorine, HCl capture
efficiency (that is much easier to determine than SO3 capture) could serve as an indication
to control the sorbent injection rate towards SO3. Such an approach is also supported by the
higher reactivity of SO3 with the injected calcium based sorbents, compared to HCl that has
been reported by others [162–164].

Summary of small scale test results on SO2, SO3, and HCl capture: To conclude this
section on DSI tests for SO2, SO3, and HCl removal at BTS-VR, it can be stated that the capture
of different acid gases by DSI should always be comprehensively evaluated, since competing
reactions may otherwise cause misinterpretations. For a coal that is rich in sulfur and chlorine,
such as the one used in this study, the measurement of both major acid gas components, SO2

and HCl, is important to obtain a full picture of the acid gas removal performance. It was
shown that SO2 capture is most efficient at high temperatures (i.e. furnace injection at 1100 ◦C)
and hence, if SO2 is the target component, injection at lower temperatures may be less suitable.
The opposite is true for the control of HCl and SO3. Nonetheless, one can expect to remove all
mentioned acid gases at any of the injection locations, e.g. efficient SO2 capture for furnace
injection and at the same time a significant HCl and SO3 removal as a co-benefit.
Similar to the modeling results by Liu et al. [11], the experiments at BTS-VR showed that
increased SO2 concentration levels can have a beneficial effect on the SO2 removal efficiency
in CO2/O2 combustion. This effect seems to be related to the increased sulfate stability at
high SO2 partial pressures. It was only effective in the sorbent co-injection experiments
67αCa/S relates to SO2 not to SO3 in the flue gas. On a SO3 basis the value is about 4.4.
68αCa/S relates to SO2 not to SO3 in the flue gas.
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where an increased sulfate stability relates to an extended sulfation time. DSI to the furnace
experiments, in which the reaction time in both experimental conditions were effectively the
same, yielded very similar SO2 removal efficiencies for air and CO2/O2 combustion, indicating
that altered flue gas atmospheres and particularly the increased SO2 levels are not significantly
impacting the SO2 removal efficiency for this injection point. This also implies that oxy-fuel
combustion systems with a low flue gas recirculation ratio or without flue gas recirculation69

that apply DSI to the furnace at around 1100 ◦C may not benefit to a large extent from higher
SO2 concentrations that are present in such systems (with a significant flue gas recycle this is
different, see section 4.2.2.3). Depending on the available reaction time for desulfurization in
such combustion systems, the desulfurization performance might be similar or only slightly
better than in corresponding air fired systems.
The differences between combustion modes observed in respect to HCl capture (i.e. better
performance in air firing) are likely related to the experimental methodology, simulating oxy-
fuel recycle combustion by SO2 but not HCl addition to the oxidant gas and should not be
overrated. Results on SO2 capture performances from experiments with CO2/O2 combustion
cannot be directly compared to oxy-fuel recycle combustion since in the BTS-VR test rig flue gas
was not recirculated. In the conducted experiments, acid gas capture by DSI has no feedback
to the initial acid gas concentrations in the furnace and practical reaction times of acid gas
molecules are not comparable to an oxy-fuel recycle system.
Investigations in respect to SO3 removal by DSI showed that the technique can be a very
effective measure to control this problematic component and the corresponding H2SO4 dew
point temperature. It was observed that for the used high chlorine coal a high SO3 capture
efficiency was always associated to a significant HCl capture (i.e. above 10-30 %).

4.2.2.3 DSI in air and oxy-fuel recycle combustion

SO2, HCl, and SO3 control: To obtain information on the performance of DSI in oxy-fuel
recycle combustion, experiments have been carried out at the KSVA facility. In these tests,
the same sorbents (CaCO3 and Ca(OH)2) and comparable injection locations as at the smaller
BTS-VR facility were used (i.e. co-injection with fuel, injection to the furnace at approx. 1100 ◦C,
and injection upstream an ESP system). The DSI experiments were carried out under air and
oxy-fuel recycle conditions firing the coal C4. Due to the results from small scale tests, focus
was put on furnace injection for SO2 control and low temperature injection before ESP for HCl
capture. In addition, co-injection of CaCO3 for SO2 control was tested.
Table 4.6 summarizes key parameters and results of all DSI experiments conducted at KSVA
(i.e. used sorbents, injection locations, combustion modes, sorbent injection stoichiometries
αCa/S and αCa/2Cl , acid gas concentrations ySO2 , yHCl , and ySO3 , and corresponding acid gas

69E.g. staged oxy-fuel combustion concepts.
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Table 4.6: Gas concentrations (after ESP, recalculated to 3 / 4 · 10−2 m3

m3 , dry, O2 for air /
oxy; see p. 80) and removal efficiencies for SO2, HCl, and SO3 in DSI experiments at KSVA.

αCa/S αCa/2Cl ȳSO2,dry ȳHCl ,dry ȳSO3,dry

So
rb
.

In
je
c.

M
od

e

mol
mol 10−6 m3

m3 ηSO2 ηHCl ηSO3

C
aC

O
3

co
-i
nj
ec
ti
on

ai
r

0.0 0.0 1607.2 213.0 - - - -

0.8 3.2 1285.0 219.4 - 20 % 0 % -

1.9 7.1 970.4 202.5 - 40 % 5 % -

2.7 10.3 740.2 197.3 - 54 % 7 % -

ox
y

0.0 0.0 4739.0 615.7 - - - -

0.9 3.5 3582.9 583.8 - 24 % 5 % -

2.1 7.9 2317.4 520.8 - 51 % 15 % -

3.0 11.5 1276.6 509.1 - 73 % 17 % -

fu
rn
ac
e

ai
r

0.0 0.0 1537.5 226.5 - - - -

0.9 3.0 1181.2 218.4 - 23 % 4 % -

2.0 6.7 815.4 195.6 - 47 % 14 % -

2.9 9.7 664.1 188.8 - 57 % 17 % -

ox
y

0.0 0.0 4801.9 555.5 - - - -

0.9 3.9 2985.3 523.6 - 38 % 6 % -

2.0 8.8 1533.2 487.7 - 68 % 12 % -

2.9 12.7 859.5 423.8 - 82 % 24 % -

C
a(
O
H
) 2

fu
rn
ac
e

ai
r

0.0 0.0 1511.0 212.0 5.9 - - -

0.4 1.6 1242.9 209.4 - 18 % 1 % -

1.0 3.6 971.5 203.6 0.4 36 % 4 % 94 %

1.6 5.8 848.0 195.6 - 44 % 8 % -

ox
y

0.0 0.0 4617.6 533.1 4.3 - - -

0.5 - 3290.1 - - 29 % - -

1.1 4.6 1861.8 487.2 0.8 60 % 9 % 82 %

1.7 7.4 1236.2 462.5 - 73 % 13 % -

ES
P

ai
r

0.0 0.0 1583.4 241.2 5.9 - - -

0.2 0.8 1570.0 140.8 - 1 % 42 % -

0.3 1.1 1546.4 80.9 0.5 2 % 66 % 92 %

0.5 1.7 1508.2 52.6 - 5 % 78 % -

ox
y

0.0 0.0 5023.1 524.2 - - - -

0.3 1.3 5017.4 245.5 - 0 % 53 % -

0.4 1.9 4802.1 125.8 - 4 % 76 % -

0.6 2.8 4095.2 78.8 - 18 % 85 % -
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Figure 4.24: ηSO2 versus αCa/S in air and oxy-fuel recycle combustion of coal C4 at KSVA
for (a) CaCO3 co-injection together with fuel and injection to the furnace and (b) Ca(OH)2
injection to the furnace and upstream ESP. Dashed (air) and dotted (oxy-fuel) trendlines
were approximated by a 2nd order polynomial fit.

removal efficiencies ηSO2 , ηHCl , and ηSO2)70. This data has been used to generate the plots of this
subsection. Additional data on sorbent feed rates and not O2 corrected acid gas concentrations
ySO2 , yHCl , and ySO3 can be found in the annex in table A.4.
Figure 4.24 shows ηSO2 versus αCa/S results for the sorbents (a) CaCO3 and (b) Ca(OH)2 for
different injection locations and for air and oxy-fuel recycle combustion. It is obvious that in all
experiments SO2 capture in oxy-fuel was significantly better than in air firing. This performance
gain of DSI under oxy-fuel conditions is likely related to the beneficial effect that the recycle
combustion has on gas cleaning processes (see section 4.1.3). For CaCO3 and Ca(OH)2 furnace
injection, ηSO2 was increased by up to 25 (at αCa/S = 2.9) and 29 percentage points (at αCa/S = 1.7),
respectively, while for co-injection of CaCO3 with the fuel, the enhancement amounted up to
19 percentage points (at αCa/S = 2.7-3.0). The SO2 capture performance at KSVA in air firing
was significantly lower than at BTS-VR (see more detailed discussion on p. 133) which may
likely be related to an imperfect sorbent dispersion at the KSVA rig. However, the DeSOx

performances for in-furnace injection of Ca(OH)2 were within the ranges reported in the
late 1980s by Muzio et al. [57] and Often et al. [58] from pilot scale DSI tests. The results
of this thesis with CaCO3 injection to the furnace at approx. 1100 ◦C are somewhat higher
than the performances reported by these authors (i.e. at αCa/S = 2: 47 % vs. 20-40 %). The
results in respect to CaCO3 co-injection in air firing obtained in this thesis are better than
the ones reported from tests at a full scale pulverized lignite fired boiler by Kirchen [102] (i.e.

70ySO3,dry in air firing under reference conditions (i.e. without sorbent injection) was only measured in the
Ca(OH)2 ESP injection reference experiment. For calculation of ηSO3

in the air fired experiment with Ca(OH)2
furnace injection, the same ySO3,dry reference is used.
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at αCa/S = 1.9: 40 % vs. approx. 30 %). Despite potentially non-optimal sorbent injection, a
very efficient SO2 removal, even at moderate αCa/S ratios, was observed under oxy-fuel recycle
conditions, reaching desulfurization efficiencies of 51 % (CaCO3 co-injection at αCa/S = 2.1), 68 %
(CaCO3 furnace injection at αCa/S = 2.0), and 73 % (Ca(OH)2 furnace injection at αCa/S = 1.7).
The highest SO2 removal efficiency that could be demonstrated under oxy-fuel conditions
reached 82 % (CaCO3 furnace injection at αCa/S = 2.9).
As in the experiments at BTS-VR, injection of Ca(OH)2 to the furnace yielded a better desul-
furization performance than CaCO3. It was by 13 and 22 percentage points better in air and
oxy-fuel firing, respectively, at a low αCa/S of 0.9-1.1. At higher values of αCa/S of 1.6-2.0, the
performance gain was less significant with only 3-5 percentage points. However, these results
may also be negatively influenced by the non-optimal sorbent dispersion during in-furnace in-
jection. The non-optimal dispersion might be more pronounced for Ca(OH)2 since this sorbent
is more sticky and more difficult to disperse, compared to CaCO3. From an economic point
of view, utilization of CaCO3 in DSI might be very interesting for oxy-fuel recycle operation
due to its relatively good desulfurization performance, its lower price compared to Ca(OH)2,
and to the possibility to inject it using CO2 as carrier gas. Nonetheless, specific benefits of
Ca(OH)2, such as a lower sorbent consumption and a lower generation of by-products to reach
a specific degree of desulfurization, remain similar to conventional air firing. Moreover, the
maximum desulfurization that can be reached with Ca(OH)2 at moderate sorbent injection
stoichiometries (i.e. αCa/S up to approx. 3-4) is likely somewhat higher.
Similarly to the observations during the experiments at BTS-VR, co-injection of CaCO3 is
less efficient in respect to SO2 removal than injection to the furnace. This is likely related
to a reduction of the sorbent’s reactive surface by sintering reactions that take place at high
temperatures when sorbent particles pass the flame zone. The difference between both injection
locations in air firing is less pronounced (i.e. 3-7 percentage points) than in oxy-fuel recycle
combustion (9-17 percentage points). This may be related to the imperfect sorbent dispersion
that is assumed for the injection to the furnace (see p. 133). Co-injection with the fuel
presumably did not suffer from this issue. In oxy-fuel combustion, the non-optimal sorbent
dispersion seems to be compensated to some extent by the beneficial effects that the recycle
combustion has on the desulfurization performance (see section 4.1.3).
The injection of Ca(OH)2 upstream the KSVA’s ESP system was only tested up to relatively low
values of αCa/S of 0.5-0.6. The reason for this is that the main focus of the DSI experiments at this
injection location was HCl capture which, due to the HCl levels, requires less sorbent. One can
observe that SO2 removal has only been considerable when a certain excess of sorbent in respect
to HCl (i.e. αCa/2Cl > 1.5) was used. This trend is similar in air and oxy-fuel combustion. Given
the very effective HCl removal at low αCa/2Cl values (see fig. 4.25 and 4.27), the explanation
for this behavior is likely that with such low injection stoichiometries most of the sorbent is
consumed by HCl capture and almost no reactive sorbent is left for the capture of SO2. At
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higher αCa/2Cl values, enough unreacted sorbent is available to allow for a more efficient SO2

removal. For a fairer comparative assessment of the conducted experiments with Ca(OH)2
injection to the furnace and upstream ESP for SO2 removal, the assumption of a certain offset
in respect to the αCa/S stoichiometry in the tests with injection upstream the ESP (in the range
of αCa/S ≈ 0.4) may be sensible. Since no experiments have been conducted at higher αCa/S
levels, no reliable statement can be given in respect to a more extensive SO2 removal at this
injection location. The relatively high SO2 removal efficiency of 18 % at αCa/S = 0.6 in oxy-fuel
recycle conditions might however indicate a more efficient SO2 capture than in the BTS-VR
experiments with Ca(OH)2 injection upstream the fabric filter. As at BTS-VR, at KSVA, the SO2

removal efficiency was possibly also negatively impacted by the relatively high injection and
ESP temperatures far above the water dew point (ϑESPin : air - 205 ◦C; oxy-fuel - 219 ◦C; see also
p. 40 for more background information).
Figure 4.25 shows ηHCl levels in air and oxy-fuel combustion versus αCa/2Cl for the sorbents
(a) CaCO3 and (b) Ca(OH)2 and different injection locations. As indicated above, the injection
of Ca(OH)2 upstream ESP has been very efficient for HCl removal in both combustion modes,
reaching HCl removal efficiencies of 78 % (at αCa/2Cl = 1.7) and 76 % (at αCa/2Cl = 1.9) in air and
oxy-fuel operation, respectively. The HCl capture performance in the air fired experiment was
similar but slightly lower than the one reported by Fitzgerald for the same sorbent [164]. The
difference is likely related to the different experimental conditions. The maximum HCl removal
efficiency measured during oxy-fuel combustion was 85 % (at αCa/2Cl = 2.8) and the capture
behavior in respect to the injection stoichiometry indicates that removal efficiencies higher than
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Figure 4.25: ηHCl versus αCa/2Cl in air and oxy-fuel recycle combustion of coal C4 at KSVA
for (a) CaCO3 co-injection together with fuel and injection to the furnace and (b) Ca(OH)2
injection to the furnace and upstream ESP. Dashed (air) and dotted (oxy-fuel) trendlines
were approximated by a 2nd order polynomial fit.



CHAPTER 4: Results and discussion 131

90 % are possible in air and oxy-fuel conditions when injecting moderately more sorbent (i.e.
αCa/2Cl up to approx. 4). For the Ca(OH)2 injection upstream ESP, no considerable difference in
HCl capture was observed between air and oxy-fuel recycle combustion (the difference between
both experiments is not considered significant in comparison to experimental uncertainties; See
section 3.3.3.3). It might be that the HCl capture with the tested sorbent is close to its practical
maximum (i.e. further reaction is hindered by large diffusional resistances). Potentially this is
the reason why, different to other injection locations and SO2 capture, no enhancement of the
HCl removal performance by oxy-fuel recycle combustion was observed.
Injection of Ca(OH)2 and CaCO3 to the furnace of KSVA yielded a relatively low HCl removal
efficiency since the majority of the sorbent seems to be consumed by reactions with SO2. This
is in agreement with observations by Partanen et al. [180] in TGA and Lin and Chyang [181] in
fixed bed studies, even though, in these tests only temperatures up to 850 ◦C were considered.
The HCl capture performance of furnace injection of CaCO3 was superior to Ca(OH)2. In
air firing, CaCO3 and Ca(OH)2 reached 14 % (at αCa/2Cl = 6.7) and 8 % (at αCa/2Cl = 5.8) HCl
removal, while under oxy-fuel fired conditions 12 % (at αCa/2Cl = 8.8) and 13 % (at αCa/2Cl = 7.4)
were reached. The better performance of CaCO3 furnace injection for HCl capture may be
related to this sorbent’s lower desulfurization efficiency that leaves more unreacted CaO for
reactions with HCl that take place downstream of the furnace. This implies that under certain
conditions that the sorbent experiences, while traveling along the flue gas path, important steps
of HCl capture (i.e. diffusion through pores and product layers, reaction with CaO) are more
efficient than corresponding ones for SO2. The co-injection of CaCO3 together with the fuel
yielded a lower HCl capture efficiency than furnace injection, reaching 5 % (at αCa/2Cl = 7.1) and
15 % (at αCa/2Cl = 7.9) capture in air and oxy-fuel combustion, respectively. In all experiments
with co-injection and furnace injection of sorbents, a tendency of better HCl removal under
oxy-fuel conditions was observed that is again likely related to the beneficial effect that recycle
combustion has on DSI performance (see section 4.1.3).
During some of the DSI experiments at KSVA, also SO3 reduction has been assessed. It was
found that SO3 can be efficiently reduced (capture > 80 %) as a co-benefit when injecting
Ca(OH)2 to the furnace (αCa/S = 1.0-1.1) and upstream ESP (αCa/2Cl = 1.1) for SO2 and HCl
capture. However, in all these experiments, very high molar Ca/SO3 ratios were used (the
lowest αCa/SO3

level - for injection upstream ESP - was about 94, but the target in these tests was
HCl at much higher levels than SO3). The limited availability of experimental results does not
allow for a reliable conclusion whether the performance of DSI for SO3 control is significantly
different in air and oxy-fuel operation. It is however obvious that if SO3 is the main target
component to be controlled by DSI, one should focus on DSI before the ESP system since this
allows for a maximum SO3 capture at a moderate sorbent consumption. At the various tested
injection locations and combustion modes, DSI of Ca(OH)2 allowed to reduce SO3 from a level
of 5.9 · 10−6 m3

m3 , dry, (equivalent to ϑH2SO4,dew = 128 ◦C) and 4.3 · 10−6 m3

m3 , dry, (equivalent to
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ϑH2SO4,dew = 129 ◦C) in air and oxy-fuel conditions, respectively, down to below 1 · 10−6 m3

m3 , dry.
The reduction was equivalent to lowering ϑH2SO4,dew in the flue gas by 26 to 28 ◦C in air and by
17 ◦C in oxy-fuel firing.

Summary of pilot scale results on SO2, SO3, and HCl capture: To sum up the results
on DSI in air and oxy-fuel recycle combustion, it can be stated that, similar to the small scale
experiments, for removal of SO2 an injection of sorbents to the furnace or together with the
fuel is most effective in both combustion modes, while an injection at lower temperatures is
more suitable for controlling HCl and SO3. Nonetheless, a considerable removal of all three
acid gases was observed at any of the injection locations. One of the most important results of
the comparative air and oxy-fuel recycle experiments is that the removal of SO2 in oxy-fuel
recycle combustion is considerably enhanced, compared to air firing. This is consistent to the
predictions in section 4.1.3 and by others [11]. An improvement of ηSO2 by as much as 29
percentage points has been found in the experiments. Particularly, the SO2 capture by DSI
of CaCO3 and Ca(OH)2 together with the fuel or to the furnace under oxy-fuel combustion
conditions has been proven to be very effective, allowing a capture of 50 % to more than 80 %
of the SO2 with moderate αCa/S levels between 1.1 and 2.9. Even the co-injection of CaCO3

together with the fuel, which is potentially one of the simplest, cheapest, and expectedly
least effective methods for DSI, reached a SO2 capture efficiency of 73 % (at αCa/S = 3). This
illustrates the large potential that the DSI technology has for acid gas control in oxy-fuel
recycle combustion. Besides a reduction of SO2 levels, also HCl and SO3 can be controlled very
efficiently, either as a co-benefit when reducing SO2 levels by co-injection and injection to
the furnace, or by a dedicated HCl control via DSI upstream an ESP system, which yielded
in the range of 76-78 % HCl reduction in air and in oxy-fuel combustion (at αCa/2Cl = 1.7-1.9).
Injection of Ca(OH)2 to the furnace and upstream the ESP allowed for a reduction of SO3 levels
in air and oxy-fuel combustion down to below 1 · 10−6 m3

m3 , dry, with corresponding ϑH2SO4,dew

levels below 112 ◦C. This is well in the range of ϑH2SO4,dew values that can be coped with in
existing air fired power plants.

Comparative assessment of air fired DSI performance at BTS-VR and KSVA: At both
facilities, KSVA and BTS-VR, flue gas residence times and temperature profiles were different,
with longer flue gas residence times in the furnace of KSVA. This may have influenced the
observed DSI performances. Nonetheless, results from the relatively similar air fired DSI
experiments from both facilities are compared in the following. In figures 4.26 and 4.27, the
SO2 and HCl removal performances for injection of CaCO3 and Ca(OH)2 at various locations
in air firing of C4 coal at the 500 kW facility KSVA and the 20 kW facility BTS-VR are plotted
for direct comparison.
One can observe different trends for the different injection locations. While co-injection of
CaCO3 with the fuel yields a similar performance in both reactors, with slightly better ηSO2
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Figure 4.26: Comparison of ηSO2 versus αCa/S values from air firing of coal C4 at KSVA and
BTS-VR for (a) CaCO3 co-injection together with fuel and injection to the furnace and (b)
Ca(OH)2 injection to the furnace and upstream ESP (KSVA) or fabric filter (BTS). Dashed
(KSVA) and dotted (BTS-VR) trendlines were approximated by a 2nd order polynomial fit.

at KSVA, with in-furnace injection at BTS-VR, generally, a significantly better SO2 removal
performance (10-30 percentage points) than at KSVA was accomplished. Also the HCl removal
at a similar αCa/2Cl when injecting Ca(OH)2 to the furnace was much more efficient at BTS-VR.
Most likely, the reason for the differences in the two very similar experiments was a less
homogeneous sorbent dispersion for furnace injection at KSVA, compared to BTS-VR. Due
to the differences in size and accessibility of the two test furnaces, the sorbents could not be
injected in exactly the same way. While at BTS-VR, the sorbent was injected to the furnace in
counter-current flow direction with the sorbent probe introduced upwards via the furnace exit,
at KSVA the sorbent had to be injected via a lateral port in orthogonal direction in respect to the
flue gas flow. Even though this has not been studied in detail, it can be assumed that the counter-
current injection leads to a better and more homogeneous mixing of flue gas and sorbent which
ultimately gives a better SO2 removal performance. The results highlight that proper sorbent
dispersion is very important for an optimal acid gas removal by DSI. An explanation for the
similar SO2 capture performance at KSVA and BTS-VR when co-injecting CaCO3 together with
the fuel can be found in a similar quality of dispersion in those experiments in which sorbents
were fed in a very similar way.
An interesting observation can be made when comparing ηHCl with Ca(OH)2 injection upstream
the ash removal devices of KSVA and BTS-VR (figure 4.27). Even though, both facilities use
different ash removal equipment (i.e. ESP at KSVA, fabric filter at BTS-VR), the HCl removal
performance at both systems is very similar. This may indicate that if sufficiently active sorbent
is available upstream of the dust separation system, the HCl capture proceeds very rapidly in
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Figure 4.27: Comparison of ηHCl versus αCa/2Cl values from air firing of coal C4 at KSVA
and BTS-VR for (a) CaCO3 co-injection together with fuel and injection to the furnace and
(b) Ca(OH)2 injection to the furnace and upstream ESP (KSVA) or fabric filter (BTS). Dashed
(KSVA) and dotted (BTS-VR) trendlines were approximated by a 2nd order polynomial fit.

entrained conditions rather than after precipitation or deposition of the particles. Otherwise,
the similarly efficient HCl separation at a fabric filter and at an ESP system that allows only for
a minimal contact of particles deposited at collector plates and HCl in the gas, can hardly be
explained. This is also in agreement with observations in respect to the dynamics of HCl capture
at BTS-VR’s fabric filter. When injecting Ca(OH)2 to this unit, a constant HCl concentration
level (e.g. 60 % reduction from the initial level) was reached very rapidly after approx. 1min,
and after stopping the sorbent injection, the initial HCl level was established also with only
a small delay (below 5min). This indicates that Ca(OH)2 deposited on the filter plays only a
minor role in the HCl capture and most of the capture happens very rapidly, presumably, while
the sorbent is still entrained in the flue gas. Experiments at BTS-VR with finely milled Trona
(a sodium carbonate mineral) showed a very different behavior than with Ca(OH)2 requiring
a relatively long time to reach stable HCl concentrations at the filter outlet. This indicates a
much slower reaction that also takes place to a large extent with sorbent deposited on the filter
(see: [37, 48]).

Comparison of air and oxy-fuel once-through desulfurization performance at KSVA:
In section 4.1.3, fundamentals of desulfurization in oxy-fuel recycle environments were intro-
duced. Amongst other details, the concept of a once-through desulfurization efficiency ηS ,o−t
(equation 4.12), the variability of the sulfur level at the furnace inlet yS ,f urn,in (equation 4.14)
depending on the extent of sulfur removal, and a once-through molar Ca/S ratio αCa/S ,o−t that is
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Table 4.7: Equivalent SO2 concentrations at furnace inlet ySO2,f urn,in (recalculated to 3 /
4 · 10−2 m3

m3 , dry, O2 for air / oxy-fuel; see p. 80), once-through and recycle SO2 removal
efficiencies ηS ,o−t /ηS ,rec (air: ηS ,o−t = ηS ,rec ), and once-through and recycle molar Ca/S
ratios αCa/S ,o−t /αCa/S ,rec (air: αCa/S ,o−t = αCa/S ,rec ) determined for DSI experiments at
KSVA.

air oxy-fuel

αCa/S ,o−t ySO2,f urn,in αCa/S ,rec αCa/S ,o−t ySO2,f urn,in

So
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mol
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1607.2

0.0 - 0.0 - 4801.9

0.9 23 % 0.9 38 % 0.5 23 % 3893.6

2.0 47 % 2.0 68 % 1.5 52 % 3167.5

2.9 57 % 2.9 82 % 2.4 70 % 2830.7
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0.0 - 0.0 - 4617.6

0.4 18 % 0.5 29 % 0.3 17 % 3953.8

1.0 36 % 1.1 60 % 0.7 43 % 3239.7

1.6 44 % 1.7 73 % 1.3 58 % 2926.9

ES
P

0.0 -

1607.2

0.0 - 0.0 - 5023.1

0.2 1 % 0.3 0 % 0.1 0 % 5020.3

0.3 2 % 0.4 4 % 0.2 2 % 4912.6

0.5 5 % 0.6 18 % 0.3 10 % 4559.1

calculated on basis of yS ,f urn,in71 were introduced. Those parameters allow for a comparison of
the performance of DSI in air and oxy-fuel conditions without the effect of flue gas recirculation.
Table 4.7 lists those once-through parameters72 together with the recycle values of αCa/S ,rec and
ηS ,rec . In addition, corresponding data obtained in air fired experiments is included in the table
to allow for a direct comparison. For the calculation of ySO2,f urn,in,dry , the factor ṄS ,in/ṄFG ,out in
equation 4.14 was set to the dry reference SO2 concentrations73 measured in the individual
experiments, without DSI (i.e. at αCa/S = 0). It should be noted that the parameter ySO2,f urn,in

is a theoretical value that expresses the total amount of sulfur that enters the furnace in form

71The molar Ca/S ratio αCa/S ,o−t is determined based on the injected molar calcium and the molar sulfur feed at
furnace inlet that considers yS ,f urn,in (equation 4.14) and the flue gas flow through the furnace.

72As introduced in section 3.3.3.2, a flue gas recirculation ratio ξr ec of about 50 % was used in the DSI experiments
and hence, was considered in the calculations.

73This assumes no desulfurization in such tests so that ṄS ,in/ṄFG ,out = ṄS ,out/ṄFG ,out .
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Figure 4.28: Local SO2 capture efficiency ηSO2,o−t versus αCa/S ,o−t . in C4 air and oxy-fuel
recycle combustion at KSVA for (a) CaCO3 co-injection together with fuel and injection to
the furnace and (b) Ca(OH)2 injection to the furnace and upstream ESP. Dashed (air) and
dotted (oxy-fuel) trendlines were approximated by a 2nd order polynomial fit.

of SO2
74.

Figure 4.28 presents the experimental results from air and oxy-fuel operation with DSI at the
KSVA test facility in respect to once-through desulfurization efficiency ηS ,o−t (in air firing:
ηS ,o−t = ηS ,rec ). It can be seen that in all experiments ηS ,o−t in oxy-fuel combustion exceeds
the values obtained in air firing at the same molar Ca/S ratio αCa/S ,o−t . In the experiments
with furnace injection of CaCO3 and Ca(OH)2, this difference is relatively big (up to about 20
percentage points). The differences indicate that the once-through SO2 capture in the oxy-fuel
recycle experiments is considerably better than in the corresponding air fired experiments.
Possible explanations for this may be related to the longer flue gas residence times (about 25 %
increased, see section 3.3.3.2) in the oxy-fuel experiments due to the reduced volumetric flue gas
flow rate through the furnace. Another parameter that may be responsible for the differences
is the increased SO2 level in the furnace in the oxy-fuel experiments (i.e. ySO2,f urn,in). This
may beneficially influence diffusion and desulfurization reactions as well as sulfate stability.
A comparison of results in respect to ηS ,o−t from KSVA and desulfurization performance of
CO2/O2 experiments at BTS-VR is problematic due to different SO2 levels in the furnace75,
different flue gas residence times, and anticipated differences in the sorbent dispersion quality
in both reactors (see p. 132).

74The assumption made does not consider sulfur that is captured by the fuel’s ash. As presented in table 4.2, this
is only a small fraction of the total amount of sulfur (approx. 3 % in air and 8 % in oxy-fuel operation).

75KSVA: ySO2,f urn,in < approx. 4000 · 10−6 m3

m3 , dry; BTS: ySO2,f urn,in ≈ 4500 to 5000 · 10−6 m3

m3 , dry.
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Temperature and SO2 concentration profiles in the furnace: In the air and oxy-fuel
recycle experiments at KSVA with injection of Ca(OH)2 to the furnace and during the corre-
sponding air and oxy-fuel recycle reference experiments without sorbent injection, ySO2 and
ϑFG have been measured at various locations inside the furnace upstream and downstream of
the sorbent injection position. Based on these point measurements, ϑFG andySO2 profiles in this
section of the furnace have been generated by interpolation76. These profiles can give a better
insight to the conditions that were established during those experiments. Figure 4.29 shows the
interpolated temperature profiles of the KSVA furnace during air and oxy-fuel combustion of
C4 coal with and without Ca(OH)2 furnace injection, while figure 4.30 shows the corresponding
interpolated ySO2 profiles. It should be highlighted that the spline interpolation used in the
generation of the gas and temperature profiles does not consider the flue gas flow direction
which is the reason for certain artifacts, such as an apparent spreading of the sorbent against
the gas flow that is visible in the ySO2 profiles. To avoid misleading interpretations caused by
these artifacts, in the following, temperatures and concentrations are discussed on basis of
positions at which actual temperature and SO2 measurements were conducted.
One sees that in air as well as oxy-fuel experiments, similar temperatures in the range of approx.
1050 ◦C to 1100 ◦Cwere reached at the injection location 2160mm from the burner, with slightly
higher temperatures (approx. 40 ◦C) during oxy-fuel combustion. When comparing air and
oxy-fuel experiments with and without Ca(OH)2 injection, a temperature drop in the center of
the furnace (i.e. 0mm from the burner axis) at the position at which the sorbent is injected can
be observed. This is due to the injection of cold carrier gas (air) together with the sorbent at
this location and also due to the endothermic Ca(OH)2 calcination reaction that is expected to
occur as soon as the sorbent temperature reaches the Ca(OH)2 calcination temperature (approx.
420 ◦C). Downstream the sorbent injection position, the temperature is further dropping, due
to heat transfer via the furnace walls, so that at a distance of 3600mm from the burner 900 ◦C
is reached. The temperature difference 3600mm from the burner between the air and oxy-
fuel experiments with sorbent injection reduces to only approx. 5 ◦C. This highlights that the
temperature conditions in the relevant area of the furnace for desulfurization in air and oxy-fuel
experiments were similar and it justifies the comparability of the experiments in respect to this
important parameter. Due to restrictions of the experimental time at the KSVA system, such
dedicated measurements inside the furnace could not be conducted for other DSI experiments.
Since the combustion conditions were the same in all air and oxy-fuel experiments, it can be
assumed that comparable air and oxy-fuel temperature profiles were established also during
other tests.
In figure 4.30 that shows theySO2 profiles, the effect of Ca(OH)2 injection to the furnace 2160mm
from the burner can clearly be observed. In these experiments, Ca(OH)2 was injected with a
76Profiles were interpolatedmirroring the data points on the central axis, assuming symmetry within the cylindrical
furnace and using the thin plate spline method, according to Donato and Belongie [228], provided by the software
program Origin Pro 2015, without smoothing and extrapolation of data.
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(a) air firing (reference)
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(b) Ca(OH)2 furnace injection, air
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(c) oxy-fuel firing (reference)
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(d) Ca(OH)2 furnace injection, oxy-fuel
Figure 4.29: Interpolated temperature profiles in the KSVA furnace in air (a, b) and oxy-
fuel (c, d) combustion of C4 coal with (b, d) and without (a, c) Ca(OH)2 furnace injection
(αCa/S : 1.0/1.1 in air/oxy-fuel). The position of Ca(OH)2 injection is indicated by arrows
and the actual measurement points of the interpolated data by “x”.
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(a) air firing (reference)
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(b) Ca(OH)2 furnace injection, air
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(c) oxy-fuel firing (reference)
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(d) Ca(OH)2 furnace injection, oxy-fuel
Figure 4.30: Interpolated ySO2 profiles in the KSVA furnace in air (a, b) and oxy-fuel (c,
d) combustion of C4 coal with (b, d) and without (a, c) Ca(OH)2 furnace injection (αCa/S :
1.0/1.1 in air/oxy-fuel). The position of Ca(OH)2 injection is indicated by arrows and the
actual measurement points of the interpolated data by “x”.
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value of αCa/S of 1.0 in air and 1.1 in oxy-fuel conditions, reducing ySO2 from 1511 · 10−6 m3

m3 ,
dry, to 972 · 10−6 m3

m3 , dry, in air and from 4618 · 10−6 m3

m3 , dry, to 1862 · 10−6 m3

m3 , dry, in oxy-fuel
operation, respectively. It should be highlighted that even though in oxy-fuel operation the SO2

levels are much higher than in air firing, in the air and oxy-fuel DSI experiments discussed here
the injected sorbent (1.7 kg

h ) and coal feed rates (38.5 kg
h ) were the same. ySO2 profiles without

sorbent injection are relatively homogeneous in air as well as in oxy-fuel experiments, with
a difference of the average ySO2 level77 between 2160mm (i.e. the level at which sorbent was
injected) and 3600mm from the burner of 306 · 10−6 m3

m3 , dry, and 361 · 10−6 m3

m3 , dry, in air and
oxy-fuel operation, respectively. With sorbent injection this spread increases to 987 · 10−6 m3

m3 ,
dry, and 2485 · 10−6 m3

m3 , dry, respectively. This is due to the sorbent injection that generates a
local minimum of the SO2 concentration at the injection level. The averageySO2 concentration77

at the injection level during DSI was 534 · 10−6 m3

m3 , dry, in air and 1866 · 10−6 m3

m3 , dry, in oxy-fuel
operation. Potentially also some bias of the ySO2 measurement when extracting flue gases at
locations with a very high loading of fresh sorbent may play a role. This issue was not further
assessed.
An interesting effect that can be observed in the ySO2 profiles is that in the oxy-fuel tests DSI
has also a strong impact on the SO2 levels upstream sorbent injection. For example at a position
1670mm from the burner, well upstream of the sorbent injection, the average ySO2 level77 with
sorbent injection is 3402 · 10−6 m3

m3 , dry, while without sorbent injection it is 5511 · 10−6 m3

m3 , dry,
(i.e. 38 % reduction). The reason for this can be found in the recirculation of flue gases to
the burner which creates a feedback loop in respect to the desulfurization effect of DSI. This
is in good agreement with the expectations described in section 4.1.3 and the prediction of
ySO2,f urn,in (3240 · 10−6

m3

m3 , dry, see table 4.7) and highlights that of the total reduction of SO2

of 60 % measured after ESP (i.e. from 4618 · 10−6 m3

m3 , dry, to 1862 · 10−6 m3

m3 , dry,) a large fraction
is caused indirectly via recirculation of flue gas.

4.2.2.4 Discussion of the application of DSI for acid gas control

In the previous sections, very promising experimental results in respect to acid gas control
by DSI were introduced, providing information on acid gas removal efficiencies that can be
reached with different sorbents, injection locations, and combustion modes. This data may
be used as a reference, when designing DSI systems, which is particularly useful for oxy-fuel
fired processes, for which there is no other experience on DSI available. In the following,
exemplary application cases for DSI are introduced and data in respect to sorbent consumption
and by-products generation is presented. To complement the experimental data on acid gas
removal efficiencies, also results in respect to the composition of boiler deposits and process
ashes that were obtained in KSVA sorbent tests with Ca(OH)2 furnace injection are presented

77 In this subsection, ySO2
averages refer to values averaged along the radius of the furnace (i.e. 0mm to 350mm

from the burner axis).
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the following.

Introduction to calculations used for DSI application examples: For discussion of the
sorbent consumption and the production of DSI related by-products (i.e. unreacted sorbent and
sorbent converted to CaO, CaSO4, and CaCl2), the sorbent utilization efficiency ηsorb (equation
4.23) is a useful parameter.

ηsorb,CaSO4 =
ṄCa,reac ,SO2

ṄCa,inj
=

ṄSO2,rem

ṄCa,inj
=

ηSO2

αCa/S
(4.21)

ηsorb,CaCl2 =
ṄCa,reac ,HCl

ṄCa,inj
=

ṄHCl ,rem

ṄCa,inj
=

ηHCl
αCa/2Cl

(4.22)

ηsorb =ηsorb,CaSO4 + ηsorb,CaCl2 (4.23)

ξsorb =
Ṁsorb

Ṁ f uel

(4.24)

ξbyprod ,i =
ηsorb,iṀsorb

Ṁ f uel

MM ,sorb

MM ,byprod ,i
(4.25)

It relates the molar flow of calcium from the sorbent feed (ṄCa,reac ,i ) that is consumed by reac-
tions with SO2 and HCl, forming CaSO4 and CaCl2, to the total feed of injected sorbent ṄCa,inj .
ηsorb,i can be calculated on basis of αCa/S , ηSO2 , αCa/2Cl , and ηHCl , according to equations 4.21
and 4.22. ηsorb,SO3 can be calculated in an equivalent way. However, due to the relatively small
concentrations of SO3, its contribution to sorbent consumption and by-products generation
is not significant and hence, it is not included in the discussion here. Sorbent that has not
reacted with the target acid gas can be assumed to be the remainder of the injected material
and, depending on injection temperature, may be present as Ca(OH)2 or CaO.
ηsorb,i can be used to calculate the generation of by-products i (i: Ca(OH)2, CaCO3, CaCl2) by
DSI for the conducted experiments (equation 4.25), which is done in the following for the two
examples, Ca(OH)2 injection upstream the ESP for SO3 and HCl control and Ca(OH)2 furnace
injection for control of the SO2 level in an oxy-fuel boiler firing coal C4. The fuel specific
sorbent consumption ξsorb can be calculated on basis of equation 4.24.
In this section, the sorbent consumption and production of by-products are calculated on basis
of the coal feed which eases upscaling of these parameters to a larger plant. Another option
to obtain results on ξsorb and ξbyprod ,i that can be used more generally and is not related to a
particular fuel composition is to relate the sorbent consumption and by-products generation to
the production of SO2 in a combustion system. More details and selected results in this respect
can be found in annex A.7. When assessing results on sorbent consumption and by-products
generation of this thesis, it should be taken into account that the used coal C4 is relatively
rich in sulfur and chlorine (γS ,daf = 2.67 · 10−2 kg

kg , γCl ,daf = 0.3 · 10−2 kg
kg ). With lower sulfur and

chlorine fuels, ξsorb and ξbyprod ,i would be considerably lower than the numbers presented here.
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Ca(OH)2 injection before ESP for HCl and SO3 control: It has been demonstrated exper-
imentally that DSI is efficient for controlling HCl and SO3 levels in air and oxy-fuel combustion,
particularly, when sorbents are injected at a lower temperature, upstream particulate control
devices. Even though, no SO3 measurements were conducted in oxy-fuel operation when
sorbent was injected upstream the ESP, the SO3 capture efficiency in air firing and the HCl
capture performance in air and oxy-fuel operation indicate that relatively low sorbent injection
rates are sufficient for an extensive SO3 and HCl removal. In the conducted air fired experiment,
a fuel specific injection of Ca(OH)2 ξsorb of 1.6 · 10−2

kg
kg (i.e. αCa/2Cl = 1.1) led to a reduction of

SO2 by 2.3 %, of SO3 by 92 %, and of HCl by 66 %. Based on ηSorb,CaSO4 (= 6.8 %) and ηSorb,CaCl2
(=59 %)78 and assuming a conversion to CaSO4 and CaCl2, respectively, with the rest of the
sorbent remaining as Ca(OH)279, also the generation of the different by-product species can be
estimated. The same can be done on basis of the experimental data from oxy-fuel trials with
a fuel specific injection ξsorb of Ca(OH)2 upstream ESP of 1.8 · 10−2 kg

kg (i.e. αCa/2Cl = 1.9) that
yielded a removal of SO2 of 4.4 % and of HCl of 76 % (i.e. ηSorb,CaSO4 = 10.8 %, ηSorb,CaCl2 = 39.1 %).
The results on fuel specific sorbent consumption and by-product generation for both combus-
tion modes are summarized in table 4.8. For comparison, the fuel specific ash production ξA of
approx. 9.3 · 10−2 kg

kg can be considered. One sees that for DSI upstream ESP at the discussed
moderate sorbent injection stoichiometries, the total amount of solid residue produced in
the combustion process is increased by 23 % and 25 % for the air and oxy-fuel experiment,
respectively.
Exemplary estimations on sorbent consumption and by-product generation in a potential
oxy-fuel demonstration plant with a thermal power of 600MW (C4 coal consumption of
approx. 71 t

h ) are presented in table 4.9. The data relates to an injection stoichiometry of
αCa/S = 0.4, αCa/2Cl = 1.9. The estimated sorbent requirement and residue generation for such a
demonstration plant are considerable but still in a range that conventional power plants are
used to. Hence, it can be expected that those additional solid by-product loads can be handled
with standard power plant equipment without major modifications. Additional investment

Table 4.8: Exemplary summary of data on fuel specific sorbent consumption ξsorb and
by-products generation ξbyprod ,i for air and oxy-fuel Ca(OH)2 injection upstream ESP at
moderate injection stoichiometries (calculated on basis of KSVA tests; air: αCa/2Cl = 1.1;
oxy-fuel: αCa/2Cl = 1.9). In addition, values of ηi are given.

ηSO2 ηSO3 ηHCl ξsorb ξbyprod ,CaSO4 ξbyprod ,CaCl2 ξbyprod ,Ca(OH)2 ξbyprod ,tot

Mode % 10−2 kg
kg

air 2.3 92 66 1.6 0.2 1.4 0.5 2.1

oxy 4.4 - 76 1.8 0.4 1.1 0.9 2.3

78SO3 capture is not considered here since its contribution to the sorbent conversion is minimal.
79I.e. “non-utilization efficiency”: ηCa(OH )2 = 100 % − ηSorb ,CaSO4

− ηSorb ,CaCl2
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Table 4.9: Estimation of sorbent consumption Ṁsorb and by-product generation Ṁbyprod ,i
for Ca(OH)2 injection upstream ESP in a 600MW (thermal) oxy-fuel demonstration plant
firing C4 coal (calculated on basis of KSVA tests with αCa/2Cl = 1.9). In addition, values of
ηi and ash generation Ṁash are given.

ηSO2 ηSO3 ηHCl Ṁsorb Ṁbyprod ,CaSO4 Ṁbyprod ,CaCl2 Ṁbyprod ,Ca(OH)2 Ṁbyprod ,tot Ṁash

% t
h

4.4 (92)† 76 1.3 0.3 0.8 0.6 1.7 6.6

† There is no SO3 data available from the oxy-fuel trial. Therefore, the corresponding result from the air fired
experiment with Ca(OH)2 injection upstream ESP at a slightly lower injection stoichiometry (i.e. αCa/2Cl = 1.1)
is given as a rough approximation.

and operational costs for sorbent injection and by-product handling may be tolerable since
in turn problems caused by SO3 and HCl in respect to low temperature acid corrosion may
be avoided. It is important to note that when using fuels containing less Cl than coal C4, a
considerably lower sorbent feed and hence, by-product generation can be expected to remove
a large fraction of the SO3 in the flue gas.

Ca(OH)2 injection to the furnace for SO2 control: The application of DSI for SO2 control
is particularly interesting for oxy-fuel combustion for which very good SO2 capture perfor-
mances were observed in pilot scale experiments. This goes along with a relatively high sorbent
utilization efficiency. In experiments with Ca(OH)2 injection to the furnace and injection
stoichiometries of αCa/S = 1.0 and 1.1 in air and oxy-fuel operation, ηsorb reached 36 % and
58 %, respectively. At higher values of αCa/S (air/oxy-fuel: 1.6/1.7), ηsorb decreased to 28 % and
45 %. Higher sorbent utilization efficiencies in oxy-fuel combustion go along with a reduced
specific sorbent consumption ξsorb to reach a desired degree of desulfurization. On basis of the
experimental results for injection of Ca(OH)2 to the furnace of the KSVA facility, in figure 4.31,
the fuel specific sorbent consumption in air and oxy-fuel operation is plotted versus the SO2

capture efficiency ηSO2 .
As for the previous example on low temperature DSI, the sorbent utilization efficiency ηsorb,i
can be linked to the specific generation of the by-products CaSO4, CaCl2, and CaO80. In figure
4.32, the specific by-product generation ξbyprod ,i of these components is plotted versus ηSO2 for
injection of Ca(OH)2 to the furnace of KSVA in C4 air and oxy-fuel recycle combustion. For
comparison, in figure 4.32, also the specific production of ash ξA is plotted. Extrapolated data
in figures 4.31 and 4.32 for higher ηSO2 values than the ones tested in experiments should be
used carefully since the extrapolation model is not optimized and not validated.

80When Ca(OH)2 is injected at temperatures above its calcination temperature, it decomposes to CaO and H2O.
Assuming a low carbonation efficiency of the generated CaO (due to the loss of reactive surface by reactions
with SO2 and HCl), sorbent that does not react with acid gases is expected to be present as CaO in by-products.
The “non-utilization efficiency” for this component is defined as ηCaO = 100% − ηSorb ,CaSO4

− ηSorb ,CaCl2 .
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Figure 4.31: Fuel specific sorbent consumption ξsorb versus ηSO2 for Ca(OH)2 furnace
injection at KSVA in coal C4 air and oxy-fuel combustion. ξsorb values obtained from
experimental data are marked by symbols. Dashed (air) and dotted (oxy-fuel) trendlines
were approximated by a 2nd order polynomial fit of these results.

One sees clearly that the higher sorbent utilization efficiency in oxy-fuel operation is also
linked to a considerably lower generation of by-products, compared to the air fired case. For
example in oxy-fuel operation, accepting a doubling of the ash/by-product load, compared to
an operation without DSI, would allow for a reduction of the SO2 concentration at the furnace
outlet by about 78 %. In air firing, under the same precondition, only 52 % reduction of the SO2

concentration would be possible.
Also for the Ca(OH)2 furnace injection that can efficiently control SO2 levels, an estimation
in respect to sorbent consumption and by-product generation in an oxy-fuel demonstration
plant (i.e. 600MW thermal power, C4 coal consumption of approx. 71 t

h ) was conducted on
basis of the DSI results from KSVA. The results are summarized in table 4.10. The dry sorbent
application in this example increases the total load of solid residues (ash and DSI by-products)
by about 65 % while allowing a considerable reduction of SO2 and SO3 and a minor reduction
of HCl. As previously mentioned, the coal used for DSI experiments within this thesis was very
rich in sulfur (xS ,daf = 2.67 · 10−2 kg

kg ). With a lower sulfur fuel, the by-products generation by

Table 4.10: Estimation of sorbent consumption Ṁsorb and by-products generation Ṁbyprod ,i
for Ca(OH)2 furnace injection in a 600MW (thermal) oxy-fuel demonstration plant (cal-
culated on basis of the KSVA tests with αCa/S = 1.1). In addition, also values of acid gas
removal efficiencies ηi and ash generation Ṁash are given.

ηSO2 ηSO3 ηHCl Ṁsorb Ṁbyprod ,CaSO4 Ṁbyprod ,CaCl2 Ṁbyprod ,CaO Ṁbyprod ,tot Ṁash

% t
h

60 82 9 3.1 3.2 0.1 1.0 4.3 6.6
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(a) ξbyprod ,i and ξA in air firing
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(b) ξbyprod ,i and ξA in oxy-fuel firing
Figure 4.32: Fuel specific by-product ξbyprod ,i generation versus ηSO2 and associated outlet
ySO2,dry levels for injection of Ca(OH)2 to the furnace of KSVA in (a) air and (b) oxy-fuel
recycle combustion of C4 coal. In addition, the specific production of ash ξA is plotted.
ξbyprod ,i values obtained from experimental data are marked by “x”. The plotted trends
were approximated by a 2nd order polynomial fit of the experimental results.

DSI would be proportionally smaller. For example, for a coal with a sulfur content of 1 · 10−2 kg
kg ,

daf, the increase of the solid residues at the same SO2 capture efficiency of 60 % can be estimated
to be only around 25 %, compared to the system without DSI. The additional solid residues from
DSI will obviously increase efforts to remove solids from the flue gas and will require more
efforts for their disposal. However, since no dedicated desulfurization system is required, the
technology offers a possibility to control acid gases effectively in an oxy-fuel recycle combustion
system with relatively low capital investment while still reaching a relatively high sorbent
conversion and desulfurization efficiency. As can be seen from figure 4.32b, even though also
higher degrees of desulfurization are possible in oxy-fuel operation, the sorbent conversion
efficiency ηsorb reduces more and more with increasing desulfurization (e.g. from 61 % to 58 %
to 45 % at ηSO2 values of 29 %, 60 %, and 73 %). This decrease is associated with more and more
unconverted sorbent in the ash and a disproportionately higher sorbent consumption and DSI
by-product generation when high desulfurization efficiencies are targeted. This may hinder the
application of DSI for very high degrees of desulfurization. However, in an oxy-fuel system,
there will also be a CPU system with additional options for acid gas removal. Depending on the
sulfur content of the fuel, a combination of DSI and additional purification in the CPU may be
a good solution that can avoid a wet scrubbing system. Moreover, DSI injection to the furnace
of an oxy-fuel plant will give plant operators a handle to control sulfur levels in the boiler, SO3
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levels in the GPH and recirculation line, and to balance fluctuating SO2 concentrations in the
flue gas.

Impact of dry sorbent injection on process ash composition: It should be noted that
the focus of the conducted DSI experiments was on the acid gas removal performance rather
than on the effects of DSI on ashes and deposits. Therefore, the time to investigate ash and
deposit behavior was limited and only for the reference experiments without DSI and for
the air and oxy-fuel experiments with injection of Ca(OH)2 into the furnace (αCa/S = 1.0 and
1.1, respectively), deposits and ashes have been sampled and analyzed. Those settings were
operated continuously for longer durations without changing αCa/S (approx. 3.5 h in air and
approx. 8 h in oxy-fuel). In the following, a qualitative characterization of process ashes and
deposits from the different experiments is included.
During the air and oxy-fuel experiments, process ashes were sampled from air/gas preheater
(GH), bottom ash (BA), and ESP precipitation fields 1, 2, and 3 (E1, E2, E3) and analyzed for
their main ash-forming elements’ contents. Figures 4.33 and 4.34 show the compositions of the
sampled process ashes and molar Ca/S, Mg/S, K2/S, and Na2/S ratios αi for the air and oxy-fuel
experiments with and without DSI81.
As expected, one observes increased CaO and SO3 contents in the ash samples from DSI
experiments when comparing them with ashes from the reference tests. This increase in CaO
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Figure 4.33: (a) Composition of bottom (BA) and gas preheater (GH) ash from C4 air and
oxy-fuel combustion with (DSI) and without (REF) Ca(OH)2 furnace injection, (b) SO3
contents, and (c) Molar Ca/S, Mg/S, K2/S, and Na2/S ratios αi of the ashes.

81Air preheater (GH) and bottom ash (BA) samples are not available from the air fired DSI experiment.
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.

and SO3 is more pronounced for the ESP ashes, compared to the bottom and gas preheater ashes.
In air firing without DSI, ESP ashes contained 3.8 to 7.9 · 10−2 kg

kg CaO and 2.7 to 7.8 · 10−2 kg
kg SO3.

In oxy-fuel combustion, the ESP ash composition was relatively similar (i.e. 3.6 to 7.2 · 10−2 kg
kg

CaO and 3.3 to 5.2 · 10−2 kg
kg SO3). In contrast, with injection of Ca(OH)2 to the furnace, CaO

contents rose to 23.6 to 29.2 · 10−2 kg
kg in air and 24.4 to 27.1 · 10−2 kg

kg oxy-fuel firing, and the SO3

contents in ESP ashes reached 10.5 to 16.0 · 10−2 kg
kg and 16.0 to 25.4 · 10

−2 kg
kg , respectively. Even

though this was not analyzed, one can assume that part of the calcium in the ash represents
unreacted sorbent most likely in the form of (free/reactive) lime. The additional CaO and SO3

diluted the other ash components, so that in DSI experiments the sum of SiO2, Fe2O3, and
Al2O3 in the ash fell from values above 78 · 10−2 kg

kg to 44 to 62 · 10−2 kg
kg , which is below the

minimum specification (i.e. 70 · 10−2 kg
kg ) that allows for utilization of the fly ash in concrete

(see EN 450-1, [63]). In addition to that, the limit in respect to the SO3 content of the ash (i.e.
3 · 10−2 kg

kg ) of EN 450-1 was by far exceeded, while in the reference experiments without DSI it
was kept or only slightly exceeded in some process ash fractions. Also the SO3 maximum for
ash utilization in cement (i.e. 4 · 10−2 kg

kg , according to EN 197-1 [64]) was clearly violated.
Even though specifications for certain ash utilization routes are exceeded, there may still be
a use for ashes from DSI applications in the construction sector when they are blended with
other ashes. For example reactive lime that is expected to be contained in ashes from DSI
applications, is a desired component for utilization as calcerous fly ash in cement (i.e. 10 to
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15 · 10−2 kg
kg reactive lime required, according to EN 197-1 [64]). Moreover, if only small amounts

of sorbents are injected (i.e. when using DSI to control gaseous SO3 emissions), the impact of
the sorbent and its by-products on the ash composition would be much less pronounced. DSI
will impact the utilization of process ashes and can render ashes unsuitable for utilization in
high value applications, such as concrete or cement. This may cause additional efforts for ash
processing or upgrading, allow only less profitable utilization routes, or may lead to a need to
landfill such ashes, which will be associated to disposal costs.

Impact of dry sorbent injection on deposit composition: In figure 4.35, the composi-
tions of uncooled and cooled deposits from the Ca(OH)2 furnace injection and the reference
experiments with coal C4 sampled at level 20 (3.63m from the burner and 1.47m from the DSI
location) are shown. No cooled deposit samples are available from the oxy-fuel experiments,
since the sampled deposits were very loose and were lost when extracting the sampling probe.
When comparing uncooled air and oxy-fuel deposits without sorbent injection, their composi-
tion and degree of sulfation is very similar, even though, the SO2 levels were much higher in
the oxy-fuel experiment. When Ca(OH)2 was injected to the furnace some differences can be
observed in the CaO content of the samples. Since the same mass flow of sorbent and fuel was
injected in air and oxy-fuel operation, this effect may be linked to an inhomogeneous sorbent
distribution in the furnace. It is unlikely, but cannot be ruled out on basis of the available
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deposit samples that this effect is due to differences in the deposit build up in both combustion
modes. As for the process ashes, one observes a distinct increase of CaO and SO3 when com-
paring the experiments with and without DSI. CaO rises from about 5.3 to 5.9 · 10−2 kg

kg without

DSI, to values between 13.7 and 29.2 · 10−2 kg
kg and SO3 form about 3.7 to 4.6 · 10−2 kg

kg to 11.2 to

18.8 · 10−2 kg
kg . According to the molar Ca/S, Mg/S, K2/S, and Na2/S ratios αi calculated based

on the compositions of the deposit samples all samples had reached similarly high degrees of
sulfation, with only a low potential to further react with gaseous sulfur species. None of the
deposit samples appeared particularly sintered and hard. Nonetheless, during longer times of
exposure to a furnace environment with DSI, more pronounced deposit sintering via sulfation
and sintering of CaSO4 may occur. In combination with the increased particle loading in the
boiler, this indicates that there may be a potential for the formation of problematic sulfate
deposits. This can however neither be confirmed nor ruled out on basis of the conducted
experiments.

4.2.3 SO3 formation and retention in ash in air and oxy-fuel firing

Experiments investigating SO3 formation and retention on a filter were conducted in air and
simulated oxy-fuel configurations at the BTS-VR system to study alterations in respect to SO3

between both combustion modes. The results of this study are presented in the following
sections.

4.2.3.1 Flue gas compositions in air and simulated oxy-fuel firing

Tables 4.11 and 4.12 list measured82 and calculated concentrations of O2, H2O, NOx, and SO2 for
experiments investigating SO3 formation and retention. In all experiments, O2 concentrations
were about 3 · 10−2 m3

m3 , dry and in all simulated oxy-fuel experiments, CO2 concentrations higher

Table 4.11: Flue gas composition measured at furnace exit of BTS-VR in air and simulated
oxy-fuel experiments studying SO3 formation and retention on a filter with coal C1 (yH2O

calculated based on fuel composition and steam injection to the oxidant).

coal C1

species unit dry/wet C
1-
A

C
1-
C
O
2

C
1-
5S
5H

C
1-
2S
5H

C
1-
2S
0H

C
1-
2S
8H

C
1-
0S
5H

C
1-
0S
0H

ȳO2 10−2 m3

m3
dry 3.0 3.4 3.1 3.6 2.7 3.0 3.2 2.9

ȳH2O wet 6.4 8.7 23.5 23.5 23.5 23.5 23.5 23.5

ȳNOx 10−6 m3

m3
dry 846 1380 1433 1410 1878 1547 1491 1784

ȳSO2 dry 199 283 871 1235 1243 1228 1464 1531

82The concentrations of O2, NOx, and SO2 represent values averaged on basis of measured concentrations from
minimum 10min of representative operation.
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Table 4.12: Flue gas composition measured at furnace exit of BTS-VR in air and simulated
oxy-fuel experiments studying SO3 formation and retention on a filter with coals C2, C3,
and C4 (yH2O calculated based on fuel composition and steam injection to the oxidant).

coal C2 coal C3 coal C4

species unit dry/wet C
2-
A

C
2-
C
O
2

C
2-
2S
5H

C
3-
A

C
3-
C
O
2

C
3-
2S
5H

C
4-
A

C
4-
8S
0H

ȳO2 10−2 m3

m3
dry 3.1 3.2 3.0 3.1 2.8 3.1 3.0 3.2

ȳH2O wet 7.6 10.4 28.5 6.6 9.1 24.3 6.0 19.6

ȳNOx 10−6 m3

m3
dry 862 939 1479 880 1487 1838 873 1247

ȳSO2 dry 367 498 2578 444 603 2802 1605 4534

than 94 · 10−2 m3

m3 , dry, were reached, proving a minimum amount of air ingress. Average CO
concentrations were below 90 · 10−6 m3

m3 , dry, in all experiments. Different fuel sulfur contents
and different fuel feed rates at a constant flue gas production rate in air (A) and in combustion
in pure CO2/O2 (labeled: CO2, yO2,oxid =28 · 10−2 m3

m3 ) are directly represented in the different
SO2 levels. In the flue gases, no considerable amounts of NO2 were measured. Therefore, it can
be assumed that the influence of SO2 oxidation by NO2 in the experiments was limited.

4.2.3.2 Measured SO3 concentrations before and after filter

Figure 4.36 shows average concentrations of SO3 measured upstream and downstream of
BTS-VR’s fabric filter. The lower and upper error bars represent the measured minimum and
maximum SO3 concentrations. The results for each coal are ordered from low to high SO2

concentrations in the flue gas, i.e. from high to low simulated SO2 removal rates (CO2 - 100 %,
8S - 80 %, 5S - 50 %, 2S - 20 %, and OS - 0 % SO2 removal).
Before filter, increasing SO3 concentrations can be observed when comparing settings lean
in SO2, such as air and pure CO2/O2 combustion, to the oxy-fuel settings with additional SO2

injection. Since the Hg concentrations in the flue gas are several orders of magnitude below
those of SO3 and Hg is not known to influence the SO3 formation, it can be assumed that the
variations in Hg concentrations (i.e. 5H - 50 %, 8H - 80 %, and OH - 0 % Hg removal) that had
been set in cases with constant SO2 removal rates have no, or only minimal impact on SO3

concentrations. Therefore, the fact that for cases with the same SO2 but differing Hg removal
rates (i.e. C1-2S5H, C1-2S8H, and C1-2S0H; C1-0S5H and C1-0S0H), similar SO3 concentrations
were measured before filter, proves the repeatability of the SO3 measurements at this location.
After filter, this repeatability could not be established since experiments C1-O2S5H, C1-O0S0H,
and C2-CO2 show unexpectedly high SO3 concentrations (i.e. low SO3 retention). This may be
related to variations in filter inlet (+/-30 ◦C) and outlet (+/-15 ◦C) temperatures in the different
experiments. SO3 sorption on the ash can be sensitive at temperatures close to the H2SO4 due
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Figure 4.36: SO3 concentrations measured upstream and downstream the BTS-VR’s filter
in air (indicated by “A”) and simulated oxy-fuel combustion tests with coals C1, C2, C3,
and C4 (error bars indicate measured min. and max. concentrations).

point temperature (see Cao et al. [117]). Therefore, the SO3/H2SO4 sorption or condensation
on the ash may have been influenced by small differences in the filter temperatures in different
experiments, even though, they were always maintained well above the H2SO4 due point
temperature and temperatures at filter in- and outlet were relatively similar in the conducted
experiments.
As expected, in all tests, SO3 was captured on the fabric filter and concentrations after the
filter were considerably lower than those before the filter. For coals C1 and C3 barely any
SO3 was detected downstream the filter under air fired conditions and coal C3 generated only
measurable SO3 concentrations in the oxy-fuel experiment with SO2 addition to the oxidant
gas.

4.2.3.3 Assessment of measured SO3 concentrations

The extent of the available experimental data from air simulated oxy-fuel operation with four
different coals allows for a more detailed evaluation in respect to parameters that may have
influenced the SO3 generation and interactions with fly ash on the fabric filter of the BTS-VR
system. Due to the scale and the nature of the performed experiments, it is however not
possible to completely separate the impacts of all parameters that potentially influence the
sulfur transformation in the system and hence, the experimental evaluation can in several
instances not give unambiguous results.

Interactions between SO2 and SO3 gases and comparison to published data: Figure
4.37 presents the results of the SO3 measurements performed before BTS-VR’s fabric filter with
coals C1, C2, C3, and C4 and before ESP during air and oxy-fuel recycle experiments at the
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Figure 4.37: ȳSO2 versus ȳSO3 of various air and oxy-fuel experiments performed with fuels
C1, C2, C3, L1, L3, and C4 (measurements before filter of BTS-VR/ESP of KSVA and L3; at
the pilot plant “Schwarze Pumpe”, SO3 has been sampled at two locations/temperatures
upstream the ESP). The concentrations are plotted in comparison to results from IHI’s
combustion test facility in Japan (combustion of coals C1, C2, and C3 [10]) and Alstom’s
oxy-fuel pilot system in the USA [229] (combustion of Lusatian pre-dried lignite similar to
fuels L2 and L3 of this thesis). The results by others are plotted in gray color. Concentrations
measured in air firing are shown as empty symbols and results from actual oxy-fuel recycle
combustion are highlighted by a “+” symbol. The dashed lines represent SO2 to SO3
conversion ratios.

KSVA and the “Schwarze Pumpe” pilot plant83 with the fuels L3, L1, and C484. For comparison,
SO3 concentrations generated with similar coal qualities at IHI’s combustion test facility in
Japan (combustion of coals C1, C2, and C3 [10]) and in combustion of Lusatian pre-dried lignite
(qualities similar to fuels L2 and L3 of this thesis) at Alstom’s oxy-fuel pilot system in the USA

83For “Schwarze Pumpe” pilot plant, ȳSO3
values for two sampling locations upstream ESP with flue gas tempera-

tures of 180 ◦C and 330 ◦C are included.
84Details on the flue gas compositions during those tests can be found in table 4.2.
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[229] are included in figure 4.37. Obviously, there is considerable scatter when measuring SO3

at different combustion rigs, under different conditions, and with different coals.
SO2 to SO3 conversion ratios κ23 between approx. 0.3 and 4 % were observed in this dissertation
project, with most values being between 0.3 and 2.5 %. This is in the range of data on SO3

formation from other sources [10, 118, 229, 230]. Similar to the work of Fleig et al. [26], also
in this thesis no consistent trend in respect to changes of κ23 between air and oxy-fuel firing
was observed. However, for most experiments included in this thesis, somewhat higher SO2 to
SO3 conversion ratios were found in oxy-fuel, compared to air combustion. When comparing
ȳSO2 and ȳSO3 from air firing measured in this study with values generated at IHI’s combustion
test rig [10] a good agreement in the measured levels can be noticed for coals C1, C2, and with
a somewhat greater deviation, for coal C85. Nonetheless, the comparability of the oxy-fuel
results from the two plants may be limited by differences in the test facilities and experimental
approaches. At IHI, CO2 concentrations in the dry flue gas were relatively low (approx. 65 to
75 · 10−2 m3

m3 , dry) which indicates a considerable extent of air ingress and therefore, flue gas
dilution, while at BTS-VR, CO2 concentrations above 94 · 10−2 m3

m3 , dry, could be reliably kept
during all experiments and hence, measured concentrations are undiluted. In addition, even
though the coals were very similar, ash and sulfur contents in the different coal batches used by
IHI and at BTS-VR were considerably different. The air and oxy-fuel κ23 results obtained in this
study for the three Australian coals with simulated impurity recirculation (O2S5H experiments),
and those from IHI’s oxy-fuel experiments with actual flue gas recirculation, lay all in a band
between approx. 0.7 and 2.5 %. Differences at BTS-VR and IHI’s plant between comparable
experiments (i.e. air vs. air and O2S5H vs. oxy-fuel) are below 0.7 %.
The results from this dissertation project show clearly that ySO3 is very significantly influenced
by ySO2 in the flue gas, with increasing ySO3 as ySO2 increases. This will obviously lead to
considerably increased ySO3 levels in oxy-fuel combustion where ySO2 increases by a factor of
around 3.5-4 (dry basis, see p. 88). The only fuel, for which the same batch has been tested at
BTS-VR and at KSVA is coal C4. For this fuel, the SO3 levels and κ23 in air firing were very
similar86, while between the oxy-fuel recycle and the simulated oxy-fuel experiments there
was some difference87. Similar to the experiments with coals C1, C2, and C3 and the related
experiments by IHI, this difference might, to some extent, be due to the experimental setup
that was different at the BTS-VR and KSVA test rigs (i.e. real recycle vs. simulated recycle).
In figure 4.38, κ23 calculated on basis of SO3 measurements at filter inlet of BTS-VR are plotted
versus alkali (γK+Na), earth alkali (γCa+Mд), and iron γFe contents of coals C1, C2, C3, and C4.

85Coal C1: IFK - ȳSO3,dry = 1.3 · 10−6 m3

m3 , IHI - ȳSO3,dry = 2 · 10−6 m3

m3 ; coal C2: IFK - ȳSO3,dry = 8 · 10−6 m3

m3 , IHI -
ȳSO3,dry = 9 · 10−6 m3

m3 ; coal C3: IFK - ȳSO3,dry = 0.2 · 10−6 m3

m3 , IHI - ȳSO3,dry = 3 · 10−6 m3

m3 .
86BTS-VR: ȳSO3

= 7.6 · 10−6 m3

m3 , dry, κ23 = 0.5 %, ȳSO2
= 1609 · 10−6 m3

m3 , dry; KSVA: ȳSO3
= 8.8 · 10−6 m3

m3 , dry,
κ23 = 0.5 %, ȳSO2

= 1760 · 10−6 m3

m3 , dry.
87BTS-VR: ȳSO3

= 37.4 · 10−6 m3

m3 , dry, κ23 = 0.8 %, ȳSO2
= 4579 · 10−6 m3

m3 , dry; KSVA: ȳSO3
= 18.1 · 10−6 m3

m3 , dry,
κ23 = 0.3 %, ȳSO2

= 5651 · 10−6 m3

m3 , dry.
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Figure 4.38: SO2/SO3 conversion ratios κ23 (upstream filter) measured in air (empty
symbols) and simulated oxy-fuel combustion experiments with coals C1, C2, C3, and C4
at BTS-VR versus (a) ȳSO2 at filter inlet, (b) iron γFe , (c) alkali (γK+Na), and (d) earth alkali
(γCa+Mд) contents of coals. Empty symbols designate results from air firing.

Those parameters are considered to be relevant to the conversion of SO2 to SO3 in combustion
processes (see section 2.2.2.1). In addition, κ23 is plotted versus ȳSO2 in this figure. The results
in figure 4.38 highlight that for individual fuels there seems to be a trend of increasing κ23 with
increasing SO2 levels. This statement is supported by the results for coal C1 that was tested
under similar simulated oxy-fuel conditions, but with different levels of SO2 in the flue gas
(i.e. experiments 5S5H, 2S5H, 2S8H, 0S5H, and 0S0H). Hence, between those tests, the only
significant difference was the SO2 level. Another observation that can be made is that, even
though the trend is not consistent, there seems to be a tendency of higher κ23 values in the
simulated oxy-fuel combustion, compared to air firing. The effect may be related to the higher
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SO2 levels in the oxy-fuel experiments, rather than to the change in the combustion mode.
It should be highlighted that the correlation of κ23 to the alkali (γK+Na), earth alkali (γCa+Mд),
and iron γFe contents of coals C1, C2, C3, and C4 in figure 4.38 is simplifying an important
aspect of ash interactions with SOx. On basis of the bulk ash chemical analysis, no information
is available in respect to the forms in which the different elements are present in the ash and
on their reactivity and availability for reactions with SO2 and SO3. It is for example possible
that iron is present in forms that are not catalytically active for the SO2 to SO3 conversion.
Nonetheless, the respective plots are included here to put the obtained results in context to
some general statements in literature in respect to the SO3 formation in coal combustion and
its dependency from the coal ash composition (see also section 2.2.2.1). For instance, a positive
effect of the iron content in coal ashes on κ23 that has been mentioned by others [29, 111–113],
cannot be observed in figure 4.38b. Even if only experiments with relatively similar SO2 levels
in the flue gas are compared (e.g. C1-A, C2-A, and C3-A; C4-A, 2S5H, 2S8H, 0S5H, and 0S0H;
C3-2S5H and C2-2S5H), the response of κ23 on γFe is mixed88. This is similar for the correlation
of γCa+Mд and κ23 that also gives a mixed response and does not allow to conclude whether
a high content of earth alkalis in the ash causes always low conversion ratios κ23. The only
ash component, for which a negative correlation with κ23 can be observed consistently in all
experiments is the fuels’ alkali content γK+Na . It seems that a high content of alkalis is always
related to low κ23 values.
Figure 4.38a gives some additional insight to the SO2 to SO3 conversion behavior. The available
data indicates that for certain fuels, a relatively high ȳSO2 level is required in order to generate
SO3 in greater quantity. At lower ȳSO2 levels, ȳSO3 seem to be offset potentially by capture of
SO3 either via reactions with ash while in suspension or on the in-stack ash filter that was
used. This is most prominent for coal C3. In experiments with low SO2 levels (i.e. air firing
and combustion with pure CO2/O2), virtually no SO3 was measured (see figure 4.36), while
at a higher SO2 concentration, SO3 was detected in a significant amount. It seems that for
coal C3, a certain ySO2 level needs to be reached to generate measurable quantities of SO3.
The behavior is potentially linked to the coal’s ash that is relatively rich in alkaline and earth
alkaline compounds, compared to the ashes of coals C1 and C2. At lowySO2 levels, the generated
SO3 may efficiently be captured by the ash of coal C3, removing virtually all generated SO3

from the gas so that no SO3 can be measured. When the SO2 and in connection to that the
SO3 concentrations rise, the ash becomes more and more saturated or inactivated/sulfated
so that SO3 cannot be fully retained in the ash and therefore, SO3 can be found in the flue
gas. The proposed effect of ash deactivation by sulfation would be governed by the extent
of consumption of alkali and earth alkali elements in the ash by reactions with SO2 and SO3,
which in turn would be influenced by the level of SO2 and SO3. With this mechanism, the
88E.g. Coal C2 with the lowest iron content showed similar or higher SO2 to SO3 conversion ratios as coal C1
with the highest iron content. Coal C3 with a iron content 3.5 times higher than coal C2 showed the lowest κ23
values.
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apparent (net) SO2 to SO3 conversion ratios κ23 that can be measured at a combustion system
would be affected by the gross SO3 formation (i.e. without SO3 retention in the ash) and the
deactivation of ash components that can capture SO3, by reactions with both, SO2 and SO3.
Unfortunately, the extent of these reaction steps can hardly be quantified in actual combustion
environments with the available analytical tools and hence, it is difficult to proof the proposed
mechanism, especially since it may occur to different extents with different fuels, depending
on their ash. The proposed mechanism may also be an explanation for the relatively low SO2

to SO3 conversion efficiencies of 1.3 and 0.8 % in the C3-2S5H and C4-8S0H experiments with
coals C3 and C4, respectively. κ23 in the coal C3 and C4 CO2/O2 experiments with SO2 addition
are considerably lower than the ones for coals C1 and C2 (with high SO2 levels, i.e. ȳSO2 >
1000 · 10−6 m3

m3 , dry) that were around 2-2.5 %. These low conversion ratios may be related to
the ash of coals C3 and C4 that contain more alkalis, and for coal C3 also earth alkalis, than
coals C1 and C2. This may be responsible for a more effective capture of part of the generated
SO3 in the ash in the C3-2S5H and C4-8S0H experiments. The reason why in contrast to coal
C3, SO3 can be measured in considerable quantities in air firing of coal C4 may be the much
higher sulfur content of this fuel and hence, much higher ySO2 (and potentially gross ySO3)
levels in air firing that are sufficient to overcome the SO3 retention potential of coal C4’s ash.
Also the trend of increasing κ23 values with increasing SO2 levels that was observed for coal
C1 under comparable oxy-fuel conditions, but with different levels of SO2 in the flue gas (i.e.
experiments 5S5H, 2S5H, 2S8H, 0S5H, and 0S0H) may be associated with a saturation of the ash
by sulfation leading to a higher net SO3 generation at higher ySO2 . Assuming that a change in
the combustion environment has no significant impact on the gross SO3 generation but mainly
alters the activity of the ash for sulfur retention, due to a more complete sulfation of the ash,
similar considerations in respect to the increasing values of κ23 at increasing ySO2 could be also
true for coals C3 and C4 that showed higher values of κ23 in the high SO2 CO2/O2 experiments
with SO2 addition, compared to the low SO2 air firing. Coal C2 that has an ash with very low
contents of alkaline and earth alkaline elements behaves very different to the other fuels and
showed a relatively high SO2 to SO3 conversion ratio in air and in pure CO2 combustion, even
at low levels of SO2. In the 2S5H experiments, the measured κ23 value was lower than in the
pure CO2 experiment which cannot be explained on basis of the proposed mechanism.

Summary and outlook in respect to SO2 to SO3 conversion in air and oxy-fuel firing:
For the application of the oxy-fuel combustion process, the observed coal specific increase of
the SO2 to SO3 conversion ratios κ23 with increasing ySO2 may have the following implication.
In oxy-fuel combustion (without DeSOx of the recirculated gas), ySO2 is by a factor of around
3.4-4.2 higher than in air firing (on dry basis, see p. 88). The observed SO3 emission behavior
implies that due to a considerable increase in the SO2 levels, the SO2 to SO3 conversion ratio
κ23 may also increase for coals that are under conventional air fired conditions unproblematic
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in respect to SO3 formation (e.g. low S, high Ca coals). The effect should be related to the
content and reactivity of alkaline and potentially also earth alkaline compounds in a coal’s
ash and will likely not be important for coals without considerable contents of those elements
if those fuels show already a relatively high SO2 to SO3 conversion κ23 in air firing (i.e. for
such fuels, net SO3 formation is expected to be not significantly impacted by retention of SO3

in the ash). To validate the hypothesis that alkalis play a dominant role in the apparent (net)
SO2 to SO3 conversion efficiency and that a certain SO3 capture potential in the ash can be
offset by high enough levels of SO2 and SO3, the following experiment may be worthwhile:
One could test a fuel, such as coal C2, and add alkalis to it before combustion (e.g. by spray
deposition). When this fuel is combusted, the generation of SO3 should be considerably offset
and the κ23 values should be reduced. When in additional combustion experiments with the
same alkali doped fuel, the SO2 level is increased also increasing κ23 values should be observed.
A similar experiment with increasing SO2 levels could be done with fuels similar to coals C3
or C4 that are assumed to have ashes that can capture a significant share of the SO3 formed
in the combustion system. Also in these experiments, rising κ23 values should be observed
with an increase of SO2. In both cases, κ23 should approach a constant value at higher levels of
SO2

89 when the ash is fully deactivated for further SO3 capture and hence, the SO3 offset by
ash capture becomes small, compared to the measured ySO3 level. Since such experiments were
not conducted within the studies leading to this thesis, the proposed SO3 formation mechanism
in which the net SO3 formation is considerably impacted by capture of SO3 in the ash could
not be validated.

SO3 capture at a fabric filter: Based on ȳSO3 measured up- and downstream BTS-VR’s fabric
filter, the SO3 capture efficiency ηSO3,f il was determined. The results are presented in figure
4.39. As introduced on page 150, experiments C1-O2S5H, C1-O0S0H, and C2-CO2 showed
unexpectedly high SO3 concentrations after the fabric filter and hence, their reliability may
be compromised. Therefore, results in respect to SO3 retention on the fabric filter for these
experiments and in addition, for experiments with very low SO3 concentrations (C3-A and
C3-CO2)90 are omitted in the discussions of this section. Nonetheless, the respective results
are included in gray color in figure 4.39a.
In air fired conditions, ηSO3,f il values of about 70 % (coal A) and 80 % (coal B) were observed.
In simulated oxy-fuel operation, ηSO3,f il was between 44 and 66 %. In figure 4.39a, ηSO3,f il for
all experiments is plotted versus ȳSO3,b.f . at the fabric filter inlet. It can be seen that ηSO3,f il is
decreasing with increasing ȳSO3,b.f . (and increasing ȳSO2). Since the fuels have different ash
contents and compositions, the experiments for different fuels and combustion conditions may
not be fully comparable. However, the effect of decreasing ηSO3,f il with increasing ȳSO3,b.f . can

89Assuming that κ23,дross is independent of the ySO2
level.

90Those are not further discussed due to a high measurement uncertainty at low ȳSO3
and a large impact of small

variations of ȳSO3
on ηSO3,f il .
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Figure 4.39: SO3 capture efficiencies ηSO3 at the BTS-VR’s fabric filter (without DSI)
measured in air (empty symbols) and simulated oxy-fuel combustion experiments with
coals C1, C2, C3, and C4 at BTS-VR versus (a) ȳSO3,b.f . at filter inlet, (b) ash (γA), (c) alkali
(γK+Na,db), and (d) earth alkali (γCa+Mд,db) contents of coals. In sub-figure (a), gray ηSO3

values indicate unexpectedly low results or results calculated on basis of very small ȳSO3

(omitted in other sub-figures), while in sub-figures (b), (c), and (d), gray shaded ηSO3 values
indicate results outside a range of ȳSO3,b.f . between 28 and 53 · 10−6 m3

m3 , dry, that are not
considered to be comparable to other results. Empty symbols designate results from air
firing.

also be observed for the different oxy-fuel experiments with coal C1 alone that despite the
different SO2 levels were relatively similar and are assumed to be comparable. The described
effect may be related to a saturation of the SO3 capture potential of the ash on the filter or to
an insufficient residence time of the flue gas at the fabric filter for capture of higher amounts of
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SO3. This is relevant to the high SO2 and SO3 oxy-fuel combustion process since it highlights
that SO3 retention in fabric filter systems is limited especially at higher levels of SO2 and SO3.
In figure 4.39, also ash (γA), alkali (γK+Na), and earth alkali (γCa+Mд) contents of coals C1, C2,
C3, and C4 are related to ηSO3,f il . Since there seems to be a considerable correlation between
ȳSO3,b.f . and ηSO3,f il , in the following considerations only experiments that had roughly similar
SO3 levels before filter (i.e. ȳSO3,b.f . = 28 to 53 · 10−6 m3

m3 , dry) are included. As explained above,
a separation of the parameters “ash content” and “ash composition” is not possible in a technical
scale combustion system, which limits the possibilities for interpretation. Nonetheless, few
indications can be made. Coal C1 with the highest ash content shows the highest ηSO3,f il

values, followed by coals C4, C2, and C3. However, the influence of the ash content on ηSO3,f il

seems to be week or not present at all for some of the other fuels. γK+Na and γCa+Mд seem not
necessarily to be a decisive parameter for the SO3 capture on the fabric filter, since the trends
for ηSO3,f il versus γK+Na and γCa+Mд are inconsistent. Possibly, a large fraction of the reactive
alkalis and earth alkalis present in the ash have already been sulfated by reactions with SOx

before the ash reaches the filter, and hence, these compounds are not longer active for SO3

capture.

Calculated sulfuric acid dew point temperatures: SO3/H2SO4 is responsible for low tem-
perature corrosion and fouling in colder parts of a plant. A crucial parameter that influences
both issues and can be used to evaluate their risk, is the H2SO4 dew point temperature ϑH2SO4,dew .
Based on H2O (yH2O ) and measured SO3 concentrations before (ȳSO3,b.f .) and after (ȳSO3,a.f .)
filter, ϑH2SO4,dew for the SO3 experiments at BTS-VR was calculated. The results are summarized
in table 4.13. ϑH2SO4,dew values between 92 ◦C and 163 ◦C are found before filter and between
86 ◦C and 157 ◦C after filter, with coal C2 having the highest dew point temperatures. The SO3

capture on the fabric filter was equivalent to a reduction of ϑH2SO4,dew between 1 ◦C and 16 ◦C.
ϑH2SO4,dew after filter under air fired conditions were 12 to 27 ◦C below those of the combustion
tests in pure CO2/O2 combustion and 26 to 67 ◦C below those of the CO2/O2 configurations

Table 4.13: ϑH2SO4,dew before (b.f.) and after (a.f.) filter in air and simulated oxy-fuel
experiments at BTS-VR with coals C1, C2, C3, and C4. In addition, the difference of the
H2SO4 dew point temperatures at filter in- and outlet ∆ϑH2SO4,dew is given. Dew points
were calculated, according to [123], on basis of yH2O , ȳSO3,b.f . and ȳSO3,a.f ..

coal C1 coal C2 coal C3 C4

species unit C
1-
A
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1-
C
O
2
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1-
5S
5H
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1-
2S
5H
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2S
0H

C
1-
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8H

C
1-
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0H
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3-
A

C
3-
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C
3-
2S
5H

C
4-
A

C
4-
8S
0H

ϑH2SO4,dew ,b.f .
◦C

111 129 149 153 155 155 158 158 132 144 163 92 106 158 128 154

ϑH2SO4,dew ,a.f . 99 118 140 153 146 147 149 155 116 143 157 86 97 152 111 146

∆ϑH2SO4,dew 12 11 10 1 9 7 9 3 16 1 6 7 9 6 17 8
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with simulated SO2 and H2O recirculation. The higher dew point temperatures in the oxy-fuel
experiments with SO2 and H2O recirculation cannot only be attributed to the increase of ȳSO3

but also to the increased H2O levels. Sulfuric acid dew point temperatures have implications
on the minimum temperatures at which oxidant preheaters and recycle lines of an oxy-fuel
power plant can be operated without risking corrosion or fouling (see section 2.2.2.1). Systems
need to be operated reliably above ϑH2SO4,dew to avoid those problems. The results of this study
indicate that in oxy-fuel operation oxidant preheater temperatures in a range of about 30 to
70 ◦C above the ones used in air firing may be required for an optimal operation.
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Even though, compared to the years between 2005 and 2015, the activities to implement CO2

capture technologies in the power and other sectors have slowed down globally and especially
in Europe, widely accepted energy system scenarios by IEA [6] predict that accomplishing
the goals of the international Paris Agreement91 [7] will only be possible by a widespread
application of CO2 capture and storage technologies92. This will require a rapid industrial
implementation of CO2 capture technologies, such as the oxy-fuel process. This thesis focuses on
the behavior of sulfur oxides in PF fired air and oxy-fuel systems. Sulfur oxides are responsible
for certain operational problems and gas cleaning requirements. A better understanding of the
related issues will help in the technical and economical optimization of the oxy-fuel technology.
Within this thesis, a range of experimental investigations on the retention of sulfur oxides
and the stability of sulfates in ashes and deposits, on acid gas (SO2, SO3, and HCl) control,
and on SO3 formation were conducted. The experimental work is in parts supported by
theoretical considerations and thermodynamic equilibrium simulation. Inmost of the conducted
experiments it was possible to comparatively assess air and oxy-fuel fired systems to identify
significant alterations between combustion modes. In that way, a broad data basis is provided
that will be useful to others that focus on the modeling and design of oxy-fuel fired processes.
In practically relevant oxy-fuel configurations, compared to air firing, the exclusion of airborne
N2 from combustion leads to an increase of the SO2 concentration by a factor of about 3.4 to 4.2,
referring to dry and of about 2.9 to 3.5, when referring to wet flue gas conditions. These ranges
have been determined for different Eastern German lignites and imported hard coals. The
increased SO2 levels in oxy-fuel combustion lead to an increased stability of sulfates in oxy-fuel
power boiler systems. According to a thermodynamic equilibrium study, other effects of the
oxy-fuel combustion environment on the behavior of ashes and deposits seem to be minimal,
provided the temperatures in the combustion system are not altered. The decomposition
temperature of one of the most important sulfatic components, CaSO4, in ashes can be expected
to rise by about 50 to 80 ◦C.
In dedicated experiments, studying the stability of sulfates in deposits under CO2/O2 fired
furnace conditions, the enhanced stability of sulfates at high temperatures when operating with

91i.e. “Holding the increase in the global average temperature to well below 2 ◦C above pre-industrial levels…” [7].
92Capture and storage of 400 Mt

a and 6.8 Gt
a of CO2 in 2025 and 2060, respectively.
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increased SO2 levels could be clearly demonstrated. In comparative air and oxy-fuel recycle
combustion experiments at a 500 kW combustion test facility, a considerable increase of the
sulfur retention in the ash has been observed in oxy-fuel combustion. This can be associated to
the increased sulfate stability and longer residence times of the flue gases in the furnace. For
lignites with a significant sulfur retention potential in their ash, by 10 to 12 percentage points
less sulfur was emitted with the flue gases in oxy-fuel firing, leading to significantly reduced
energy based SO2 emissions (i.e. in mg

MJ ). When firing a hard coal with a lower sulfur retention
potential, the effect was much less pronounced and the reduction amounted only to about 5
percentage points, with some uncertainty due to the variability in the sulfur content of this
fuel. The enhanced sulfur retention affects the composition of process ashes and deposits, with
significantly higher SO3 contents and greater degrees of sulfation of the respective oxy-fuel
samples from lignite combustion and only slight alterations for the hard coal. For the lignites,
the increase in sulfur content and ash sulfation degrees was most pronounced in finer ash
fractions removed by the ESP system, with the increase in the bottom ash being less prominent.
An issue that was observed in one of the oxy-fuel experiments is that combustion instabilities,
which caused short term oxygen deficiencies in the furnace, did strongly influence the SO2

emission behavior of the oxy-fuel fired system, producing significant SO2 emission peaks and
reducing the sulfur retention in the ash. An optimization of the combustion system and the
utilization of a sufficient oxygen excess can help to avoid this. Increased sulfate contents
of process ashes from oxy-fuel combustion may influence the utilization of coal combustion
by-products since the respective SO3 limits for ashes are low and will likely not be kept with
oxy-fuel combustion if fuels have even only a low sulfur retention potential in their ash (i.e.
if they contain some calcium, magnesium, sodium, and/or potassium). The compositions of
process ashes from oxy-fuel combustion in the 500 kW test facility were similar to the ones
from Vattenfall’s 30MW oxy-fuel pilot plant “Schwarze Pumpe” and hence, the smaller scale
experimental results from KSVA, in this context, seem to be transferable to larger scale industrial
systems.
An analysis of fly ashes and deposits sampled from the furnaces of the 500 kW facility KSVA in
air and oxy-fuel operation and from the 30MW oxy-fuel pilot plant “Schwarze Pumpe” showed
that higher SO3 contents and higher extents of sulfation were present also in the oxy-fuel
samples from combustion of lignites. No other significant changes between the samples from
air and oxy-fuel combustion and between the samples from the two test facilities were observed.
Uncooled oxy-fuel deposit samples from these tests that represent outer heat exchanger deposit
layers and were considerably more sulfated at higher temperatures in oxy-fuel operation,
indicate that the temperature level at which fouling by sulfatic deposits occurs and may be
problematic seems to be shifted to higher temperatures in oxy-fuel combustion. Moreover,
sintering of deposits by sulfation may be more pronounced. Cooled deposits from lignite
combustion experiments at KSVA had already a high degree of sulfation in air firing and the
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differences in respect to sulfation to the cooled oxy-fuel samples were small. Deposits from air
and oxy-fuel combustion of a hard coal that had a relatively low earth alkali content did not
show a considerable increase in the SO3 level. This indicates that higher SO2 concentrations
in oxy-fuel combustion do not necessarily affect boiler deposits and the oxy-fuel deposition
behavior in this context is highly fuel specific.
Theoretical considerations about the oxy-fuel recycle combustion process indicate that the
higher sulfate stability and the recirculation of flue gases enhance the desulfurization per-
formance compared to conventional air firing. One can take advantage of this effect when
employing a desulfurization system within the oxy-fuel recycle loop. The simplest method to
do so is by injection of dry powdered sorbents. Within this thesis, comprehensive experiments,
studying DSI with different sorbents (CaCO3 and Ca(OH)2) and injection locations (co-injection
with fuel, injection to the furnace at approx. 1100 ◦C, and upstream of a fabric filter or ESP)
were conducted in air, simulated oxy-fuel, and oxy-fuel recycle combustion. The experiments
were conducted with a high sulfur and chlorine hard coal, which allows for assessment of the
removal efficiencies of SO2, SO3, and HCl. It was shown that in all tested combustion conditions
SO2 capture is most efficient at higher temperatures (i.e. furnace injection at 1100 ◦C), while
the opposite is true for the control of HCl and SO3. The injection location for the sorbent
should thus be selected on basis of the target acid gas species. Nonetheless, one can generally
expect to remove SO2, SO3, as well as HCl at any of the injection locations, however, with
certain differences in the removal efficiencies. An effect that was consistently observed in
oxy-fuel recycle combustion experiments at the 500 kW facility KSVA, but not in simulated
once-through oxy-fuel combustion at the 20 kW test rig BTS-VR, is a significantly enhanced
desulfurization efficiency, compared to air firing. An increase by as much as 29 percentage
points has been observed in the respective experiments that seems to be linked to positive
effects that the oxy-fuel recycle combustion has on the average residence time of SO2 molecules
in the furnace. The impact of the higher sulfate stability in oxy-fuel combustion seems to be of
lower importance. The SO2 capture by injection of CaCO3 and Ca(OH)2 together with the fuel
or to the furnace in oxy-fuel recycle combustion has been proven to be very effective, allowing
a capture of 50 % to more than 80 % of the SO2 at moderate αCa/S levels between 1.7 and 2.9.
Even co-injection of CaCO3 together with the fuel, which is generally considered to be of
relatively low efficiency, reached a SO2 capture efficiency of 73 % (at αCa/S = 3). DSI upstream
an ESP for HCl control reached in a range of 76-78 % HCl reduction (at αCa/2Cl = 1.1-1.9), with
only small differences between combustion modes. Also SO3 could be reduced considerably by
injection of Ca(OH)2 to the furnace and upstream the ESP, even though only a limited number
of measurements in this respect are available.
The results in respect to DSI illustrate that this technology may, due to the considerable
performance increase, be very interesting for application in oxy-fuel recycle combustion. With
minimal investment costs, the technology will allow to capture the bulk of the sulfur within the
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oxy-fuel recycle loop, without excessive flue gas cooling, as with other wet and semi-dry flue
gas cleaning techniques and with only a moderate excess in sorbent. DSI in oxy-fuel recycle
combustion will allow to control gaseous sulfur oxide levels within an oxy-fuel boiler and SO3

levels in the GPH and recycle lines to tolerable levels (e.g. in respect to fouling and corrosion)
and may allow to avoid wet FGD systems completely if the remaining SO2 can be removed
before, during, or after compression in the CPU system.
Experimental investigations on the formation of SO3 in air and simulated oxy-fuel combustion
showed that higher SO2 levels are the most important parameter responsible for the higher
SO3 concentrations in oxy-fuel operation. Other fuel specific parameters, such as the content
of iron oxides and of earth alkalis in the ash that are often considered to play an important role
in respect to SO3 formation, did not show a consistent impact. In the conducted experiments,
only the alkali content consistently showed a negative correlation to the observed SO3 levels.
Experiments with fuels having a certain SO3 self-retention potential indicate that a saturation
of their ash by sulfation with the increased SO2 and SO3 levels in oxy-fuel combustion may lead
to a considerable increase of the net SO2 to SO3 conversion efficiency in oxy-fuel compared to
air firing.

Recommendations for further work: On basis of the results and observation of this thesis,
a number of research topics for further studies can be defined. The most noteworthy ones are
listed below:
1. Within this thesis it was shown that high SO2 levels in oxy-fuel combustion (about 2.9 to
3.5 times higher than in air firing of the same fuel) stabilize sulfates, in particular CaSO4, at
higher temperatures. This implies that the sulfate stability in oxy-fuel combustion of a lower
sulfur fuel (e.g. 1 · 10−2 kg

kg ) is comparable to the stability when combusting a high sulfur fuel

(e.g. 3 · 10−2 kg
kg ) in air firing. It can by assumed that sulfate stabilities of such lower sulfur

fuels in oxy-fuel combustion can hence be tolerated and boiler cleaning can be handled by
standard equipment used in air firing, such as soot blowers. This statement is also in agreement
to the opinion of power plant manufacturers [143, 144]. Experimental results from pilot and
demonstration plants that were mostly operated with low sulfur fuels support this statement
since form such plants no excessive problems by sulfatic fouling was reported. However, it
is unclear whether somewhat higher sulfur levels (i.e. up to 1.5 to 2 · 10−2 kg

kg ) with higher
sulfate stabilities would still be tolerable in long term oxy-fuel operation without recycle gas
desulfurization. To date no clear maximum tolerable SO2 level in oxy-fuel boilers can be given.
Such information would be useful in the design of oxy-fuel power plants, e.g. to enable a sound
decision in respect to the necessity of recycle gas desulfurization and to its extent. Future
long term demonstration activities involving oxy-fuel operation of actual power boilers will
help to enhance the understanding of the process limitations in respect to SO2 levels in the
boiler. If possible, in such cases, fuels with sulfur contents in the range of 1 to 2 · 10−2 kg

kg should
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be tested and the boiler operation should be evaluated in respect to fouling issues and also
corrosion to identify limitations. Also higher sulfur fuels could be tested in combination with
different extents of recycle gas desulfurization. In addition, oxy-fuel power boiler simulations
that include sub-models simulating fouling by sulfates could help to gain a better understanding
on this issue.
2. The experiments with injection of dry CaCO3 and Ca(OH)2 showed that in oxy-fuel combus-
tion, DSI can achieve much better desulfurization performances than in air firing. Different to
conventional air fired systems it may hence be economically viable that DSI can be applied
to remove a large fraction of the acid gases present in oxy-fuel flue gases. The application of
DSI may be interesting due to the technology’s relatively low investment costs, which may
be particularly beneficial for future oxy-fuel power plants running at low capacity factors. To
better understand the economics of the application of DSI in oxy-fuel power plants, process
configurations with combinations of desulfurization equipment (e.g. DSI, DeSOx during com-
pression and condensate knock-out and DeSOx after compression) should be developed and
assessed by conducting detailed process simulations and economic analyses of such systems.
The assessment could consider different fuel sulfur contents and associated sorbent and by-
product disposal costs, different power plant capacity factors and if possible costs linked to
increased fouling when DSI is applied to boilers. Also case studies for greenfield, brownfield and
retrofit oxy-fuel projects would be sensible. On that basis an economic benchmarking against
other DeSOx configurations (e.g. using CDS, SDA or WFGD systems) could be conducted to
identify optimal solutions for desulfurization in oxy-fuel power plants. The experimental data
and results of this thesis are an ideal basis for such a study.
3. The experiments conducted in respect to SO3 formation and control indicate a coal specific
increase of the SO2 to SO3 conversion ratio with increasing SO2 levels. This increase was
observed for coals with a certain sulfur retention potential in their ash. It may be related
to a saturation of the sulfur retention potential if high SO2 and SO3 levels are present in
the combustion environment as is the case in oxy-fuel operation. The effect could cause
unexpectedly high SO3 levels and associated operational problems in oxy-fuel combustion and
is therefore worthwhile to be studied further. This saturation hypothesis could be validated
in dedicated experiments: One could test a low alkali and earth-alkali coal that is doped with
additional alkalis/earth-alkalis. When this fuel is combusted, the generation of SO3 should
be considerably reduced compared to the undoped fuel and the SO2 to SO3 conversion ratios
should be reduced. When in additional combustion experiments with the alkali/earth-alkali
doped fuel, the SO2 level is increased by addition of SO2 to the oxidant, increasing SO2 to SO3

conversion ratios should be observed. A similar experiment could involve the combustion of a
high alkali and/or earth-alkali coal in atmospheres that are doped with various levels of SO2.
Also in these experiments, rising SO2 to SO3 conversion ratios should be observed with an
increase of SO2. In both cases, this conversion ratio might approach a more or less constant
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value at higher levels of SO2 when the ash is fully deactivated for further SO3 capture and
hence, the SO3 retention in the ash becomes small.



A Apendices

A.1 Complementary phase diagrams for solid compounds
without sulfur

The following phase diagrams complement figures 4.3 and 4.4 which are introduced in chapter
4.1.2. For the two considered ash systems (i.e. CaO and Fe2O3 and CaO, Fe2O3, and SiO2), these
figures present details on thermodynamically stable solid ash compounds in simulated air and
oxy-fuel atmospheres that do not contain sulfur.
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Figure A.1: Thermodynamically stable solid phases without sulfur in a system with CaO
and Fe2O3 in atmospheres of L3 lignite air and oxy-fuel combustion (solid phases plotted
with opacity, i.e. darker gray areas indicate coexisting solid phases; gaseous phases are
not shown; this diagram complements figure 4.3 on p. 90).
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Figure A.2: Thermodynamically stable solid phases without sulfur in a system with CaO,
Fe2O3, and SiO2 in atmospheres of L3 lignite air and oxy-fuel combustion (solid phases
plotted with opacity, i.e. darker gray areas indicate coexisting solid phases; gaseous phases
are not shown; this diagram complements figure 4.4 on p. 91).
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A.2 Detailed SEM-WDX elementmaps of deposit samples

On the following pages, additional SEM-WDX element maps that include elements not shown
in the main part of this thesis and complement the respective figures 4.10 and 4.17 are shown.
The SEM images 4.10, A.3, A.4, A.5 and A.6 were recorded with the magnification and are
printed here in a slightly larger scale. The same is the case for figures 4.17, A.7 and A.8.

Fe Mg Ca

S Si Al

K Na Ti
Figure A.3: SEM-WDX element maps of uncooled deposits sampled in sulfate stability
tests at BTS-VR (ϑProbe = 1100 ◦C, ySO2,wet = 750 · 10−6 m3

m3 ; this figure complements figure
4.10a and was recorded at the same magnification but is plotted here in a slightly larger
scale).
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Fe Mg Ca

S Si Al

K Na Ti
Figure A.4: SEM-WDX element maps of uncooled deposits sampled in sulfate stability
tests at BTS-VR (ϑProbe = 1200 ◦C, ySO2,wet = 750 · 10−6 m3

m3 ; this figure complements figure
4.10b and was recorded at the same magnification but is plotted here in a slightly larger
scale).
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Fe Mg Ca

S Si Al

K Na Ti
Figure A.5: SEM-WDX element maps of uncooled deposits sampled in sulfate stability
tests at BTS-VR (ϑProbe = 1100 ◦C, ySO2,wet = 5530 · 10−6 m3

m3 ; this figure complements figure
4.10c and was recorded at the same magnification but is plotted here in a slightly larger
scale).
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Fe Mg Ca

S Si Al

K Na Ti
Figure A.6: SEM-WDX element maps of uncooled deposits sampled in sulfate stability
tests at BTS-VR (ϑProbe = 1200 ◦C, ySO2,wet = 5530 · 10−6 m3

m3 ; this figure complements figure
4.10d and was recorded at the same magnification but is plotted here in a slightly larger
scale).
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Fe Mg Ca

S Si Al

K Na Ti
Figure A.7: SEM-WDX element maps of uncooled deposits sampled at a flue gas temper-
ature ϑFG of 1095 ◦C (at Lev11) in air firing of lignite L2 at KSVA (this figure complements
figure 4.17 and was recorded at the same magnification but is plotted here in a slightly
larger scale).
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Fe Mg Ca

S Si Al

O Na Ti
Figure A.8: SEM-WDX element maps of uncooled deposits sampled at a flue gas tem-
perature ϑFG of 1055 ◦C (at Lev11) in oxy-fuel firing of lignite L2 at KSVA (this figure
complements figure 4.17 and was recorded at the same magnification but is plotted here
in a slightly larger scale).
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A.3 SEM-EDX particle analyses of samples from Vatten-
fall’s oxy-fuel pilot plant

Figure A.9 shows analyses of characteristic fly ash and deposit particles sampled from the
furnace (level 4 and level 8) of Vattenfall’s “Schwarze Pumpe” oxy-fuel pilot plant. For these
analyses typical particles found in those samples have been selected and were characterized
according to their morphology. Sub-figure A.9a shows analyses that were done at different
locations of characteristic calcium and iron rich spherical particles with a sulfur rich shell (see
figure 4.17 for some examples of such particles). In this sub-figure, spot analyses of the sulfur
and calcium rich shell, of a calcium depleted and iron enriched area just below this shell and of
the calcium, iron, and sulfur rich core of larger of these particles are included. It is assumed
that these particles’ core composition is representative to the original bulk composition of
such ash particles (see [42] for more details). In sub-figure A.9b, other characteristic particle
categories that contained no sulfur and were found in the deposit and ash samples are plotted.
Those are, spherical particles and deformed particles that built bridges between other particles,
and irregular silicon rich particles that are assumed to origin from sand contained in the fuel.
To be able to plot the compositions determined in spot analyses in ternary SiO2, Fe2O3, and
CaO diagrams, they had to be normalized to 100 · 10−2 kg

kg disregarding all other components
besides SiO2, Fe2O3, and CaO. In this context, only individual particle spot analyses were
used for which the sum of the ash oxides of SiO2, Fe2O3, CaO, and SO3 was above 75 · 10−2

kg
kg .

For comparison, also the fuel’s ash analysis is plotted here. All the spot analyses have been
conducted by SEM-EDX.
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Figure A.9: Composition of characteristic particles from deposits and fly ashes sampled
from Vattenfall’s oxy-fuel pilot plant (a: spot analyses of different locations of characteristic
calcium and iron rich spherical particles with sulfur rich shell; b: other characteristic spher-
ical and deformed particles that contained no sulfur). The compositions were determined
by SEM-EDX spot analyses. Those have been normalized to 100 · 10−2 kg

kg disregarding
all other components besides SiO2, Fe2O3, and CaO. In this context, only particle spot
analyses were used, for which the sum of the ash oxides SiO2, Fe2O3, CaO, and SO3 was
above 75 · 10−2 kg

kg . For comparison, also the fuel’s ash composition is plotted.
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A.4 Air and oxy-fuel gas concentration trends

The following plots complement figures 4.19 and 4.20 that are introduced in chapter 4.2.1.4. In
figures A.10 and A.13, scatter plots of SO2 and CO versus O2 concentrations measured at the
end of KSVA’s furnace in air and oxy-fuel combustion tests with lignite L1 and measured after
ESP in oxy-fuel combustion of lignite L3 at the “Schwarze Pumpe” pilot plant are shown. The
concentrations ySO2 and yCO in these plots are not recalculated to a reference O2 concentration.
The measured concentration trends over time that were used to prepare the scatter plots 4.19,
A.10, 4.20, and A.13 are presented in figures A.11, A.12, and A.14.
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Figure A.10: Scatter plots of ySO2 (a) and yCO (b) vs. yO2 measured at KSVA’s furnace exit
in lignite L1 air and oxy-fuel combustion. Plots show data of 2 h of operation for each
combustion setting. The concentrations ySO2 and yCO are not recalculated to the same
O2 concentration yO2 . ySO2 axes are scaled to represent between 70 % and 110 % of the
theoretical maximum SO2 concentrations in lignite L1 air and oxy-fuel combustion with
an outlet O2 level of 4 · 10−2 m3

m3 , dry (this plot complements figure 4.19).
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Figure A.11: Concentration trends for SO2, CO, and O2 measured during 2 h of air firing
of lignite L1 (this plot complements figure 4.19).
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Figure A.12: Concentration trends for SO2, CO, and O2 measured during 2 h of oxy-fuel
firing of lignite L1 (this plot complements figure 4.19).
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Figure A.13: Scatter plots of ySO2 (a) and yCO (b) vs. yO2 measured after ESP during
lignite L3 oxy-fuel combustion at the “Schwarze Pumpe” pilot plant. Plots show data
of 2 h of operation. The concentrations ySO2 and yCO are not recalculated to the same
O2 concentration yO2 . ySO2 axes are scaled to represent between 65 % and 80 % of the
theoretical maximum SO2 concentrations in oxy-fuel combustion of lignite L3 with an
outlet O2 level of 7 · 10−2 m3

m3 , dry (this plot complements figure 4.20).
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Figure A.14: Concentration trends for SO2, CO, and O2 measured during 2 h oxy-fuel
firing of lignite L3 at the “Schwarze Pumpe” pilot plant (this plot complements figure 4.20).
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A.5 Experiences with Ca(OH)2 injection to oxy-fuel fired
processes

In an oxy-fuel process, it is preferable to use CO2 as a sorbent dispersion and carrier gas to
avoid dilution of the CO2 concentration in the generated flue gas by N2 contained in the sorbent
carrier gas (e.g. air). In this context, N2 is particularly problematic since it requires a relatively
high energetic effort to be separated from the CO2 rich oxy-fuel flue gas. It is well known that
a good dispersion and distribution of sorbents within a boiler or gas duct is the key to enable
an efficient reaction of dry sorbents with the impurities contained in the flue gas. As described
in section 3.3.3, systems for sorbent injection applied in this thesis use Venturi nozzles to
accomplish a good sorbent dispersion. In first preliminary dispersion tests, suitable operational
parameters (i.e. optimal gas flows and nozzle pressures) of the used dispersion systems were
determined and validated in cold model experiments. These tests revealed that Ca(OH)2 based
sorbents cannot be used in combination with CO2 as carrier and dispersion gas. The reason for
this is the very fast reaction between Ca(OH)2 and CO2 at ambient temperature, according to
the following equation:

Ca(OH)2 + CO2 CaCO3 + H2O (A.1)

The Ca(OH)2 sorbent in the feeder and dispersion nozzle reacts rapidly when in contact with
gaseous CO2 becoming sticky (presumably due to the moisture formation) and forming a
sintered compound that blocks nozzles and pipes within seconds. In contrast, feeding a CaCO3

based sorbent by CO2 was unproblematic. As a consequence, all tests using Ca(OH)2 based
sorbents conducted for this thesis were carried out with compressed air for sorbent dispersion
and injection. Experiments at KSVA with CaCO3 used compressed air for air fired and CO2 for
oxy-fuel fired experiments. An injection of Ca(OH)2 based sorbents without dilution of the
flue gas by N2 may yet be possible applying dedicated technical solutions that can minimize
problematic flue gas dilution by N2. Possible solutions may be, the use of steam as carrier gas
that can be easily condensed in downstream unit operations, the use of pure oxygen that can
react with the fuel to form H2O and CO2, or avoiding carrier gases almost completely (e.g. by
using systems based on the concepts of dense phase conveying).
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A.6 Sorbent feed rates and measured gas concentrations
in DSI experiments

The following tables A.1, A.2, A.3, and A.4 summarize data on sorbent feed rates and O2, CO2,
CO, SO2, HCl, and SO3 concentrations measured during DSI experiments at BTS-VR and KSVA
test rigs. The concentration values are not corrected for dilution by air/oxygen but are listed
as they have been originally measured. The moisture concentration during the experiments
at BTS-VR (measured by FTIR) was approx. 5.5 · 10−2 m3

m3 , wet and approx. 20 · 10−2 m3

m3 , wet
in air and oxy-fuel experiments, respectively while at KSVA it was about 7 · 10−2 m3

m3 , wet and
13 · 10−2 m3

m3 , wet.
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Table A.1: Sorbent feed and gas concentrations measured after filter in CaCO3 DSI
experiments at BTS-VR (concentrations are not O2 corrected).

ṀSorb αCa/S αCa/2Cl ȳO2,dry ȳCO2,dry ȳCO ,dry ȳSO2,dry ȳHCl ,dry

So
rb
.

In
je
c.

M
od

e

g
h

mol
mol 10−2 m3

m3 10−6 m3

m3

C
aC

O
3

co
-i
nj
ec
ti
on

ai
r

0 0.0 0.0 3.9 14.9 1.5 1600.0 214.4

44 0.5 2.0 3.9 14.9 1.2 1349.8 210.4

108 1.3 5.0 3.9 14.9 2.1 1141.7 202.2

162 2.0 7.5 3.6 15.2 2.0 1061.0 199.8

200 2.5 9.3 3.8 15.1 2.2 911.1 190.5

335 4.1 15.5 4.1 14.9 2.0 613.0 152.6

O
2/
C
O

2

0 0.0 0.0 3.0 73.0 36.3 4953.6 450.6

48 0.2 1.2 3.1 75.0 28.5 4495.4 444.5

106 0.5 2.7 3.3 75.2 30.5 4124.5 438.2

183 0.9 4.7 3.7 70.4 23.2 3226.1 407.6

313 1.5 8.0 3.1 73.7 25.7 2942.0 400.0

fu
rn
ac
e

ai
r

0 0.0 0.0 4.3 14.2 13.9 1484.0 191.2

34 0.4 1.5 4.3 14.4 13.6 1301.2 188.2

61 0.7 2.7 4.1 13.2 13.8 1129.1 186.4

128 1.5 5.7 4.6 12.7 10.8 753.2 158.9

160 1.8 7.0 4.2 13.6 9.0 645.6 156.5

200 2.3 8.8 4.4 14.4 10.4 507.4 154.6

O
2/
C
O

2

0 0.0 0.0 3.0 73.5 54.6 4377.9 366.9

44 0.2 1.3 3.7 74.4 45.7 3813.5 366.7

68 0.3 2.0 3.9 74.5 45.8 3552.0 368.2

108 0.5 3.2 3.7 74.9 47.9 3279.6 361.4

168 0.8 4.9 3.4 75.3 48.0 2956.2 359.4

288 1.4 8.5 3.8 74.5 49.1 2245.8 331.7

358 1.8 10.5 3.4 75.4 49.1 2080.9 331.5

445 2.2 13.1 3.2 74.2 54.9 1734.1 323.4
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Table A.2: Sorbent feed and gas concentrations measured after filter in Ca(OH)2 DSI
experiments at BTS-VR (concentrations are not O2 corrected).

ṀSorb αCa/S αCa/2Cl ȳO2,dry ȳCO2,dry ȳCO ,dry ȳSO2,dry ȳHCl ,dry

So
rb
.

In
je
c.

M
od

e

g
h

mol
mol 10−2 m3

m3 10−6 m3

m3

C
a(
O
H
) 2

co
-i
nj
ec
ti
on

ai
r

0 0.0 0.0 4.0 14.5 2.3 1524.2 218.2

24 0.4 1.6 4.0 14.4 1.9 1440.2 217.9

66 1.2 4.3 3.8 14.6 2.0 1351.6 215.7

117 2.0 7.5 4.0 14.4 1.9 1158.3 206.4

141 2.5 9.1 3.9 14.5 1.9 1071.4 202.9

O
2/
C
O

2

0 0.0 0.0 3.1 69.6 21.5 4838.5 391.9

30 0.2 1.2 3.1 69.1 21.3 4710.7 393.1

76 0.5 3.0 3.3 68.7 21.3 4460.3 391.5

126 0.8 4.9 3.6 68.3 21.0 4067.6 383.9

192 1.2 7.5 3.0 70.2 22.0 3972.6 388.1

fu
rn
ac
e

ai
r

0 0.0 0.0 4.3 14.2 13.1 1575.9 183.4

22 0.4 1.6 4.2 13.9 9.0 1242.4 174.7

58 0.8 3.2 4.2 13.8 9.1 972.7 156.3

84 1.2 5.1 4.4 13.4 9.8 726.8 145.9

116 1.5 6.4 4.3 13.5 9.2 567.2 138.0

163 2.3 9.9 4.5 13.4 9.1 257.6 101.8

165 2.3 10.0 4.3 13.5 9.4 165.4 88.6

188 2.7 11.4 4.5 13.3 8.8 147.3 81.4

O
2/
C
O

2

0 0.0 0.0 3.0 73.4 56.8 4430.9 376.7

33 0.2 1.3 3.0 73.8 58.4 3662.5 368.2

42 0.3 1.6 3.0 74.0 55.5 3467.6 364.7

84 0.5 3.2 3.4 73.6 48.2 3004.5 341.9

106 0.7 4.1 3.0 74.1 50.3 2768.1 341.3

134 0.9 5.1 3.1 74.1 52.0 2500.3 336.0

181 1.2 6.9 3.0 73.9 55.3 2160.7 331.2
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Table A.3: Sorbent feed and gas concentrations measured after filter in Ca(OH)2 DSI
experiments at BTS-VR (concentrations are not O2 corrected).

ṀSorb αCa/S αCa/2Cl ȳO2,dry ȳCO2,dry ȳCO ,dry ȳSO2,dry ȳHCl ,dry

So
rb
.

In
je
c.

M
od

e

g
h

mol
mol 10−2 m3

m3 10−6 m3

m3

C
a(
O
H
) 2

fil
te
r

ai
r

0 0.0 0.0 5.7 12.6 9.2 1468.3 183.2

3 0.1 0.3 5.6 12.6 13.0 1471.8 127.5

9 0.2 0.7 5.8 12.5 9.4 1441.5 87.5

12 0.3 1.0 5.6 12.6 9.5 1441.6 73.1

17 0.4 1.5 5.8 12.5 8.2 1383.2 43.6

36 0.8 3.0 5.7 12.6 7.1 1287.9 3.0

70 1.5 5.9 5.8 12.9 7.4 1066.1 0.2

O
2/
C
O

2 0 0.0 0.0 2.8 76.8 62.5 4604.9 395.2

3 0.03 0.2 2.6 79.6 36.3 4455.4 363.3

7 0.05 0.3 3.0 77.5 37.4 4391.8 277.1
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Table A.4: Sorbent feed and gas concentrations measured after ESP in DSI experiments
at KSVA (concentrations are not O2 corrected).

ṀSorb αCa/S αCa/2Cl ȳO2,dry ȳCO2,dry ȳCO ,dry ȳSO2,dry ȳHCl ,dry

So
rb
.

In
je
c.

M
od

e
g
h

mol
mol 10−2 m3

m3 10−6 m3

m3

C
aC

O
3

co
-i
nj
ec
ti
on

ai
r

0.00 0.0 0.0 4.2 14.6 92.5 1502.4 199.1

2.00 0.8 3.2 4.9 14.1 61.8 1150.3 196.4

4.50 1.9 7.1 5.1 14.0 42.7 858.0 179.0

6.50 2.7 10.3 4.3 14.7 60.3 684.9 182.6

ox
y

0.00 0.0 0.0 4.6 78.7 80.9 4709.0 611.8

2.00 0.9 3.5 3.2 80.0 81.3 3612.2 588.5

4.50 2.1 7.9 3.3 80.2 86.7 2334.9 524.7

6.50 3.0 11.5 4.5 85.6 87.6 1269.8 506.4

fu
rn
ac
e

ai
r

0.00 0.0 0.0 4.2 14.4 68.0 1433.7 211.2

2.00 0.9 3.0 4.3 14.4 58.3 1094.5 202.3

4.50 2.0 6.7 4.4 13.8 64.5 750.8 180.1

6.50 2.9 9.7 4.6 13.7 63.8 604.7 171.9

ox
y

0.00 0.0 0.0 4.5 85.3 93.4 4775.9 552.5

2.00 0.9 3.9 4.7 85.2 94.0 2963.8 519.9

4.50 2.0 8.8 5.4 85.5 101.6 1510.2 480.4

6.50 2.9 12.7 5.5 83.1 105.1 845.9 417.1

C
a(
O
H
) 2

fu
rn
ac
e

ai
r

0.00 0.0 0.0 3.6 14.1 36.5 1458.2 206.3

0.75 0.4 1.6 3.8 13.8 36.8 1186.3 199.9

1.70 1.0 3.6 3.8 14.2 44.7 930.3 193.4

2.70 1.6 5.8 4.1 13.7 44.9 797.6 185.1

ox
y

0.00 0.0 0.0 5.7 77.4 134.8 4537.9 529.3

0.75 0.5 - 4.8 77.8 134.6 3262.1 -

1.70 1.1 4.6 5.6 75.4 89.8 1831.3 481.4

2.70 1.7 7.4 5.2 77.6 91.7 1221.1 459.7

ES
P

ai
r

0.00 0.0 0.0 4.3 14.2 45.9 1469.4 223.9

0.40 0.2 0.8 4.7 14.0 42.5 1422.9 127.6

0.60 0.3 1.1 4.9 13.9 43.2 1386.1 73.6

0.90 0.5 1.7 4.4 14.4 41.8 1387.9 48.4

ox
y

0.00 0.0 0.0 5.1 76.2 86.3 4967.5 518.4

0.45 0.3 1.3 5.2 76.2 103.1 4954.0 243.2

0.70 0.4 1.9 5.4 76.4 90.9 4733.6 124.0

1.00 0.6 2.8 5.3 75.4 97.9 4038.6 76.7
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A.7 Calculation of SO2 specific Ca(OH)2 consumption and
by-product generation

The sorbent consumption and by-products generation can also be related to the production of
SO2 in a combustion system. The production of SO2 can be determined directly from the flue
gas production and raw gas SO2 measurements at a combustor. Equations A.2 and A.3 show
how the SO2 specific values ξ SO2

sorb
and ξ SO2

byprod ,i were calculated.

ξ SO2

sorb
=
Ṁsorb

ṀSO2

(A.2)

ξ SO2

byprod ,i =
ηsorb,iṀsorb

ṀSO2

MM ,byprod ,i

MM ,sorb
(A.3)

Analog to the considerations in section 4.2.2.4, ξ SO2

sorb
and ξ SO2

byprod ,i have been exemplary calculated
on basis of the air and oxy-fuel experiments with injection of Ca(OH)2 to the furnace of the
500 kW facility KSVA. In the air and oxy-fuel experiments, ṀSO2 reached 1.33 kg

h and 1.34 kg
h ,

respectively. The results of SO2 specific sorbent consumption and by-products generation ξ SO2

sorb

and ξ SO2

byprod ,i are plotted in figures A.15 and A.16, respectively.
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Figure A.15: SO2 specific sorbent consumption ξ SO2

sorb
versus SO2 capture efficiency ηSO2

for injection of Ca(OH)2 to the furnace of the 500 kW facility KSVA for air and oxy-fuel
combustion of coal C4. Values of ξ SO2

sorb
that have been determined on basis of experi-

mental data are marked by symbols. Dashed (air) and dotted (oxy-fuel) trendlines were
approximated by a 2nd order polynomial fit of these results.
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Figure A.16: SO2 specific by-product generation ξ SO2

byprod ,i versus SO2 capture efficiency
ηSO2 and associated outlet SO2 concentrations ySO2,dry for injection of Ca(OH)2 to the
furnace of the 500 kW facility KSVA for (a) air and (b) oxy-fuel combustion of coal C4.
Values of ξ SO2

byprod ,i that have been determined on basis of experimental data are marked by

“x”. In addition, trends were plotted that are approximated by a 2nd order polynomial fit of
the experimental results.
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