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Problems of Mathematical Modelling of Industrial Fixed- bed Reactors* 

Gerhart Eigenberger and Wilhelm Ruppel·· 

Modelling and computer simulation for the purpose of design and operation of industrial fixed-bed 
reactors are discussed with the aid of examples. Emphasis is laid upon difficulties and problems arising 
from aiming at an adequate model formulation. The following aspects are discussed in some detail: 
1) The influence of heat and mass transport in the catalyst pellet. especially with complex reactions. 
2) Relationships between radial heat transfer and radial flow proftIe and its influence upon the tempera
ture proftIe in packed tubes with or without heat generation by reaction. 3) Problems of adequate 
modelling of catalyst activity changes during the course of operation. 4) Scale-up problem ofmultitubu
lar fixed-bed reactors. i.e. the problem of achieving and maintaining the same operating conditions 
in and around all the tubes of the bundle. 

1. Introduction 

Considerable progress has been achieved in recent years in mathe
matical description of the behaviour of fixed-bed reactors. The state 
of art is described in detail in textbooks [1-3] and review articles 
[4 - 6]. The object of this contribution is to point out a number of 
dilliculties and problems arising when such mathematical models 
are used for calculation of industrial fixed-bed reactors. 

In addition to the difficulties of a feasible description of the chemi
cal reaction. which is referred to in [7]. four different problem areas 
are usually encountered in practical work. These will be discussed 
in the following with the aid of examples. They are: 

the influence of heat and mass transport on the reaction in a 
catalyst pellet. especially with a complex reaction. 
the problem of heat and mass transport in packed tubes with 
exothermic chemical reaction. especially the influence of a ra
dial flow profile. 
the problem of modelling changes in the activity of the catalyst 
during operation. and 
the scale-up problem for multitubular reactors. i.e. the question 
of how to ensure the same operating conditions over the whole 
cross-section of an industrial-scale reactor. 
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The discussion follows this list and leads from an individual catalyst 
pellet via packed single tube to multitubular reactor of industrial 
dimensions. 

2. Influence of Heat and Mass Transport in the Individual 
Catalyst Pellet 

The significance of the resistance to heat and mass transport be
tween the gas and the catalyst surface and within the catalyst pellet 
to the conversion and selectivity of a heterogeneously catalyzed 
reaction has been known for a long time and is discussed in detail 
in the literature [1- 3. 8]. In order to eliminate. distortion. due to 
transport effects. care is taken in the investigations of reaction Iu
netics. by ensuring suitable experimental conditions. that the rates 
of heat and mass transport are high. compared to the rate of reac
tion. There are a number of criteria given in literature for the estt
mation of this "kinetically controlled" experimental range (e.g. in 
[3]. p. 190 ff.). 

However. operating conditions for industrial fixed-bed reactors are 
often different. Due to pressure to produce higher conversions per 
catalyst volume. the developers of catalysts endeavour to make 
catalysts of higher activity with the result that most industrial 
catalysts are also used in the operating ranges in which the rate of 
reaction is high in comparison with the rates of mass and heat trans
port. In addition. industrial operation is characterized by high flow 
velocities in the packed bed. relatively large catalyst pellet di
ameters (3 to IO mm) and relatively good thermal conductivity of 
the catalyst mass compared to that of the flowing gas. Under these 
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conditions. the constraints by pore diffusion and external heat trans
fer resistance are dominant in relation to the other transport 
resistances . 

In spite of its great significance. the transport restriction in industri
al catalysts was in the past normally taken into account only in the 
form of a constant correction factor. the so-called effectiveness fac
tor. The following examples will show that this approach can lead 
to fundamental effects remaining unconsidered or being falsely in
terpreted. First. let us consider the synthesis of phosgene. In 
presence of active carbon. it occurs vinually without formation of 
any by-products. in accordance with Eq. (I): 

Ch + CO ~ COCh + 110 kJ fmol. (I) 

In practice. the strongly exothermic reaction is carried out in cooled 
multitubular reactors; it starts at temperatures below 100 °C; above 
300 °C the reverse reaction (phosgene dissociation) increases in im
portance. Fig. la shows the calculation results for gas concentra
tions. temperature and rate of reaction plotted against the pellet 
radius for a single catalyst pellet in the main reaction zone. The cal
culation was carried out taking full account of multicomponent 
diffusion using the dusty-gas model [9]. with the parameters given 
in Table 1. It can be seen that the composition of the flowing gas 
was selected to be almost stoichiometric. In spite of this. the ratio 
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Fig. 1. a) Plots of temperature T. partial pressure Ph and rate of reactIOn r 
against the pellet coordinate x for a single catalyst pellet 10 the main reaction 
zone; b) modelling and computation scheme of the heterogeneous plug flow 
model with reactor length as the z coordinate and the pellet coordmate x 
(Rp pellet radius). 
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Table 1. Model parameters for the calculated example of phosgene synthe
sis (Figs I and 2); R universal gas constant, MJ molar mass, kp equlhbnum 
constant, k(n. A(n rate constants 

Catalyst: active carbon 
single pellet diameter. dp 4mm 
mean pore radIus: rp 20 A 
tortuosity factor T 8 
porosity: Ii 0.5 
thermal conducuvity: Ap 0.25 W/mK 

Transpon coefficients: 

- Knudsen diffusion accordmg to [3) DKa = ~r flRr 
J 3P'\j-;~: 

- binary diffusion coefficient accordmg to Chapman, Enskog (compare 
(30)) 

- transport equation accordmg to the dusty-gas model 10 the formulatIOn 
by Jackson [9) 

Kinetics (accordmg to Shapauna et all: 
Krner. Catal. (USSR) 17 (1976) p. 5591)' 

[km I] PCI2PCO - -k1 
Plon r ~ = k(7) ____ ~_....::Jrl!.__.::..2 --~,-

kg s 02S (A (7) )0 7S (A(n Pw + Pc 0<:1 ) -- +Pu 
2 kp 2 

with k(7) 

A(7) 

Inkp 

10- 7 e-·ll • fT 

5 x 10 - le - '170fT 

-16.89+01337 x 10' 1 + 0.3786 X 10- 1 T -
T 

-0.25 X 10- 7 T2 
(PJ in bar, Tin K) 

pco / PCI2 differs the more from I, the deeper the penetration into 
the pellet. The reason for this is the severe restriction of the diffu
sion of the larger CIz molecule, with the result that CIz is removed 
by the reaction faster than it can be replaced by diffusion. In Fig. I 
this leads to the situation where, in the centre of the pellet (x = 0), 
CIz disappears and the rate of reaction falls to zero. 

The behaviour of an indiVidual catalyst pellet is of less practical in
terest than that of the whole reactor. In the Simplest form, the over
all behaviour of the reactor, with the inclusion of the single pellet 
reaction, can be described by the so-called heterogeneous axial plug 
flow model (model B I in the classification used by Froment [10] 
and Hofmann [4]). Fig. lb shows the corresponding modelhng and 
computation scheme. The model equation for convection transport 
in the gas phase is discretized along the reactor axis z, in the usual 
manner. The discretized gas phase balance equation is solved with 
that of the corresponding catalyst pellet at points along the axis. 

If axial dispersion is disregarded then the overall behaviour of the 
reactor can be calculated in steps starting from z = O. Fig. 2 shows 
the results of such a calculation for the synthesis of phosgene. The 
profile considered in Fig. I turns out to be a section of the complete 
computation at the position z = 0.3. The right-hand edges of the 
profiles in Fig. 2 indicate the conditions in the gas phase. The wcll
defined temperature maximum of the strongly exothermic rcaction 
can be seen. In spite of thIS, the concentrations of the rcactants 
decrease almost linearly, approximately as 10 the case of a zero or
der isothermal reaction. The reason for thi~ is that there is a fairly 
large region Within the catalyst pellet 10 which the rate oj reaction 
disappears. This region can be subdivided into ~ection~ I to III. In 
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Fig. 2. Results of the heterogeneous plug flow model for phosgene syn
thesis. 

section I the rate of reaction is zero because. as discussed above. 
Ch is completely consumed by the reaction. However. in section 
II. Ch increases again. even in the centre of the pellet. The reason 
that. in spite of this. the rate of reaction remains at zero is that. with 
increasing temperature. the reverse reaction sets in and. hence. in 
the centre of the pellet the reaction is already at equilibrium. At the 
lower temperatures of section III. the conditions are the same as in 
I and. not until the temperature falls further. does the rate of reac
tion become so low that Ch can diffuse into the centre of the pellet. 
I! is clear that a (constant) effectiveness factor is not adequate for 
describing this "simple" reaction. 

For the next example of a more complex reaction. let us consider 
the oxidation of propylene to acrolein. Arnzt et aI. [Ill investigated 
this reaction in detail under industrial operating conditions and 
described it by means of a pseudo-homogeneous plug flow model 
(model Alii in the classification of Froment [10] and Hofmann [4]). 
Since their measurements showed that both by-produCts. CO. (CO 
and C02) and acrylic acid (AS). are formed along the reactor with 
finite initial gradient. they had to assume the following. purely 
parallel reaction mechanism (PE propene. AC acrolein): 
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~AC 
PE ~AS 

------,CO 

(2) 

In this way they succeeded in obtaining a good description of the 
reactor's behaviour over the whole range under investigation. An 
example of this is shown in Fig. 3a. 

However. it must be pointed out that the quality of fit is no proof 
of the correctness of the reaction scheme (2). This assertion is illus
trated by Fig. 3b in which the same measurements are matched with 
the following consecutive mechanism: 

~AS 
PE--AC 

~CO 
(3) 

This had to be based. however, on a heterogeneous reactor model 
(type BI) instead of a pseudo-homogeneous model. Fig. 4 shows 
the complete calculation over the pellet radius and reactor length. 
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Fig. 3. a) Measurements of acrolein synthesis and model adaptatIOn WIth 

a pseudo-homogeneous model and the parallel reaction mechanism (2) ac
cording to Arntz et aI. [II); b) calculation with a heterogeneous model and 
the consecutive mechanism (3); PE propene. AC acrolein. AS acrylIc aCId. 
COx"" CO + C02. 
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Fig. 4. Concentration and temperature proftles versus reactor length z and catalyst pellet radius r for the model calculations as shown in Fig 3b. 

It can be seen that with scheme (3) the acrolein formed in the interi
or of the first pellet reacts further to form COx and acrylic acid and 
for this reason both gas concentrations start along the z axis with 
finite initial gradient. 
Reactions which, with pseudo-homogeneous description of the 
fixed-bed reactor, appear as parallel, can therefore in reality be a 
system of consecutive reactions. Here the concept of the simple 
pore effectiveness factor is overtaxed as it clearly cannot transform 
a parallel reaction into a consecutive one. In as far as the reactor 
model is only used for describing the behaviour of a given catalyst. 
the internal reaction mechanism is certainly of no consequence for 
practical application. provided that the measurable temperature and 
concentration behaviour patterns are satisfactorily reproduced. 
However, as soon as the model calculation is used to solve the 
problem of the catalyst's appropriate configuration. the internal 
mechanism becomes of decisive importance. 

However, there is no wish to imply that the available models can 
be used for a "catalyst design" by computer. Neither the detailed 
understanding of various factors influencing the catalyst with 
respect to the course of the reaction on the (inner) surface nor the 
knowledge of the characteristic effects of pore texture on diffusion 
transport are sufficiently developed for this. Nevertheless. the 
model formulation is gaining in importance even for the questions 
of catalyst design, with regard to a qualitative and speculative 
preliminary formulation. 

3. Influence of the Flow Profile in Catalyst-filled Tubes 

Catalyst-filled tubes are characterized by point contact of the 
catalyst pellet at the tube wall and a definite mutual interlocking of 
the pellets in the interior of the bed (Fig. 5a). As a consequence. 
the void fraction (porosity) of the bed increases from a constant 
value in the interior (0.4 for spherical particles) to the value I at 

the tube wall (Fig. 5b). Integral measurements in packed beds of 
spherical particles show a characteristic damped periodic porosity 
profile as illustrated in Fig. 5b. [12 -15). 

Corresponding to the larger free flow cross-sectional area. the mass 
flux (in kg/m2s) is larger in the vicinity of the wall than in the interi
or of the packed bed. This phenomenon. referred to as preferential 
peripheral flow. has been discussed m the past in conjunctIon with 
the question ofradial geat transport in packed beds [16 - 19). The 
present difficulty lies in the fact that so far no satisfactory measure
ment of the radial mass flux profile or of the equivalent superfiCial 
flow velocity has been obtained. (Measurements withm the packed 
bed give considerably differing spot values, those above the bed are 
distorted by rapid radial equalization.) 

A method of Vortmeyer and Schuster (12) has recently been used 
to calculate the superficial velocity profile from the porosity pro
file. The flow calculation is based on an Ergun equation for pres
sure drop in packed beds, extended to include wall effects. If the 
approximated porosity distribution, shown in Fig. 5b is assumed. 
this produces the radial flow profile illustrated in Fig. 5c (normal
ized with the mean void velocity Ii). The preferential peripheral 
flow. according to Vortmeyer. is much more prominent than in the 
flow profile. according to Schwartz and Smith [18. 19). which is 
sometimes used (Fig. 6). 

Fig. 7 shows the effect of the three different flow profiles shown 
in Fig. 6 on the calculation of a heating process (constant wall tem
perature and no reaction) in a tube contaimng a packed bed (20). 
The calculation was carried out with a pseudo-homogeneous. local
ly two-dimensional model without axial conductIon of heat (type 
AlII according to Froment (10) and Hofmann (4». With the excep
tion of the flow profile. all the model parameters are constant (Ta
ble 2); in particular, the same radial thermal conductivity was used 
throughout the calculation. Only the wall heat transfer coeffiCient 
cx. was adjusted in such a way that the same mean final temperature 
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Table 2. Model parameters for the calculated example shown in Figs 7 and 
Sb (according to (20». 

Model equmions: Locally two-dimensional pseudo-homogeneous reactor 
model (type A ill according to (4» without axial diffusion/conduction of 
heat with radially variable flow profile as shown in Figs 6 or Sa. 

Geometrical data: Fig. 7 
tube inner diameter [cm] 6.9 
catalyst pellet diameter [mm] 10 
tube length [m] 0.25 

Physical properties: 
- gas: 

density po [kg/ml] 1.11 
specific heat capacity 
CpO [kl/kgK] 1.0 

- packed bed: 
density [kg/ml] 1000 
effective radial thermal 
conductivity [W ImK] 0.335 
effective radial diffusion 
coefficient [ml/s] 

Operating conditions: 
mean cross-sectional loading G. 
[kg/mls] 0.167 
wall or cooling temperature [0C] 100 
inlet temperature [0C] 20 

inlet concentrations C~ [mol/ml] 

C~ [mol/ml] 

Reaction parameters: 

reaction scheme: A + B -+ C 

rate of reaction [ kmol ] r = k(1)CACD 
kg s 

with k(1) = 10.7 x IOl e -1000/T. Tin K 

CD = C~ - (C~ - CAl 

heat of reaction (- t.H.): ISO kl/mol 

Fig. Sb 
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was achieved in every case. It can be seen that, under these condi
tions, there is a reasonable agreement between the profIles of the 
thermodynamic mean temperatures (however, the radial tempera
ture profIles show larger differences, especially at the beginning of 
the packed bed). The fact that preferential peripheral flow requires 
the use of a distinctly smaller wall heat transfer coefficient than plug 
flow for the same degree of heating is explained by the main body 
of preferential peripheral flow being much closer to the wall. 

Fig. 8 shows the effect on reactor calculations of using a preferen
tial peripheral flow profIle as opposed to plug flow (20). A single 
exothermic reaction in a cooled reactor tube was considered with 
the reaction and physical properties. typical of industrial partial oxi
dation reactions (Table 2). Fig. 8a shows the basic geometry and 
the two flow profiles. Fig. 8b shows the axial temperature profiles 
and the radially averaged conversion plotted against the reactor 
length for the two types of flow. In the first part of the packed bed 
the cold reactor feed is heated through the wall and hardly any reac
tion takes place. Since. as in the previous example. the wall heat 
transfer coefficients were adjusted. the heating patterns of the two 
types of flow also agree with one another. However, substantial 
differences occur in the main reactor lone. There are two reasons 
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Fig. 5. a) Schematic representation of a packed bed of sphencal catalyst 
pellets in a tube of radius RR; b) measured and approximated porosity I: of 
a bed of spherical particles according to Vortmeyer and Schuster (12); 
c) superficial velocity u profile calculated from the approximated porosity 
profile according to (12). 
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rig. 7. Calculated profiles of thermodynamic mean temperature for a heat
ing process at constant wall temperature Tw = 100 ·C for the three flow 
profiles shown in Fig. 6. To obtain the same final temperature, the wall heat 
transfer coefficient aw had to be adjusted as shown. 

for this: with preferential peripheral flow the residence time on the 
axis of the tube is significantly longer than with plug flow. The 
reaction gas can therefore react further and release more heat. 
However, due to the lower wall heat transfer, this heat is not dissi
pated to the same extent as in the case of plug flow. 

A similar difference in the calculated maximum temperature be
tween plug flow and preferential peripheral flow has already been 
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Fig. 8. a) Preferential peripheral and plug flow profiles for the following 
reactor calculation; b) axial temperature and conversion profiles of a simple 
exothermic reaction with plug flow (I) and preferential peripheral flow (m 
according to [20); TK cooling temperature. 
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found by Lerou and Froment [21). In contrast to the present calcula
tion, these workers started from an empirical relationship for the 
flow profIle (inversely proportional to the porosity profIle) and 
from locally variable radial thermal conductivity. 

Due to lack of reliable experiments, it is still an entirely open ques
tion as to which model representation is the most meaningful for 
heat transport in packed tubes with and without heat of reaction be
ing released. The understanding of this problem is of great practical 
importance for the design and prediction of reactor behaviour for 
different catalyst and tube geometries. 

In practice, the assumption of plug flow is usually maintained and 
at least one of the radial heat transport parameters is adjusted, e.g. 
the wall heat transfer coefficient cxw, together with the kinetic 
parameters. With exothermic reactions this produces values for cx. 
which can be more than double the values from the correlations of 
Hennecke [19) or Finlayson [29) (see also [4)). 

With the joint adjustment of kinetic and heat transport parameters 
it is not possible to avoid mutual compensation for the model defi
ciencies (flow profile) by alteration of the kinetic parameters with 
the result that it is not safe to extrapolate a model, adjusted in this 
way, beyond the range of experimentation. 

4. Changes of Catalyst Activity During the Operating Life of 
the Catalyst 

It is well known that the behaviour of catalysts changes during their 
operating life. Usually, the catalyst becomes deactivated but occa
sionally an increase in activity is also observed. There is a large 
number of publications [22-24) on the causes of catalyst deactiva
tion (sintering and recrystallization, poisoning and coking) and 
their modelling. However, in practice it is only rarely possible to 
determine and assign a clear cause. If, after a phase of initial activa
tion or deactivation, the catalyst has a fairly long period of relative
ly constant activity, the kinetic model is related to this "run in" 
state. In cases in which the deactivation occurs progressively it must 
be considered in the model of the reaction. Fig. 9 shows the results 
of measurements for a partial oxidation reaction in which the deacti
vation produces a gradual retrograde displacement of the tempera
ture maximum. 
In model formulation it is usual to assume a separable deactivation, 
i.e. the rate of reaction is described by the product of a conventional 
reaction term r (c ,1), which is dependent on concentration and tem
perature and an activity a which varies with time and location: 

rtotaJ = a (z,t) r(c,t). (4) 

An activity balance must then contain the law governing the change 
of activity with time and location. In the present example it was ob
vious that the gradual retreat of the main reaction zone could be ex
plained by a progressive loss of activity. The probable reasons were 
either a deterioration of the catalyst caused by the hot spot tempera
ture, or catalyst poisoning caused by some unidentified trace 
material in the feed. The poisoning hypothesis proved to be the 
most suitable for describing the deactivation during the test. For 
four different times, Fig. 9 shows the measured temperature profile 
and the calculated temperature and relative activity profiles (actual 
activity based on the initial activity aO) including the actual operat
ing conditions of the test which vaned with time, over an operating 
period of 1000 h. The calculation was performed with a one-
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Fig.9. Measured (points) and calculated (continuous line) temperature pro
files and calculated activity behavIOur at four different times for a partial 
oxidation reaction. In each case, the cooling temperature (TK), conversion 
(lI) and yield of by-products CO and CO2 (COx) from experiment (Exp.) 
and model (Mod.) are plotted. 

dimensional plug flow model which had been extended to include, 
in addition to the mass and energy balances, the following material 
balance for the catalyst poison and the activity balance: 

~ 
U a z = -akp)'p, (5) 

c~ 
at - akp )'p (6) 

(u superficial velocity, )'p poison concentration based on value in 
feed). 

The adjustment parameters for the deactivation behaviour were the 
capacity C of the catalyst for the contact poison and the rate constant 
kp for poison chemisorption according to a first order reaction. 

However. it is not often possible to describe the deactivation with 
reference to only one cause. as the following example will show. 
The purpose of the investigation was to develop a catalyst for an 
oligomerization reaction of hydrocarbons. One of the possible 
catalyst choices exhibited the deactivation behaviour shown in Fig. 
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Fig. 10. Development of temperature profile for a hydrocarbon oligo
merization reaction during the operating period I (constant operating condI
tions with the exception of throughput (BeL». 

10. In spite of constant operating conditions and of uniform cooling 
temperature and catalyst quality along the reactor, temperature 
maxima occurred successively at four definite points, so that the 
main reaction zone was displaced ever deeper into the reactor. It 
is to be assumed that this deactivation is caused by at least two 
different mechanisms. The first one is a progressive deactivation 
which starts from the be!!innin!! with an effect similar to the earlier 
discussed poisoning. The ~econd mechanism is evidently connected 
with the preceding temperature maximum. Presumably, in additon 
to the required products, long hydrocarbon chains are formed at the 
temperature maxima, which condense on the catalyst at lower tem
peratures and block the pores ("coking"). Without the first 
mechanism, this would produce an increasingly deep "hole" of 
coked catalyst after the first temperature maximum. However, the 
progressive deactivation causes the first temperature maximum to 
collapse after which the process is repeated deeper in the packed 
bed. 
This type of deactivation process has so far eluded a quantitative 
model formulation. However, even in cases where the activity re
mains virtually constant over a long period, there is the question 
of whether the usual assumption of a constant activity from begin
ning to end of the reactor is justifiable. This applies, for instance, 
to partial oxidation reactions in which the degree of oxidation with 
high oxygen content at the reactor inlet is very different from that 
at the reactor outlet where the oxygen has been largely consumed 
[25]. 

5. Scale-up oC Multilubular Reactors 

The previous considerations applied to the reaction in a single tube. 
They have shown that the frequently used locally one-dimensional 
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plug flow model can reproduce the behaviour of the reactor under 
the test conditions only after comprehensive adaptation. This raises 
the question of whether it is really useful for scale-up calculations. 
On the other hand, the scale-up of multitubular reactors is supposed 
to be straightforward especially, as in the past, it was carried out 
without computer simulation. The only requirement was that, in the 
case of a multitubular reactor, the same optimum operating condi
tions should prevail in all the tubes as in the reference tube of identi
cal dimensions, tested in the laboratory or pilot plant. However, be
hind the "only", there are sometimes concealed considerable prac
tical difficulties. In this context it is necessary to differentiate be
tween the operating conditions surrounding the tube and those 
inside the tube. 

5.1. Operating Conditions around the Tubes 

The ambient conditions for the tubes are chiefly related to the flow 
control of the heat transfer medium. McGreavy and Dunbobbin 
have discussed simple examples which show the additional effects 
occuring in presence of exothermic reactions if, during its passage 
through the tube bundle, the cooling medium is appreciably heated 
[26, 27]. For this reason, in strongly exothermic reactions (espe
cially partial oxidation reactions) great emphasis is laid upon very 
small temperature differences between the cooling medium inlet 
and outlet. .6.Tk values of only a few degrees are demanded from 
and guaranteed by the equipment manufacturers either by circulat
ing large quantities of liquid coolants or by evaporative cooling. 
However, conditions for endothermic cracking and fission are 
different from those for strongly exothermic reactions. In this case, 
flue gas (usually in a circulating gas distribution system) is normally 
employed as the heating medium. On account of the specific heat 
capacity being 1000 times lower, a considerable change in the tem
perature of the heating gas is unavoidable. Experience shows that, 
in practice, not always enough attention is being paid to the techno
logical consequences of changing the heating gas temperatures. 

As an example, let us consider a circulating flue-gas reactor of the 
design shown in Fig. II. The flow of hot circulating gas in this in
stance is cross- and countercurrent to that of the reaction gas; the 
flow path is first directed radially inwards and, after turning. radial
ly outwards. 

If it is assumed that a single tube model exists which is adapted to 
the temperature range required here, then an overall model for the 
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Fig. 12. Calculated clrculatmg gas temperature. reactor temperature and 
conversion profiles for the multi tubular reactor shown m Fig. II 

multitubular reactor can be formulated on this basis. In the follow
ing example. the circulating gas cycle is divided into 8 axial and 
6 radial cells; for each cell. the circulating gas velocity and the 
resulting heat transfer cocfficient are determIned at the start of the 
calculation. Circulating gas temperature, and temperature and con
centration profiles in the representative reactor tubes are computed 
jointly in an Iterative process. 

Fig. 12 shows the result of the simulation calculation for an actual 
applicatIOn. The Circulating gas enters the tube bundle at 750°C. 
In the first radial clements. the temperature is reduced to between 
740 and 735 °C by heat exchange with the outer tubes (the steps in 
the temperature profile are a consequence of dividing the system ax
ially into discrete sections). The fall in temperature proceeds in the 
manner shown, with the assumption of complete mixing (tempera
ture equalization) of the circulating gas at the pOInt where the gas 
reverses its direction. The average outlet temperature is roughly 
130°C below the inlet temperature. The temperature and conver
sion profiles in the representative reactor tube~. as shown In the dia
gram. result from the interaction with the CirculatIng ga~ tempera
tures. It is surpriSIng that, In spite of the very different circulatIng 
gas temperatures. the final temperatures in all the tube~ are almo~t 
the same. The reactor is therefore well de~igned ~ a heat ex
changer. However. the differing temperature profile~ in the In
dividual tubes give nse to Significant difference~ in conver~ion be
tween the inner and the outer rows of tubes. In complex reaction~ 
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the spectrum of by-products will also be very diverse due to the 
differing temperature and conversion proflles, with the result that 
the concept of the reactor must be classified as unacceptable from 
the process engineering point of view. However, by varying the 
model, indications are easily found as to how the design could be 
improved. The influence of the operating conditions around the 
tubes on the behaviour of the reactor can therefore be assessed by 
model calculations based on simple single tube models which are 
correctly adapted for the desired range of operation. 

5.2. Operating Conditions inside the Tube 

The requirement of uniform operating conditions in the tubes which 
are maintained throughout the operating period is sometimes harder 
to fulfil. The prerequisite for this is that the reaction gas should 
enter all the tubes at the same temperature and concentration, which 
demands a carefully designed gas mixing section in the feed pipe. 
It is also necessary for each tube to have the same quality of catalyst 
and the same throughput. This is the more important the greater the 
sensitivity of the reaction to the parameters in the selected operating 
range. Here, again, partial oxidation reactions set very high re
quirements. 

Equal throughput in all the tubes occurs if the flow conditions over 
the cross-sections of the hoods are equal and the pressure drops in 
the packed tubes are the same. Since the flow resistances in the 
hood are usually negligible in comparison to the pressure drop in 
the packed bed, the latter is of greater importance. With appropriate 
care and reproducibility during the flIling of the tubes, the differ
ences in pressure drop can be kept low. In spite of this, it does hap
pen that an originally carefully flIled reactor develops serious 
differences in pressure drop at the end of the operating period. 
Fig. 13 shows an example of this. 
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Fig. 13. Measured pressure drop profile over the cross-section of a mul· 
titubular reactor at the stan (I = 0) and the end of the run (EOR). 
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How the resulting progressive differences in throughput can affect 
the behaviour of the reactor is shown in Fig. 14 in model calcula
tions for ethylene oxide synthesis by Westerterp and Ptasinsky [28]. 
According to this diagram halving of the throughput under other
wise unaltered conditions leads to a runaway reaction. This is be
cause the heat transfer coefficient at the tube wall decreases with 
falling throughput. It is known that, in ethylene oxide reactors, the 
reaction in individual tubes or in sections of the tube bundle can ap
parently change spontaneously to total combustion. 

With partial oxidation reactions in multitubular fixed-bed reactors, 
it is occasionally observed that the total combustion increases with 
increasing operating period. This forces a reduction in conversion 
or reactor loading and is frequently blamed entirely on catalyst 
deactivation. In the light of the processes discussed here, it could, 
however, also be a question of increasingly uneven distribution of 
the flow through the reactor. 

6. Summary 

The behaviour of multitubular fixed bed reactors is determined by 

the complex interaction of mass transport and reaction in the 
catalyst pellet, 
the interaction between flow, and generation and removal of 
heat in the catalyst-flIled tube, 
the activation and deactivation behaviour in individual tubes, 

and the uniformity of the operating conditions inside and around 
the tubes. 

In recent years considerable progress has been achieved in the for
mulation of models for these processes, with the result that it is now 
becoming increasingly possible to tackle practical problems in in
dustrial reactors with the aid of computer simulation. Some exam
ples of this have been discussed in the present contribution. 
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At the same time, it had to be clearly pointed out that there are still 
a number of difficulties in modelling the processes referred to, 
which make the uncritical extrapolation of the model calculations 
rather risky. The authors hope that both, the possibilities and the 
problems indicated, will contribute to a realistic assessment of mod
elling as a tool in chemical reaction engineering. 
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